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1 

OBJECTIVES

The complex evolution of the oil market and its industry together with energy 

and environmental international context, have placed the refineries at a crossroad. 

This situation is mainly due to: (i) the progressive lower availability of oil and the 

lower quality of this, (ii) the quality requirements of fuels (due to the increasing 

severity of environmental legislation), and, (iii) the progressively increasing use of 

alternative energies, from fossil (natural gas, coal) or  renewable sources, or even 

nuclear energy (in some geographical). Besides, the increase in the cost of CO2 

emission rights is another factor that plays against the current refinery model. On 

the other hand, the demand for fuels and raw materials for petrochemical synthesis 

is growing. In this scenario, the waste refinery aims to mitigate or solve several of 

the aforementioned issues by producing fuels and chemicals while recovering 

waste from the consumer society, specially plastics, tires and biomass. In this way, 

the environmental issues of this waste mismanagement can be also avoided. 

The refineries are slowly adapting to the present situation due to the high 

volume of this industrial sector, the costs associated with initiatives for new fixed 

assets and market uncertainties. However, if in their depreciate units is co-feed new 

feedstocks, such as heavy crude oils derived from tar sands, biomass and a fraction 

of waste from consumer society they can accelerate their adaptation and even take 

advantages. Among the already installed and amortized units of the current 

refineries, the catalytic cracking (FCC) and hydroprocessing units are the most 

suitable ones to process this new fedstocks due to their versatility and high 

capacity. That is why they are the subject of important updating and technological 

innovation efforts, defining new refinery concepts such as the Biorefinery and the 

Waste Refinery. The incorporation of waste feeds into the refinery's conversion 

units it does not require from changes in these units while the waste streams are co-

fed in a moderate proportion together with the current feedstocks of the units. 

Furthermore, including the refining industry in recycling policies is really 

interesting from an economical point of view. Both tires and plastics are produced 

from raw materials derived from oil, and therefore it is logical that their recovery is 

carried out within the framework of a refinery (Waste Refinery), which is the 

philosophy of the Research Group and of this Doctoral Thesis. In this sense, valuing 

the synergy between waste recovery technologies (such as pyrolysis) and refinery 

units is a rational strategy. Two approaches can be combined: i) the fast pyrolysis of 

waste in a delocalized way, through versatile, simple and environmentally friendly 

units, which can be installed at waste collection and sorting points to produce 

plastic pyrolysis oil (PO) and then sent to refinery and ii) classification of waste 

according to the type of plastic (PE, PP, PS, …) and shipment to refineries. In this 

way, refineries can deal with homogeneous feeds at large-scale which can be 
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standardized and, on the other hand, the products would be incorporated together 

with the intermediate streams and sent to separation units to obtain commercial 

products.  

In order to contribute to the knowledge and development of the Waste 

Refinery, the overall aim of this Thesis has been to explore the capacity of the 

hydrocracking units for direct recovery of polyolefinic plastics (HDPE and PP) as 

well as their pyrolysis liquid oil (PO), blended with the common feedstock of this 

unit (vacuum gas oil, VGO). Furthermore, the experiments are focused in obtaining 

information about all the elements of a catalytic process: catalyst deactivation, 

operating conditions, product quality and kinetic modeling.  

Some specific aims have been established to fulfill the main objective, which 

allow successive milestones to be reached in the progress towards what could be a 

trial in a pilot plant unit or even on an industrial scale: 

i) Create a standard criteria based on (i) some reaction index such as 

conversions, yields and selectivity to fuels and (ii) the quality of those fuels 

that allows evaluating the extent of the hydrocracking reaction. 

 

ii) A discrimination of proposed bifunctional hydroprocessing catalysts with 

bimetallic function (NiMo, CoMo, NiW and PtPd will be tested) and with 

different meso and microporous supports (alumina, silica-alumina, HY 

zeolite and MCM-41), which allow obtaining high fuel yields (gasoline and 

diesel fractions), with low content of S and aromatics (avoiding 

polyaromatics) from VGO. 

 

iii) A second screening of the most promising catalysts (NiW/HY and 

PtPd/HY) in the hydrotreating of a mixtures of plastic (HDPE, PP) and 

VGO. The reaction conditions to carry out both catalytic discriminations 

have been chosen based on previous works in the research group [1–3] and 

on the literature review. 

 

iv) Study the feasibility of incorporating alternative feedstocks in the Waste 

Refinery (PO/VGO, HDPE/VGO, PP/VGO and PO/HDPE/VGO) using 

the most promising catalysts found in the screening section. Evaluate the 

impact on the results of the co-feeding regarding the neat VGO 

hydrocracking. 
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v) Enhance the catalyst performance increasing its selectivity to fuel through 

desilication. This technique has two positive effects on the support: (i) it 

increases the mesoporosity, reducing the mass transfer limitation of zeolites 

and (ii) it moderates the acidity of the catalyst to reduce the overcracking. 

 

vi) Carrt out a parametric study using HDPE/VGO as feedstock and the 

selected catalyst in the screening section for determining the effect of time, 

temperature, catalyst to feed ratio and pressure. 

 

vii) Propose a kinetic scheme for the HDPE/VGO hydrocracking and progress 

in the methodology of lumps kinetic modeling of hydroprocessing reactions. 

Obtain the kinetic equations that quantify the extent of the reactions 

involved to calculate the concentrations of the lumps in a wide range of 

operating conditions. 

 

This information is necessary in order to have an accurate and realistic vision 

of the possibilities of these alternative feedstocks valorization through 

hydrocracking, to obtain fuels (with reduced carbon-footprint) and raw materials. 

This information allows to achieve a wide perspective and knowledge to be applied 

in forthcoming research and in the scaleing-up of the process. 
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1 INTRODUCTION

1.1 WASTE ISSUE  

1.1.1 Generation 

Given the non-biodegradability of plastics and tires and their contribution to 

the total amount of wastes disposed in landfills, their increasing generation is 

becoming a serious problem. The production of plastics has increased steadily since 

their first appearance in the market in the 1930s, reaching 359 million tons 

produced worldwide in 2018 (348 million tons in 2017). Asia is the region that 

produces the largest amount of plastics, 51% of the total amount (30% China, 4% 

Japan), whereas North America and the EU produce 18% and 17%, respectively [4]. 

This historical development is explained by their low manufacturing costs and their 

excellent properties for multiple applications in different areas. Postconsumer 

waste plastics come from five big sectors: agriculture, automotive, building and 

construction, distribution and packaging [5,6]. A more detailed study shows that 

agriculture, automotive, building and construction, and distribution sectors account 

for the generation of 40% of the waste plastic, whereas the remaining 60% derives 

from the packaging sector [6]. The latter is one of the main plastic fractions found 

within municipal solid waste (MSW). The average MSW composition in EU is 

detailed in Figure 1.1, where it can be seen that plastics only account for 7 wt% of 

the trash. Among these plastics, polyolefins (PP, HDPE, LDPE, and LLDPE) are the 

main plastic types (>60 wt%) and PVC, PS, and PET also appear in considerable 

concentrations [7].  

 

Figure 1.1 Municipal solid waste (MSW) composition and plastics found in it. 

However, because of their low density, the volume contribution of the plastics 

to the MSW increases to 20 vol%. Accordingly, on the basis of 1.35 kg of municipal 

waste generated per person and day, around 19 million tons of the 270 million tons 
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of MSW collected in the EU in 2019 are plastics [4]. Moreover, a fact to be 

highlighted is the huge increase in the use of health care materials, personal 

protective equipment, and single-use plastics in 2020 due to the COVID-19 

pandemic, which undoubtedly will contribute to increasing the generation of waste 

plastics [8]. 

 

1.1.2 Management 

Although only 8% of the oil consumed worldwide can be attributed to the 

plastics production industry [9], the high oil consumed volume make relevant this 

percentage. The interest in their recycling is based on the need to reduce their 

disposal in landfills and to use as a source of fuels and raw materials for 

petrochemical industry. In addition, if waste plastics are recycled properly, the 

damage to the environment given their properties (low biodegradability and long 

lifespan) will be avoided [10]. 

Gayer et al. [11] estimated that the worldwide waste plastics production up to 

2015 accounted for 6300 million tons, of which 9% have been recycled, 12% 

incinerated, and the remaining 79% accumulated in landfills or in natural 

environments. These authors also estimated that, without significant recycling 

efforts, 12 000 million tons of waste plastics might be disposed by the year 2050. 

Furthermore, the waste plastics disposed in landfills undergo gradual 

fragmentation into microplastics (MPs, particles of <5 mm diameter) through 

mechanical and microbial decomposition, weathering, photolysis, and abrasion. 

This phenomenon, together with the release of manufactured MPs contained in 

various consumer goods (micro beads, capsules, fibers, or pellets in cosmetics, 

personal care products, cleaning agents, paints, and coatings) are the main 

contributors to the 243 000 tons of MPs afloat in the oceans [12]. The high surface 

area and hydrophobicity of these materials ease their ingestion by living organisms 

and promote the risk of adsorption and desorption of toxic chemicals and 

pathogens in water. Accordingly, it is well established that the presence of MPs in 

aquatic organisms has negative health effects, such as growth and development 

inhibition, neurotoxic responses, metabolic disorders, and genotoxicity [13,14]. 

Likewise, the presence of MPs in the soil also affects its properties, plant 

performance, and microbial activities [15]. Moreover, the inhalation of smaller MPs 

(nanoplastics, NPs) and the ingestion of MP/NP-containing foodstuffs by human 

beings (ultimate consumers in the food chain) may involve potential risks, whose 

dependency on the composition and concentration of MPs/NPs is still under study 

[16].  
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Apart from being deposited in landfills, waste plastics can undergo through 

primary and secondary recycling process, which can avoid the aforementioned 

problems derived from their disposal. These are physical processes which consist of 

separation, cleaning, extrusion and pelletizing, molding, etc. Nevertheless, during 

the life cycle, the plastic products are harmed by UV light, reagents, mechanical 

damage, etc., which harm the polymers. Besides, every time waste plastics are 

extruded and processed to produce recycled pellets and plastic end products affect 

the mechanical properties of plastic after 10 - 30 cycles [17]. For these reasons, these 

recycling techniques have a limited scope.  

Waste plastics can be also incinerated in order to produce energy (energy 

recovery) or recycled to recover the monomers that they contain, which is known as 

tertiary recycling. These disposal methods were of low significance before 1980. 

From 1980 and 1990 onward, incineration and tertiary recycling rates have 

increased an average of 0.7% per year, reaching average values of 28.3% and 19.3%, 

respectively, in 2019 [11,18]. However, these rates greatly change depending on the 

country or region [19]. Incineration of waste plastics is the main disposal method in 

some countries. Thus, Japan, Sweden, and Denmark incinerate 56, 81.7, and 

57.1 wt% of the plastics, respectively, with the aim of recovering energy. This 

activity is carried out by taking severe measures to control emissions. 

As plastics are final petroleum products [9], it seems logical to associate their 

recycling with the petrochemical industry and the production of chemicals and 

fuels. Although waste plastics could be reintroduced in different manufacturing 

stages, by means of primary, secondary (mechanical), or tertiary (chemical) 

recycling, thermochemical routes of tertiary recycling have the highest prospects to 

be implemented on a large scale. These routes allow the production of fuels and the 

recovery of the monomers, which may be converted into the original material from 

which they came. Furthermore, thermochemical routes solve the maximum cycle 

number issue mentioned above. Different reviews of these thermochemical routes 

have already been reported focusing on the initiatives associated with pyrolysis 

[20], gasification [5] and hydrocracking [21] of waste plastics. 

 

  



Introduction 

10  

1.2 THE PETROLEUM INDUSTRY 

Petroleum is a heterogeneous mixture of organic compounds that contains 

mainly hydrocarbons. Its composition can change greatly depending on where the 

deposits are located geographically, so it does its heteroatom content. These 

heteroatoms are S, N, O and metals (V, Ni, etc.), so the crude can be classified 

according to its sulfur content from sweet (lower sulfur content) to bitter (higher 

sulfur content). Petroleum can also be classified according to its density (light, 

API > 31; Medium, 22 < API < 31; heavy, 10 < API < 22; and extra-heavy, API < 10) 

[22]. 

Based on these two classifications, the most traded and demanded oils are 

those with low sulfur content and high API density (the sweetest and lightest ones). 

These oils have low extraction costs and few technical complications since they do 

not require large investments in infrastructure to improve the quality of the 

products to fulfill the strict policy standards. However, the scarce of these oils is 

increasing, having to switch to use heavier oils with a greater amount of 

heteroatoms [23]. These oils require greater efforts both for their extraction and 

further development of refining technologies, requiring higher costs in processing 

and treatment units in refineries [24,25]. In general, the heavier the crude, the 

greater content of heteroatoms. The Maya crude oil, for example, has an API 

density of 20.9 and a sulfur content of 3.4 wt% [26] or the bituminous sands have a 

density of less than 10 API and the S content can reach 5 wt% [27]. 

 
1.2.1 Oil market in numbers 

According to the International Energy Agency (IEA), the oil demand  has 

grown since 1983 with annual increase of almost 1.7%, establishing the demand in 

2019 at 4474 million tons as shown in Figure 1.2 [28].  

 
Figure 1.2 World oil demand and supply (lines) and the difference between supply 

and demand (columns), according to the data provided by IEA [28]. 
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There are great inequalities in consumption by country and by continents. In 

Figure 1.3 [29] is shown the oil consumption in terawatt-hours (TW-h) equivalent 

per year, in 2019, according to the data provided by BP report [30] and collected by 

the University of Oxford. 

United States (US) is the country with the largest oil consumption, with a 

consumption of 10314 TWh, which means 19.3% of total world consumption. In this 

geographical area, far from US, there are Canada and Mexico with 1328 and 899 

TWh, respectively (2.5 and 1.6%, respectively). 

 

 

Figure 1.3 Oil consumption in TWh in 2019. Our world in data [29]. 

The second main oil consumer in the world is China (7760 TWh, 

corresponding to 14.5% of world oil consumption) which is located in the Asia-

Pacific region. This area is the one with the highest oil consumption (19631 TWh), 

exceeding 36% of world demand. In this area are located the countries with the 

highest growth in their economies in recent decades, which together with its huge 

population leads to a large oil consumption: India has a oil consumption of 2774 

TWh (5.2 % of oil world consumption), followed by Japan and South Korea with 

consumptions of 2034 and 1435 TWh, respectively (3.8 and 2.7% of oil world 

consumption), respectively. With these values, India is placed as the 3rd and Japan 

as the 4th oil consumer. 

The oil consumption of the European Union is 6437 TWh, which is the 12% of 

world oil consumption. The countries with the highest consumption inside this 

region are Germany, France, the United Kingdom, Spain and Italy (1296, 873, 856, 

749 and 709 TWh, respectively), representing the 2.4, 1.6, 1.4 and 1.3% of world oil 

consumption, respectively. 
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In the area occupied by the Commonwealth International States (CIS), Russia 

is by far the largest consumer with 1866 TWh, which implies the 3.5% of world oil 

consumption. This country is followed far behind by Kazakhstan with a 

consumption of 212 TWh. 

In the Middle East, the area with the largest oil reserves, 4732 TWh of oil were 

consumed in 2019, 8.9% of the world oil consumption. In this area, the country that 

reported the highest consumption was Saudi Arabia with 1852 TWh, followed by 

Iran and Turkey with 918 and 557 TWh, respectively. In recent years, the major 

exporting countries (placed in this area) have increased the efficiency in the use of 

oil in order to reduce their consumption and therefore increase their export 

capacity.  

In Central and South America, Brazil is the largest consumer followed by 

Argentina, with 1336 and 319 TWh, respectively. It should be noted that in these 

two areas there is no information regarding to oil consumption from many 

countries such as Nicaragua, Panama or Bolivia, among others. 

Africa is the continent with the lowest oil consumption. However, regarding 

to the date, it is also the region with the largest number of countries whose 

consumption is unknown. Of those countries that report the data, South Africa is 

the one with the highest consumption followed by Algeria with 326 and 237 TWh, 

respectively. 

Unfortunately, as it is well known, 2020 has not been an easy year due to the 

global pandemic caused by SAR-COV-2. As a result of the different measures 

established by the countries to curb the effects of the virus, oil consumption fell 

worldwide to 48259 TWh, which represents a decrease of more than 10% regarding 

2019. On the other hand, it should be noted that as Figure 1.4 displays, although 

China was the epicenter of the COVID-19 pandemic, it was the only country whose 

consumption, at the end of 2020, not only decreased but also increased compared to 

2019 consumption rate. By the end of 2020, China reported a consumption of 7916 

TWh, which represents a growth of 2% compared to the previous year.  
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Figure 1.4 The oil consumption of different counties from 1965 up to 2020. Based on 
the data from statistical review of world energy [31]. 

However, due to the rapid recovery of the economy, by the end of 2022 the oil 

demand will exceed pre-pandemic levels [32], reaching approximately 100 million 

barrels/day (more than 53310 TWh), as it can be seen in Figure 1.5. In this Figure oil 

consumption forecast before and after the pandemic are compared revealing that, 

despite the dramatic decrease of 2019, the demand will resume the upward path. 

 

Figure 1.5 Change in the oil consumption forecast before and after the pandemic up 
to 2026. 

On the other side, the prospection of new oil reserves is also important to 

support the upwards demand. Figure 1.6 shows the new reserves of conventional 

oil found in the last century (from 1930 to 2012) [33].  
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Figure 1.6 Conventional oil reservoirs discovered worldwide in the last century. 
Adapted from Day et al. (2009) [33]. 

Anyway, public data about oil reserves is strikingly inconsistent and 

potentially unreliable for legal, commercial, historical and sometimes political 

reasons. Moreover, there is no standard terminology to define reservoir and we 

speak of reservoir ‘proved’, ‘probable’, ‘possible’, ‘recoverable’, ‘reasonable 

certainty’, which adds more uncertainty to the topic.  

As can be seen in Figure 1.6, after the maximums reached in the 60s, the 

trend, although with certain variations, is decreasing since then. It is estimated that 

in the reservoirs there are currently around 1.6x1012 barrels of oil in the world, 

enough to satisfy the demand for 50 years. Figure 1.7 (data extracted from BP 

Statistical Review of World Energy [30]) shows the evolution of proven oil reserves, 

also including the oil sands of Canada and the Orinoco Belt field of Venezuela that 

are barely being exploited. To satisfy the increasing demand it will be necessary to 

use the unconventional oil reserves (heavy oils, oil sands and bituminous sands). 

As a drawback, these heavy oils produce low distillate yields in atmospheric 

column, requiring downstream deep conversion refining systems, such as 

hydrotreating (HT) and hydrocracking (HC). These technologies could work 

simultaneously, increasing the naphtha and light cycle oil (LCO) fractions as well as 

removing the heteroatoms content and promoting the aromatic ring opening. 
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Figure 1.7 Oil proven reserves around the world [30]. 

 

1.2.2 Regulations for fuel commercialization 

At the same time that refineries are forced to use heavier oils with more 

heteroatom content, the concern about the environment and the air quality is 

increasingly growing, so the policies regarding the quality of automotive fuels and 

ship fuel oil, is increasingly restrictive, reducing sulfur and aromatic content and  

increasing RON and cetane index, among others.  

The maximum sulfur limit in on-road diesel for each country is shown in 

Figure 1.8 [34]. In the last years, despite COVID-19 pandemic, there are many 

countries from the Asia-Pacific region (India, Russia, China, etc.) that diminished 

the sulfur levels of diesel up to 10 - 15 ppm equating their levels to more developed 

countries like US, Canada or the EU.  

 

Figure 1.8 Maximum sulfur limit in on-road diesel in 2021. From Stratas Advisor 
(2021) [34]. 
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The legislation also limits the emission of other compounds such as CO, NOx, 

HC (hydrocarbons) and PM (solid particles) after the combustion of fuel in the 

engine, which implies that engine manufacturers also have to make an effort to 

improve their engines to ensure a good combustion. In addition, to fulfill the 

established emission limits, manufacturers recognize the importance of fuel quality 

and its relationship with emissions, hence recommend using high-quality fuels. 

Europe is one of the regions where regulations for engines are most advanced. Euro 

6 (for engines) is in force since 2014, which establishes the NOX emission levels for 

diesel at 0.08 g Km-1 [35]. Tier 3 and LEV III normative limit the emissions of 

combustion engines of passenger cars and light duty vehicles in US, new post long-

term regulation in Japan, while 6a limits in China or L7 in Brazil. These legislations 

have different levels for the above mentioned emissions. 

In Europe, the directive 2009/30/EC emended the Directive 98/70/EC 

regarding the specifications of naphtha, diesel and gas oil. This directive set a 

European standard for fuels sold in the euro-zone to protect human health and 

environment. Some of these requirements are summarized in Table 1.1 for petrol 

(naphtha) and in Table 1.2 for diesel. 

Table 1.1 Naphtha requirements established by Directive 2009/30/EC. 

Parameter Limits  

 
Minimum Maximum 

Research octane number (RON) 95  — 

Motor octane number (MON) 85 — 

Vapor pressure, summer period (kPa) — 60.0  

Distillation: 
  

% evaporated at 100 °C (% v/v) 46 — 

% evaporated at 150 °C (% v/v) 75 — 

Hydrocarbon analysis: 
  

olefins (% v/v) — 18 

aromatics (% v/v) — 35 

benzene (% v/v) — 1 

Oxygen content (% m/m) 
 

3.7 

Methanol (% v/v) 
 

3 

Sulfur content (mg/kg) — 10 

Lead content (g/l) — 0.005 
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 Table 1.2 Diesel requirements establish by Directive 2009/30/EC. 

Parameter  Limits  

  Minimum Maximum 

Cetane number 51 — 

Density at 15 °C (kg/m3) — 845 

Distillation: 
  

95 % v/v recovered (°C) — 360 

PAHs (% m/m) — 8 

Sulfur content (mg/kg) — 10 

FAME content — EN 14078 (% v/v) — 7.0 
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1.3 WASTE REFINERY  

The decrease in the quality of oil and the difficulty of finding new reserves 

together with the need to increase the capacity of the installed units and to improve 

the quality of the fuels has placed the refineries in a crossroad. But perhaps the 

most important challenge is the need to sustain itself economically in the complex 

energy market, given the race that is being imposed to achieve energy 

decarbonization in an accelerated way, in order to revert the “climate change”. 

To Face with this situation, the activity of the refineries is expanding 

towards new initiatives, in particular towards the integration of new feeds in 

refinery units, mainly streams derived from vegetable biomass (including vegetable 

oils, algae biomass and lignocellulosic biomass), wastes from consumer society 

(end-of-life tires, waste plastics, sewage sludge, etc.), and streams derived from 

other fossil sources (such as CH4 from natural gas in reforming units to obtain the 

called “blue hydrogen”), as well as secondary refinery streams now undergoing to 

new conversion processes.  

In this context, has emerged the Sustainable Refinery, a research platform for 

fuel production processes from these unconventional feeds, but using  conventional 

technologies or technologies similar to those of the oil industry. This platform is 

formed by Biorefinery and Waste Refinery. Thus, the recovery of plant biomass is 

studied in the well-known Biorefinery platform while, the valorization of waste 

from consumer society and intermediate refinery streams is carried out in the 

Waste Refinery. This new concept can be defined as “a plant that integrates 

conversion processes with units for the production of fuels, energy, and chemicals, 

either from wastes and their derivatives or from intermediate refinery streams” [6]. 

The Waste Refinery tries to integrate refinery processes together with 

environmental remediation [36,37]. The specific configuration of the Waste Refinery 

will be shaped by the nature of the several features: input feedstock; process 

technologies; platforms (intermediate substances like platform chemicals); and the 

output products that are required. Currently, the main objective of the Waste 

Refinery is obtaining fuels from waste which comes from fossil feedstocks. 

 

1.3.1 Biofuels 

To reduce the carbon footprint and the emission of greenhouse gases due to 

fossil fuels produced in refineries, alternatives of renewable energy sources are 

being sought to obtain clean fuels. 

In 2018, the International Energy Agency reported that total CO2 emissions 

due to fuels was 33,513 million tons, of which 13,978 tons were due to the 
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production of electricity and heat and 8,258 tons to transportation [38,39]. Hari et al. 

[40] reported that CO2 emissions due to transport would increase by up to 80% by 

2030. That is why they are working to find new alternative energy sources with 

acceptable effects on the environment. Among them, biofuels are considered as an 

efficient alternative due to their low greenhouse gas emissions, their 

biodegradability and their non-toxicity [41]. 

Biofuels can be obtained mainly from lignocellulosic biomass, plants with a 

high content of sugars, vegetable oils and organic waste of different types from 

municipal waste to sewage sludge. Of these four types of raw material, the most 

versatile are lignocellulosic biomass and vegetable oils. 

The first generation of biofuels was obtained by fermentation or 

transesterification to obtain bio-ethanol and biodiesel as final products [42]. These 

biofuels have a number of drawbacks. Thus, FAME (Free Fatty Acids Methyl 

Esters) biodiesel, obtained by transesterification of vegetable oils (sunflower, 

monkfish, soy, jatropha, etc.) has raised economic, environmental and social 

implications due to the fact that it is about edible vegetable oils, presence of difficult 

to sell by-products (glycerol), and fuel quality characteristics [43–45]. Similar 

limitations are also reported for the first-generation ethanol. This gave rise to 

second and third generation biofuels, obtained from other different processes 

where the raw material was lignocellulosic biomass, non-edible vegetable oils and 

residues from different sources (2nd generation biofuels) [46,47] or algal biomass (3rd 

generation biofuels) [48]. 

 

1.3.1.1 Lignocellulosic biomass 

Lignocellulosic biomass is made up of wood, wood by-products (such as 

sawdust) and agroforestry residues. It is of special interest, since it is outside the 

agri-food chain and its availability is universal. Its recovery has several 

disadvantages [49]: relocation of collection points, cost of collection and transport, 

heterogeneity of its composition, storage costs and, pre-treatment costs before its 

recovery. 

It presents several possible large-scale recovery routes: fermentation, 

gasification, pyrolysis, hydrothermal-liquefaction (HTL) and thermal or catalytic 

depolymerization. Each route tends to obtain a certain product: thus, fermentation 

produces bio-alcohols (mainly bio-ethanol), gasification produces bio-gas or 

synthesis gas, and pyrolysis, hydrothermal-liquefaction and thermal or catalytic 

depolymerization produce different types of bio-oil. From these products, fuels, 

raw materials for synthesis and derivatives can be obtained, all of them usually 



Introduction 

20  

obtained from petroleum. Figure 1.9 shows a simplified scheme of the possible use 

of lignocellulosic biomass, based on the reference by Littlejohns et al. [50]. 

 

Figure 1.9 Pathways for production of bio-fuels from lignocellulosic materials 
adapted from Littlejohns et al. [50]. 

Bio-oil is produced mainly from fast pyrolysis. It is a process with reduced 

environmental impact that can be carried out in a delocalized way with small 

equipments at the collection points, thus reducing transportation costs. Depending 

on feedstock type, biomass may require drying prior to pyrolysis, as water 

increases the heat requirements. Fast pyrolysis is oriented to maximize bio-oil yield, 

which requires to adjust time and temperature [51–54], being able to reach up to 

75% bio-oil [55]. Bio-oil contains a complex mixture of organic compounds 

including alcohols, aldehydes, ketones, phenols, furans, ethers, etc. Currently, it is 

used mainly as a fuel for heating systems, as well as a feedstock for both fragrances 

and food flavors [50]. Its direct combustion presents drawbacks due to the high 

water content (and therefore low calorific value), low cetane number, high viscosity 

and high acidity. 

The valorization of bio-oil with catalytic processes can be carried out 

following different alternatives, such as those shown in Figure 1.10, [56].The 

recovery of bio-oil can be aimed at obtaining green hydrogen by reforming or 

obtaining liquid biofuels for transportation. 

The reforming can be done with steam or CO2. Each process has its 

advantages and disadvantages. Recovery by steam reforming has the advantage of 

not requiring dehydration of the bio-oil. 

In the case of liquid biofuels, the objective is to reduce the hydrogen to carbon 

ratio (H/C) while reducing the carbon to oxygen ratio (C/O) to improve the energy 
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density of bio-fuels. Such techniques include transesterification, emulsification, 

thermal cracking, hydrocracking, and catalytic cracking [51,55,57]. 

 

Figure 1.10 Pathways for bio-fuels production from bio-oil. Adapted from Isa and 
Ganda [56]. 

The transesterification process has been very successful commercially. In it, 

biomass derived oils are used in combination with an alcohol in the presence of 

homogeneous basic catalyst (NaOH, KOH). The process has limitations related to 

the quality of the raw material, the saponification that decreases the yield and 

generates low-quality bio-diesel, the increase in NOx emissions produced by the 

bio-diesel, the use of non-renewable methanol from petroleum, and finally the 

problems associated with the separation of the catalyst and its environmental 

management [57,58]. 

Catalytic cracking and hydrocracking have the advantages of lower 

separation and purification costs when using heterogeneous catalysts. Catalytic 

cracking offers advantages over hydrocracking since it does not need to consume 

hydrogen and it is a process at atmospheric pressure. Oxygenated organic 

compounds undergo dehydration, decarboxylation, cracking, aromatization, 

alkylation, condensation, and polymerization reactions. These processes are 

compatible with the already existing infrastructure in the petroleum processing 

industry [59–66]. 

Bio-emulsion is one of the techniques used when mixing a fuel with another 

with a hygroscopic nature. It is an alternative to reduce pollutants in the diesel 

engine as well as to reduce fuel consumption. The emulsion reduces the viscosity of 

the bio-oil to use it as fuel, improving the fuel and flow properties [56]. 
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Hydrotreating produces long-chain paraffins, which are the desired 

compounds in diesel. It is a process at high temperatures and pressures in the 

presence of hydrogen. In contrast, cracking gives shorter chain hydrocarbons that 

are more closely matched to the composition of gasoline. The choice of the route 

will depend on the desired product. It must be taken into account that these 

conversion processes can give rise to a multitude of products that can be obtained 

at different stages of the process. 

The recovery of bio-oil to liquid biofuels through catalytic processes presents 

many options in terms of catalysts depending on the route. Aluminosilicates have 

been used [67,68], metallic oxides [69,70], metals [71] although the most used 

catalysts have been zeolites and especially HZSM-5 due to its selectivity and its 

easy modificability. 

Finally, it should be noted that almost all these bio-oil recovery processes can 

be carried out by designing new processes and specific reactors for each objective or 

by taking advantage of existing refinery facilities and co-processing the bio-oil with 

refinery streams to obtain hybrid fuels. In this sense, Van Dyk et al. [60] studied the 

use of these facilities following a hypothetical refinery like the one shown in Figure 

1.11. 

 

Figure 1.11 Simplified scheme of an oil refinery with potential insertion points of 
bio-oils. Adapted from Van Dyk et al. [60]. 

Figure 1.11 shows the potential points where the bio-oil can be inserted. For a 

well integration of refineries with bio-base intermediates, two characteristics are 

needed: i) that they have processes that can crack large molecules into smaller ones 
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(cracking, with or without hydrogen), and ii) have processes that can eliminate 

oxygen, especially by hydrotreating [72]. 

The FCC unit is characterized by its versatility and ability to co-feed heavy 

streams from other refinery units. These characteristics make it suitable for co-

feeding raw bio-oil (with water) together with standard feeds (vacuum diesel, coker 

diesel, etc.) [73,74]). The studies carried out [62,75,76] have shown the existence of 

favorable synergies for the joint cracking of the oxygenates of bio-oil with 

hydrocarbons. In addition, the presence of the water in the bio-oil limits the 

condensation of the aromatics of the coke towards polyaromatic structures, 

attenuating the deactivation of the catalyst [77]. 

Hydrotreating is often used to remove heteroatoms from petroleum product 

streams. Hydrotreating reactions take place in the following order: metal removal, 

olefin saturation, sulfur removal, nitrogen removal, oxygen removal, and finally 

halide removal [78]. Hydrotreating is exothermic, the generation of heat being 

proportional to the consumption of hydrogen. The removal of oxygen generates a 

lot of heat and the temperature must be controlled to avoid unwanted reactions. 

Therefore, the cooling systems will have to be modified [79,80] since while the 

concentrations of sulfur and nitrogen in the refinery streams are small (few ppm), 

the oxygen concentration is very high in bio-oil. Therefore, although the sulfur, 

nitrogen and oxygen removal processes are similar, the operating conditions will 

have to be modified, requiring more hydrogen (more oxygen concentration) and 

the catalysts may have to be modified since they may not be effective to remove 

oxygen and they can also be deactivated due to the presence of CO and CO2 that 

will be formed by decarboxylation and decarbonylation reactions. 

Hydrocracking is similar to hydrotreating and also cracks large molecules. 

Although it is an expensive process (it requires pressures of more than 100 atm and 

consumes a lot of hydrogen), the products require fewer treatments before 

becoming final products. The reactor is not suitable for feeds containing oxygen or 

other impurities and it is a very sensitive process to any contamination, especially 

with noble metal catalysts such as Pt and Pd. Van Dyk et al. [60] recommend this 

unit as a second stage in the recovery of bio-oil. 

 

1.3.1.2 Vegetable oils 

The characteristics of these oils are very suitable to produce biofuels. Thus, 

water content of most vegetable oils is low, between 0.03 wt% and 0.47 wt%, much 

lower than that of bio-oil (15 – 30 wt%) [81]. Acid number of vegetable oils (0.20–

27.2 mgKOH g-1) is also lower than that of bio-oils since some of the triglycerides 
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present in the vegetable oils are decomposed to free fatty acids. Viscosity of 

vegetable oil is high due to its long carbon chain and large molecules with oxygen 

atoms, similar to the bio-oils viscosity [81]. The density of vegetable oils ranged 

between 0.84 and 0.97 g/mL [81]. The higher heating value of vegetable oils is high, 

ranging from 37.1 to 40.6 MJ/kg (16 - 19 MJ/kg for bio-oils) [81]. The H/C molar 

ratio of vegetable oils ranges from 1.64 to 2.37, higher than the H/C ratio of bio-oils 

(0.92 - 1.53 for bio-oils) and their oxygen content ranges from 10.5% to 14.5%, much 

lower than that of bio-oils (28 - 40%) [81]. Furthermore, vegetable oils have proven 

to be valuable resource in the production of biofuels with both edible and non-

edible oils having successful trials and implementation in the sector. 

The processes of harnessing to obtain biofuels are the same as those shown in 

Figure 1.10. The vegetable oils most used to obtain first-generation biofuels by 

transesterification were palm oil, rape-seed oil, soybean oil and sunflower oil. 

Those vegetable oils have also been used as feedstocks in the other processes shown 

in Figure 1.10, especially in catalytic cracking and hydrotreating processes. The 

aforementioned problems associated with first generation biofuels have shifted the 

interest to 2nd and 3rd generation biofuels. These second and third generation fuels 

are based on non-edible vegetable oils such as jatropha, canola oil and algae oil. The 

major benefit of algal biomass is its ability to be cultivated in either saltwater or on 

land, without posing a challenge to global food and freshwater supply [82]. Biofuels 

can be derived from algal biomass by biochemical or thermochemical pathways, 

obtaining biodiesel (transesterification), biogas (anaerobic digestion), bio-alcohols 

(fermentation), syngas (gasification), bio-oil (pyrolysis). Syngas and bio-oil can 

undergo the same treatments shown in Figure 1.10 in order to obtain biofuels, such 

as green hydrogen, gasoline, diesel or kerosene. 

Jatropha oil has a high content of free fatty acids (FFA), making it unsuitable 

for transesterification [83]. However, it has a significant potential for thermal and 

catalytic cracking as conversion routes, which can operate on various feedstock. 

Canola oil has a profile of fatty acids similar than algae oil [84]. 

Commercialization is still far away because technical hurdles but data shows that 

algae will be able to produce more than 10 times the best terrestrial plant capacity 

per hectare which is palm oil, with a production capacity of 4000–5000 kg/ha [56]. 

Apart from transesterification, the most investigated conversion processes 

have been catalytic cracking and hydroprocessing of edible or non-edible vegetable 

oils. 

In the catalytic cracking of vegetable oils, several reactions including 

decarbonylation, decarboxylation, and deoxidation take place to remove the oxygen 

from the triglyceride molecules [85]. Biofuels obtained by catalytic cracking of 
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vegetable oils include organic liquid product, gasoline and diesel oil-like 

hydrocarbons. Similar to bio-oil upgrading, the liquid yield during the catalytic 

cracking of vegetable oils was very dependent on the used catalysts and operating 

conditions [86]. Shape selective zeolite-based catalysts and metal oxides have been 

used for catalytic cracking of vegetable oils: FCC catalyst, HZSM-5, MCM-41. 

SBA-15, Zn/Na-ZSM-5, etc., obtaining conversions higher than 95 wt% [85]. 

However, some zeolite based catalysts are plagued by catalyst deactivation, short 

lifetime, and product contamination [85]. 

There are two pathways during biomass hydroprocessing: i) 

hydrodeoxygenation in which 1 triglyceride molecule consumes 12 hydrogen 

molecules to form 3 normal hydrocarbons with an even number of carbon atoms, 

e.g., n-octadecane (n-C18H38), and ii) hydrodecarboxylation in which 1 triglyceride 

molecule consumes 3 hydrogen molecules to form 3 normal hydrocarbons with an 

odd number of carbon atoms, e.g., n-heptadecane (n-C17H36) (Figure 1.12, [87]). The 

main products for hydrogenation of triglycerides are n-alkanes and by-products as 

propane, water, CO and CO2 [88]. The yields and properties of the organic liquid 

phase depend on operating conditions, type of catalyst and vegetable oil. 

 

Figure 1.12 Pathways of tryglycerides hydroprocessing [87].   

Hydrogen pressures ranges from 20 to 110 bars. Pressure affect the extent of 

the major (hydrodeoxygenation, decarboxylation and decarbonylation) and 

secondary reactions (strongly exothermic methanation and endothermic reverse 

water-gas-shift reaction), influencing the selectivity. The reaction pressure also 

affects the yields of the final products [89]. An increase in pressure, increases the 

conversion of vegetable oils [45,90,91] and it is advantageous for HDO reactions 

[92]. 
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Most hydrotreatment units operate between 290 and 400 °C. The increase in 

temperature increases the conversion and yields of organic liquid product [87,89]. 

On the contrary, Bezergianni and Dimitriadis [93] say that an increase in 

temperature favors the elimination of heteroatoms without affecting the conversion. 

In general, it can be said that temperatures above 340 °C improve the conversion 

and yield of organic liquid products, especially if the vegetable oil is co-processed 

with an oil stream. 

At low space velocities, saturation reactions are favored without affecting 

heteroatom removal, conversion, or diesel yield [94]. However, other authors 

indicate that when the space velocity decreases, the conversion increases but 

cracking is favored by increasing the gas yield [45,89,92,95]. Due to these effects, it 

seems evident that there is an optimal space velocity given the other operating 

conditions and the vegetable oil. 

The catalysts used for vegetable oil hydroprocessing have been mainly Al2O3-

based catalysts, with high surface area and acidity [96,97]. In addition, some 

zeolites have been investigated because their larger mesopores may facilitate the 

transport of bulky vegetable oil molecules to catalyst active sites [98]. The most 

common metals used have been Ni, CoMo, NiMo and NiW on the before 

mentioned supports, although catalysts with noble metals such as Pt and Pd have 

also been used. 

As in the case of lignocellulosic biomass, these recovery processes of 

vegetable oils and algal biomass can be carried out by designing new processes and 

specific reactors for each objective or by taking advantage of existing refinery 

facilities and co-processing the oils with refinery streams to obtain hybrid fuels. 

Bezergianni et al. [59] studied the use of the facilities of a hypothetical refinery. 

These authors conclude that co-processing either via hydroprocessing or FCC-

processing is a very promising technique to integrate bio-based feedstocks in a 

petroleum refinery for hybrid fuels production, which in some cases already has 

found its practical realization. The benefits for a refinery are plenty, not only in 

reducing the associated GHG emissions, but also in enabling the gradual 

independence from fossil sources, rendering low-carbon-highly-sustainable fuels. 

 

1.3.2 End of life tires and waste plastics 

The most important advances have been made in the technologies for tertiary 

recycling of waste plastics and EOL (End Of Life) tires, with emphasis being placed 

in the development of pyrolysis technology for the production of fuels and the 

recovery of monomers. Nonetheless, there is no industrial initiative for the 

valorization of these wastes with the required capacity to solve the current 
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mismanagement. This situation is strongly affected by the following drawbacks: (i) 

a big economic investment is required for the implementation of the units required 

for the integral valorization of these wastes at large scale; (ii) the obtained products 

must fulfill severe quality standards established by current legislation; (iii) this new 

and alternative industry will have to compete with the well-established oil 

industry. Consequently, the situation suggests the promotion of a large-scale waste 

valorization industry (waste refinery) by integrating primary waste valorization 

units within current refineries. Accordingly, primary units will produce low-quality 

streams that will be converted into fuels and commodities (light olefins and 

aromatics) in the large-scale secondary treatment units available in refineries. 

The oil industry is immersed in a big dilemma given the change in the energy 

model that society is demanding and the fluctuations in the availability, quality, 

and price of crude oil [99]. Within this scenario, the involvement of the refineries in 

waste recycling maybe would be boosted by economic incentives and subsidies 

provided by public administration, which will undoubtedly help to finance the 

revamping of the FCC and hydroprocessing units. Moreover, global emissions of 

CO2 will be notably reduced entailing a reduction in the carbon taxes of the 

corresponding country. Furthermore, the contribution of the oil industry to resolve 

an urgent environmental issue such as the uncontrolled disposal of these wastes 

would help to improve the image and projection of oil refineries. 

The numerous activities that a waste refinery brings together can be divided 

into two series of interrelated actions shown in Figure 1.13. The first series 

corresponds to the initiatives of the petroleum industry itself, as it generates 

intermediate refinery streams as byproducts of distillation and reaction units. The 

processing of these side streams follows an increasing trend in refineries in order to 

intensify the valorization of heavier oil by means of increasing the yield of 

commercial products. Indeed, the FCC unit plays a key role in the co-feeding of 

vacuum residue [100] and of visbreaker and coker heavy naphthas [101–105]. 

Equally, hydroprocessing units can be appropriate for the co-feeding of aromatic 

streams, such as the pyrolysis gasoline obtained in steam cracker units [106] or the 

light cycle oil (LCO) obtained in FCC units [107–109], with the aim of producing 

naphtha and medium distillates or BTX aromatics [110]. The second series of 

actions of the waste refinery, which constitutes the interest of this thesis, focuses on 

the recycling of consumer society wastes, for example, waste plastics and EOL tires. 

Recycling activities relate refinery units with other additional units, which will 

develop the ecoindustry. Among the required additional units, the one for pyrolysis 

is the key for the conversion of waste solids into liquid streams that can be fed into 

refinery units, either as they are produced or blended with common feeds. 
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Figure 1.13 Waste refinery concept [6]. 

The EOL tires can only be treated in the refinery units through their 

conversion to pyrolysis oil. However, there are different approaches to upgrade 

waste plastic to environmental favorable automotive fuels range products. These 

different approaches have consisted on studying the hydrocracking of different 

blends made of plastic, plastic pyrolysis oil (PO) and refinery streams (like VGO, 

current feedstock of hydrocracking units) according to different strategies that the 

industry and refineries could follow. One of the approaches consists on the direct 

valorization of plastics dissolved in the refinery stream: after its classification, the 

waste plastics would be sent directly to refinery where it will be blended and 

treated in the conversion units. The second strategy is based on a decentralized 

model of the waste plastics, in which the collected waste plastics would be treated 

in a pyrolysis oil plant. The plastic pyrolysis oil obtained would be afterwards sent 

to refinery where it would be blended with a refinery feedstock (secondary or not) 

to be treated together in a refinery unit. Furthermore, the ternary mixture of plastic, 

its pyrolysis oil and refinery stream can be studied, being this approach a result of 

the combination of the previous two strategies. A possible advantage of the ternary 

mixture is the enhancement of plastic conversion due to a better dissolution of 

plastic in the reaction media. 

Furthermore, oil refineries may save an important amount of crude oil by 

recycling the waste plastics and EOL tires. Figure 1.14 computes the total amount of 

hydrocarbons that can be obtained from these wastes in the EU. 
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Figure 1.14 End of life plastic and tires (million tons) [6]. 

Therefore, analyzing first the case of waste plastics, 29.1 million tons were 

generated in 2018 in the EU [4]. From this amount, 9.4 million tons were 

mechanically recycled, whereas the remaining 19.7 million tons were landfilled or 

burned for energy recovery. Thus, assuming that neither landfilling nor combustion 

are the optimal management routes, these wastes may have been pyrolyzed. Taking 

into account that waste plastic pyrolysis might lead to liquid yields of 80 wt% [111], 

an amount of 15.8 million tons of plastic pyrolysis oil (PPO) suitable for being 

treated in refinery units might have been produced. Note that from the total 

amount of PPO produced, two-thirds approximately correspond to the PPO 

obtained from polyolefins. Likewise, the same analysis can be performed for the 

EOL tires. Thus, 1.96 million tons of EOL tires were produced in the EU in 2018. 

Half of these were incinerated (0.63 million tons) or landfilled (0.35 million tons). If 

the 0.98 million tons of mismanaged EOL tires had been submitted to a pyrolysis 

stage, 0.59 million tons of scrap tire pyrolysis oil (STPO) would have been produced 

assuming a liquid yield of 60 wt% [112]. Consequently, a total amount of 16.39 

million tons of hydrocarbons would have been available for European refineries, 

which means an important source of raw materials considering that 740 million 

tons of crude oil are processed on average in the EU [113]. 

Based on their versatility, the refinery units with higher prospects for 

managing these feeds (raw plastics, waste plastic pyrolysis oil, and EOL tire 

pyrolysis oil) are the following ones: catalytic cracking (FCC), hydroprocessing, 

steam cracking, and coker units [100,114,115]. Moreover, taking into account their 

capacity and technological development, the refinery units that forge ahead in the 

implementation of the waste refinery are the FCC unit (in the short term, using 

already depreciated units) and the hydroprocessing unit (in the long term, given its 
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higher complexity and lower implementation). Furthermore, a refinery is equipped 

with separation, purification, and other units appropriate for the integral 

valorization of the remaining streams of products obtained in the pyrolysis of waste 

plastics and EOL tires, such as light olefins and BTX aromatics. Finally, the 

conclusions about the points of the refinery where feedstock streams from waste 

plastic can be inserted are the same as those obtained when exposing the waste 

refinery in relation to biofuels (Figure 1.11). The results obtained from the recovery 

of waste plastic in the catalytic cracking (FCC) and hydrotreating units will be 

presented below. 

 

1.3.2.1 The fluid catalytic cracking (FCC) units  

FCC units, which are available in most of the petroleum refineries worldwide, 

are used to produce high octane gasoline and light olefins from heavy streams 

obtained in the distillation of crude oil. They are composed of four sections [25]: (i) 

the pneumatic transport reactor (riser); (ii) the stripper; (iii) the gas−solid separator; 

(iv) the regenerator. The process starts when the preheated feedstock, commonly 

vacuum gas oil (VGO) with a boiling point above 344 °C, is steam-atomized at 350 - 

425 °C. Afterward, the atomized feedstock is mixed at the base of the riser reactor 

with the catalyst stream that comes from the regenerator at 650 - 720 °C. Note that, 

based on the different temperatures of the feedstock and the catalyst, the mixture 

ends with an average temperature of 530 - 560 °C. The steam-atomized feedstock 

sweeps the catalyst throughout the riser, which has a length of 25 - 40 m and a 

diameter of 0.6 − 1.2 m. Because of the cracking reactions, the gas stream expands, 

reaching velocities of 5 − 15 m s−1. The flow regime corresponds to a dense-phase 

pneumatic conveying system due to the high catalyst to oil ratio (4 − 9 gcat gfeed−1) 

and residence time of the gas and catalyst (1 − 5 s). 

In the upper part of the reactor, cracking reactions reach their end but, in 

order to avoid undesired secondary reactions, the catalyst is separated from the 

products by high efficiency (99.995 %) cyclones. Products exit through the reactor 

head and go to fractionation and concentration systems, with the average fractions 

being commonly as follows: dry gases (C1−C2) 3 - 5 wt%; liquefied petroleum gases 

(LPG, C3−C4) 8 − 20 wt%; naphtha (C5−C12) 36 − 60 wt%; light cycle oil (LCO, 

C13−C21) 12 − 20 wt%; heavy cycle oil (HCO, C21+) 10 − 15 wt%; coke 3 − 8 wt% [25]. 

The deactivated catalyst goes to the stripping section, where interstitial and 

adsorbed hydrocarbons are removed from the catalyst by a countercurrent stream 

of steam (about 2.5 kg of steam per ton of catalyst). Once they have been separated, 

the hydrocarbons go to a fractionation column, whereas the catalyst goes to the 

bubbling-bed regenerator (10 − 15 m in diameter). 
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The catalyst inventory of an average FCC unit, which treats ca. 50 000 barrels 

per day (bpd), is 270 − 300 tons. FCC units perform between 100 and 400 cycles per 

day, and in each cycle, the catalyst spends most of the time in the regenerator (6 − 

11 min), and only a few seconds in the riser reactor. The content of coke at the 

entrance of the regenerator is 0.4 − 2.5 wt%, and it is removed by combustion at a 

temperature of 650 − 720 °C with an air velocity of 0.6 − 1.2 m s−1. This way, the 

catalyst is reactivated and acquires the sensitive heat required to satisfy the thermal 

requirements of the unit [116]. Furthermore, the combustion gases that leave the 

regenerator drag the particles produced by the attrition phenomenon, and they 

must be retained and replaced by a stream of fresh catalyst. 

The direct co-feeding of plastics dissolved in conventional refinery streams 

(vacuum gasoil, VGO) has the advantage of not requiring additional pyrolysis 

facilities. However, this direct strategy can be conducted successfully if: (i) a 

rigorous separation of polyolefinic plastics has been carried out in municipal solid 

waste collection and segregation points; (ii) plastics must be transported to the 

refineries, which is not an easy task given their low density; (iii) plastics must be 

dissolved in refinery streams.  

The first reference in the literature about catalytic cracking in a fixed bed 

MAT type reactor by feeding VGO blended with HDPE (5 and 10 wt%) at 510 °C 

reports a substantial production of gasoline from the HDPE plastic contained in the 

feed (10 wt%) [117]. Later, the cracking of polyolefins and polyaromatics under 

conditions similar to those of the industrial unit was studied on a riser simulator 

reactor with different types of catalysts: (i) equilibrated commercial FCC catalysts 

[118,119]; (ii) commercial fresh catalysts and other in-house synthesized HY zeolite-

based catalysts with different porous structures and acidities [120,121]; and (iii) 

catalysts prepared in the laboratory using HZSM-5 zeolites as additives [120]. The 

solvents used in these studies for dissolving the plastic were VGO, which is the 

current FCC unit feed, and light cycle oil (LCO), which is a product stream of the 

FCC unit with a high content of aromatics.  

The co-feeding of polyolefins with LCO increased the yield of gasoline and 

reduced that of coke. The content of aromatics was reduced in the gasoline fraction, 

at the same time as the contents of isoparaffins and olefins were increased, thereby 

leading to an increase in the quality of the gasoline fraction obtained. Moreover, the 

RON increased with temperature from 98.1 to 99.0 when 10 wt% PE was in the feed 

[118]. The results obtained by co-feeding PP were quite similar. Furthermore, the 

use of HZSM-5 zeolite as an additive of the catalyst significantly affected product 

distribution. A notable increase in the yield of olefins was obtained, whereas the 

yields of aromatics, paraffins, and coke were reduced [120]. These results were later 

on ratified by Marcilla et al. [122] in a sand fluidized bed reactor and by Odjo et al. 
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[123,124] in a FCC pilot plant. Therefore, the viability of co-feeding polyolefins with 

VGO without affecting the yields and quality of the product streams is evident. 

When 10 wt% PS was co-fed with LCO, the conversion surpassed that 

obtained with pure LCO, the yield of gasoline increased to the detriment of that of 

dry gases, and the fraction of LPG was mostly olefinic, with propylene and 

isobutene being the main compounds. Additionally, it should be highlighted that 50 

wt% of the styrene in the PS was recovered. The RON of the gasoline, between 97.2 

and 95.4, was lower than that obtained in the cracking of pure LCO. This drop is a 

consequence of the lower content of isoparaffins and olefins. The results obtained 

by co-feeding PS-BD were qualitatively similar, even though the yield of the 

gasoline fraction obtained was 2 wt% lower [118].  

Recently, the extensive study of HDPE/VGO cracking (10 wt% of HDPE) has 

been carried out revealing interesting result. An increase in the catalyst to oil (C/O) 

ratio and, especially in temperature, allowed reaching higher conversions in the 

cracking of the blend. With the highest C/O ratio, the conversion of the blend was 

higher than the achieved by neat VGO. Under these conditions, the co-feeding of 

HDPE promoted the formation of LPG and gasoline fractions, to the detriment of 

dry gas and coke [125].  

A previous step of pyrolysis of waste plastics would make much easier their 

valorization in refinery units. Plastics could be locally converted into liquid or waxy 

hydrocarbons in small pyrolysis units located near the municipal solid waste 

collection and sorting points. Accordingly, the subsequent transport of pyrolysis 

derivatives to the refinery would be easier as a small fleet of tanker trucks would be 

sufficient to collect all the products of medium-large geographical areas. 

Furthermore, this feed could be stored and mixed in the refinery oil terminals in 

order to attain a standard formulation prior to their treatment in the corresponding 

units.  

Iribarren et al. [126] determined by life cycle analysis that the combined 

strategy of pyrolysis and catalytic treatment is the most sustainable management 

strategy when the perspectives involving energy and environment are considered. 

Based on these positive points, various authors have approached the catalytic 

cracking of plastic pyrolysis waxes, either neat [127,128] or dissolved [129,130].  

Rodriguez et al. studied the catalytic cracking of neat HDPE pyrolysis waxes 

in different works [127,128]. First, the authors studied the suitability of the FCC unit 

for the production of fuels from the HDPE pyrolysis waxes with a parametric 

study. Overall, HDPE pyrolysis waxes were less reactive than VGO. Temperatures 

above 550 °C and C/O ratios of 7 gcat gfeed−1 were required to obtain higher 

conversions with the waxes [127]. Then, these authors tested different FCC 
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equilibrated catalyst with this feedstock. In fact, catalysts with low acidity 

promoted the formation of gasoline with low content of aromatics, suitable to be 

marketed after a mild hydrotreatment stage, whereas highly acid catalysts were 

appropriate for the production of commodities, such as C5 and C6 olefins [128]. 

Afterward, Rodríguez et al. [130] investigated the co-cracking of HDPE pyrolysis 

waxes and VGO in a riser simulator reactor. They determined that the co-feeding of 

the HDPE pyrolysis waxes had remarkable effects on the process. Thus, the co-

feeding inhibited the secondary cracking reactions, which promoted the formation 

of the dry gas fraction, and increased the yields of LPG and gasoline fractions. 

Moreover, a reduction in the content of coke was observed because of the higher 

H/C ratio of the blend. In addition, a higher quality gasoline fraction was obtained, 

with values of the RON being about 103. 

According to the STPO (scrap tires pyrolysis oil), Rodríguez et al. have 

studied the cracking of pure STPO obtained in a conical spouted bed reactor 

[131,132], the cracking of STPO dissolved in VGO [133], and the nature and location 

of the coke formed in this process [134]. Initially [131], these researchers studied the 

effect of operating conditions, that is, temperature, C/O ratio, and contact time. 

Accordingly, they used a riser simulator reactor and an equilibrated FCC catalyst in 

order to perform the testing at industrial conditions. These authors observed that 

high temperatures promoted cracking reactions leading to the formation of light 

compounds within LPG and gasoline fractions. Moreover, they also verified that 

olefin cyclization reactions and C−C bond cracking reactions from aromatics were 

boosted at high temperatures, while hydrogen-transfer reactions were inhibited. 

Consequently, the content of olefins increased in the dry gas and LPG fractions and 

the content of aromatics and paraffins in the gasoline fraction. Furthermore, higher 

values of C/O ratios and longer contact times boosted cracking, hydrogen-transfer, 

and condensation reactions, promoting the paraffinicity and aromaticity of the 

reaction products. Later, they assessed the effects that catalyst properties have on 

the conversion, distribution, and composition of the reaction products [132]. Three 

different equilibrated FCC catalysts supplied by industrial providers were tested in 

the work. They concluded that the properties of the catalyst are highly influential. 

Thus, high total acidity and acid strength of the catalyst promoted the extent of the 

cracking reactions. Moreover, the textural properties of the matrix (meso- and 

macropores of the catalyst) play a significant role in the diffusivity of the bulky 

molecules.  

Afterward, Rodríguez et al. [133] tried a more realistic approach, as they 

studied the co-cracking of STPO with the conventional FCC unit feedstock, VGO. 

Furthermore, they compared the results obtained with the STPO/VGO blend with 

those obtained in the cracking of the pure feeds separately. They report that there 

are various synergistic effects when the blend is fed. Thus, the addition of 20 wt% 
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STPO to the blend promoted the cracking of the HCO fraction, as its extent is closer 

to that obtained with pure STPO than with pure VGO. Furthermore, overcracking 

reactions that commonly lead to the formation of gas products were inhibited, as 

the lowest yields of dry gas and LPG fractions were obtained with the blend. 

Consequently, the blending promoted the formation of naphtha and LCO fractions, 

improving the results obtained for the VGO. 

 

1.3.2.2 Hydroprocessing units 

Hydroprocessing units are commonly available in refineries for low severity 

or mild hydrotreatment with the aim of removing heteroatoms and hydrogenate 

compounds from the feeds. Afterward, these streams can either be sent to another 

unit or be marketed as fuels. Nevertheless, the presence of hydrocracking units 

(capable of reducing drastically the presence of aromatics and generating linear 

hydrocarbon chains) is not so common, and they can only be found in innovative 

refineries [135,136]. The availability of these hydrocracking units is a key factor to 

face the increasingly restrictive environmental rules and the possible inclusion of 

new feeds (bio-oil or waste derivatives, such as those of plastics and EOL tires) and 

also to deal with non-conventional oils as mentioned in section 1.2.1.  

The main challenges that refineries need to face with regard to 

hydroprocessing units are [137,138]: (i) the adaptation of the product streams to 

legislation concerning emissions when burning the fuels and (ii) the upgrading of 

intermediate refinery streams, which, due to their content of heavy molecules, 

aromatics, or heteroatoms, cannot be fed into other catalytic processes. 

Regarding to hydroprocessing of heavy and secondary streams, Gutiérrez et 

al. [1,107,139] used bifunctional catalysts composed by noble metals (Pt and Pd) 

over different acid supports to upgrade LCO in a fixed bed reactor. One of the most 

promising catalysts was PtPd (1.12 and 0.46 wt%) over zeolite Y, which showed 

different benefits such as the highest conversion and great level of desulfuration in 

the pseudostable state. Besides, the composition of the middle distillates revealed a 

good quality fuel. Then, a wide range of operating conditions were studied by these 

authors to assess the effect of the process variables (temperature, pressure and 

space velocity) [140–142]. However, these catalysts show an appreciate decrease of 

the activity due to deactivation pathways  by sulfur compounds in LCO and the 

coke formed [107,108,143]. To address this problem, the process was splitted in two 

steps: i) first hydrodesulfuration of the feedstock employing hydrogenation catalyst 

and mild conditions and ii) subsequent hydrocracking of the previously 

hydrotreated feedstock alone or co-processing it together with any alternative 

feedstock (wate plastics, EOL tires, etc.).  
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Regarding the first stage, there are some works in our research group which 

study the hydroprocessing of alternative feeds, such as scrap tires pyrolysis oil 

(STPO) [144–146], rich in  heteroatoms like sulfur compounds, and raw bio-oil, rich 

in oxygenated compounds [147,148]. A secondary refinery stream, LCO was also 

hydrotreated in the first stage, using commercial bifunctional catalysts, made of 

transition metals (Co, Mo, Ni and W) over different acid supports (ASA, Al and 

HY) [3,109], and an in-house-prepared catalyst of NiMoP over some acidic supports 

(FCC, MCM41 and SBA15) [149]. The experiments were carried out in a fixed-bed 

reactor at 320-400 ºC, 80 bar H2, time on stream (TOS) 8 h, space time of 0.2-

0.5 gcat h g-1LCO and 1000 H2/Feed ratio. The NiMoP/FCC achieved good results, 

removing 87.2 wt% of sulfur compounds. However, it cannot outperform the 

numbers obtained from CoMo/Al and NiW/HY, which were higher than 99 wt%. 

Furthermore, the second one produced higher yield to naphtha fraction, getting 

better results in accordance to the hydrocracking conversion.  

In the second stage, where this thesis is framed, there are some previous 

works where the production of fuels from hydrotreated feedstocks has been 

studied. Hita et al. [150] used hydrotreated STPO (HT-STPO) from a previous work 

[144] as a feed to fuel production in a fixed-bed reactor at 440-500 ºC, 65 bar H2 and 

a space time of 0.16 h, using PtPd/SiO2-Al2O3  catalyst. Results showed that the 

production of ultra low sulfur diesel (ULSD) is possible for low TOS, and after 2 

hours, the activity of the catalyst decreased due to coke deposition in both metallic 

and acidic phase.  

The plastic co-processing together with oil refinery streams in a batch reactor 

has aroused interest since years ago. Joo et al. [151] studied the catalytic behavior of 

a blend of plastic (PET, PS and LDPE) with petroleum residues or/and coal in a 

20cm3 stainless steel batch reactor at 430 ºC for 60 min with 83 bar of H2 and stirrer 

speed 450 rpm. Results display that the conversion was higher for plastic/coal/ 

petroleum resid than for the blend of plastic/coal where conversion upper than 70 

wt% were reached, since the chemistry reactions was well matched, showing the 

feasibility of upgrading these residues together.  

Karagöz et al. [152,153] co-feed LDPE or HDPE with VGO in a 100 mL 

stainless steel stirred batch reactor at 425-450 ºC, 65 bar of H2 for 120 min, with 

Cobalt over active carbon, CoNi/HZSM-5 catalyst and DHC-8 catalyst (a 

commercial catalyst based on NiMo over silica alumina that is used in 

hydrotreating and hydrocracking reactions in refinery). Obtained results describe 

that CoNi/HZSM-5 achieved more liquid amount at lower temperature. However, 

gas yield rises until more than 50 wt% at 450 ºC when the temperature increases. To 

sum up, they point out that both acidic properties and temperature play an 

important role in the upgrading process of the blends.  
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Recently, Siddiqui and Redhwi [154] have studied the decomposition of 

different plastics with light Arabian crude oil residue. Experiments were carried out 

at 400 − 430 ºC, 500 − 1200 psi H2 pressure and 30 − 120 min using different acid 

catalysts. NiMo/γ-Al achieved the best result in plastic conversion and, hence, it 

was used later for a parametric study. Increasing the pressure reduces the gas 

fraction and promotions both the conversion and the fraction of soluble products on 

Xylene. Kohli et al. [155] studied thermal hydrocracking of a blend of waste plastic 

and heavy oil or two vacuum residue at 420 ºC, 60 bar and 120 min. They obtained 

interesting results such as blends increase the middle distillate fraction and they 

also reduce the coke formation.  

In addition, our research group also studied how the addition of an 

alternative feedstock free from heteroatoms (HDPE) affects to the hydrotreating 

and hydrocracking conversion pathways. The experiments were conducted in a 

stirred batch reactor at 320 − 400 ºC, 80 H2 bar, stirring rate 1500 rpm and 3 h length 

[156]. After studying the behavior of CoMo/Al, NiMo/SiAl and NiW/HY catalysts 

in LCO hydrotreating, the first one achieved the more promising result and, 

therefore, it was used in the hydroprocessing of HDPE/LCO (10 wt%) blend. The 

hydrodesulfuration conversion obtained was higher adding HDPE than 

hydrotreating neat LCO under the same experimental conditions, keeping a very 

similar composition of the liquid products. Nevertheless, the HDPE conversion was 

slightly higher than 30 wt% at the maximum temperature (400 ºC). This low 

conversion of HDPE could be related with the temperatures at which the reactions 

have been carried out, that were not higher enough.  
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1.4 HYDROPROCESSING  

Hydroprocessing is a refinery stage in which petroleum-derived oils are 

upgraded under high pressures of H2 and high temperature. Its aims toward the 

adaptation of liquid fuels to environmental requirements by means of (i) the 

hydrogenation of the unsaturated compounds, especially aromatics, (ii) the removal 

of impurities (N, S, O, and metals), and (iii) the cracking of heavy compounds 

improving the yields of gasoline and diesel fractions [157,158]. This process is 

carried out under a broad range of operating conditions, and therefore 

hydroprocessing units are denoted as (i) hydrotreating (HDT) and (ii) 

hydrocracking (HYC) units.  

HDT units are commonly used to reduce the content of heteroatoms. Thus, 

hydrodesulfurization (HDS), hydrodenitrogenation (HDN), hydrodeoxygenation 

(HDO), and hydrodearomatization (HDA) reactions occur in the processing of light 

and medium distillation fractions. When heavier streams are processed, together 

with the aforementioned reactions hydrodemetallization (HDM) and 

hydrodeasphaltenization take also place. On the other hand, HYC units aim to 

convert heavy fractions, such as vacuum, coker, or atmospheric gas oil, into lighter 

fractions, that is, gasoline and diesel. HYC units may be classified into two 

subgroups depending on the severity of the treatment; thus, mild hydrocracking 

(MHYC) and standard hydrocracking units (HYC) are available in refineries. Table 

1.3 shows the ranges of operating conditions of different hydroprocessing units. 

Table 1.3 Hydrotreating and hydrocracking conditions. 

Conditions 
Hydrotreatment 

(HDT) 
Mild-Hydrocracking 

(MHYC) 
Hydrocracking 

(HYC) 

Temperature (ºC) 270−400 320−440 380−450 
Pressure (bar) 25−50 35−70 90−210 
H2/Feed (m3/m3) 300−500 300−700 1000−2000 
LHSV (h-1) 2−4.0 0.3−1.5 0.4−2.0 

 

These types of units are quite extended within modern refineries. Indeed, at 

least three hydroprocessing units are usually installed [159,160]: (i) one for naphtha, 

(ii) one or two for light gas oil, and (iii) one or two for heavy or vacuum gas oil 

(mild-hydrocracking). The units used for hydrocracking purposes are less 

numerous than those for hydrotreating, but the installation of hydrocracking units 

has increased in recent times in order to fulfill environmental policy requirements 

for fuels. Furthermore, the uses of oils with lower API gravity increase the flows 

from vacuum distillation tower that need to be cracked and/or hydrocracked in 

refineries. 
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1.4.1 Hydrotreating (HDT) 

When a feed undergoes through a hydroprocessing treatment, the H2 

pressure in these units not only removes the heteroatoms but also olefins and 

aromatics are hydrogenated. In fact, the hydrogenation reactions are faster than, for 

example, remove the sulfur from some compounds if an appropriated catalyst and 

reaction conditions are used [109]. Furthermore, when hydrogenation reactions take 

place, remove the heteroatoms is easier since the stability that the double bonds 

provide to the compounds disappears. 

Generally, hydrogenation reactions are reversible and exothermic. These 

reactions consist of introducing hydrogen in π-bond of C since is a weaker bond 

and requires less energy in comparison with σ-bond to be break. Hydrogenation 

reactions depend on the molecular weight since occur faster in light olefins than 

heavier ones [161]. Olefins are very reactive compounds and hydrogenation 

reaction is even at atmospheric pressure. However, it is difficult the hydrogenation 

of aromatics under this condition. These reactions require high H2 pressure to take 

place. This happens due to the resonance of double bonds in aromatic compounds. 

On the other hand, the heteroatoms removal requires to break σ-bonds of C-X, 

where X can be C, S, N, O or metal, introducing hydrogen. The name of these 

hydrotreating reactions have been introduced above (HDS, HDN, HDO, HDM and 

HDA). It has to be mentioned that HDS, HDN, HDA and HDM are the most 

common reactions that take place in hydrotreating crude oil derivates and STPO 

whereas HDO is common in hydrotreating oils from biomass. 

In HDS reaction, the sulfur removed from the compounds is released as H2S. 

Obviously, not all molecules react in the same way. As a general rule, paraffins are 

the compounds that have a higher reactivity, followed by naphthenes and lastly the 

aromatics [162]. Furthermore, thiophenes desulfuration is easier compare to 

benzothiophenes and dibenzothiophenes. There are two mechanism pathways to 

remove sulfur from aromatic compounds. When the HDS is first and then the HDA, 

the reaction pathway is called direct hydrodesulfuration. However, when the 

reaction take place in the reverse order (first the hydrogenation and then the 

hydrogenolysis), the reaction pathway is named indirect hydrodesulfuration [163–

166]. These reactions are depicted in Figure 1.15 using dibenzothiophene as model 

compound. 



 

39 

 

Figure 1.15 Hydrodesulfuration and hydrodearomatization of dibenzothiophene. 

The direct pathway is more efficient since uses less H2 in sulfur removal. 

Nonetheless, the resonance of double bond of aromatics reduces the reactivity of 

the molecule. By contrast, the aromatic compound hydrogenation reduces the 

bound energy of C-S, easing the scission. The H2 pressure is a key factor, 

conditioning the equilibrium of the reactions. When there is low H2 pressure and 

high temperature, the dehydrogenation reactions are promoted [167]. Furthermore, 

the activity of the catalyst also plays an important role due to a low activity impact 

on the reaction pathways. 

In crude oil, the nitrogen can be found as part of two types of aromatic 

compounds: i) basic compounds (quinoline, acridine and pyridine); and, ii) non-

basic compounds (benzothiazole, indole, pyrrole and carbazole) [168]. The nitrogen 

is linked to the aromatic compound by three bounds, thus the N-compounds have 

to be hydrogenated before remove the nitrogen and release ammonia [169]. Unlike 

sulfur compounds that can be desulfurized directly, nitrogen compounds rarely do 

so. Therefore, a previous hydrogenation of the ring which contains the nitrogen is 

required. Figure 1.16 shows the HDS and HDN of benzothiazol, releasing H2S and 

NH3.  

 

Figure 1.16 Scheme of benzothiazol hydrodenitrogenation. 
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HDA consists of both the hydrogenation of an aromatic ring to give a 

naphthenic compound and the subsequent opening of the naphthene ring to an 

alkane [170]. The more polar is the compound the greater is attracted by the acid 

site [171,172]. Therefore, the polyaromatics and diaromatics react easier than 

monoaromatics. Nevertheless, the HDA of monoaromatics is a difficult task. Such 

an example, Figure 1.17 shows the dearomatization of toluene up to naphthenic 

ring and methane. First and one by one, the double bounds are saturated until 

obtain a methyl-naphthenic compound and finally, the de-alkylation takes place. 

 

Figure 1.17 Scheme of toluene hydrodearomatization. 

HDM has been studied in the literature [173–175], taking metal-

tetraphenylporphyrin as the standard molecule (MTPP), with Ni or V as metal (the 

most abundant in crude oil). The scheme is depicted in Figure 1.18. There it has 

been checked a series mechanism with two reversible hydrogenation steps and one 

irreversible hydrogenolysis, resulting in a deposit of metal sulfide. Rana et al. [176] 

have evaluated the effect of the presence of H2S in HDM reactions observing that it 

has a promoter effect. Its presence favors the adsorption of the ring metal-

porphyrin in the Brønsted-type acid sites. There takes place the first step, where 

entails its conversion into the metal-chlorine structure, facilitating the subsequent 

stage of hydrogenolysis, which by breaking the metal-N bond gives rise to the 

removal of metal from the structure as metal-sulfide deposit. 

 

Figure 1.18 Scheme of metal-tetraphenylporphyrin hydrodemetallization. 
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1.4.2 Hydrocracking (HYC) 

The reactions that involve the hydrocracking are the same that are involved in 

the hydrotreating together with the reactions that provoke the reduction of carbon 

atoms number of hydrocarbons. When the aim is the hydrocracking of a feedstock, 

bifunctional catalysts with strong acid sites are used. Furthermore, the reaction 

conditions also are more severe than for HDT as depicts Table 1.3. 

The hydrocracking mechanism was deeply studied by Weitkamp et al. [114]. 

They proposed a kinetic scheme using a carbenium-ion as intermediate in the 

reaction and where the C-C bond is broken through β-scission on the Brønsted acid 

site. Besides, there are some reactions that take place in the metal site 

(hydrogenation/dehydrogenation) and others that involve the acid sites (skeletal 

rearrangement and β-scission). Figure 1.19 summarizes the hydrocracking reaction 

mechanism of a n-paraffin.  

 

Figure 1.19 Mechanism scheme hydrocracking. 
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In the step 1 of Figure 1.19a, after the adsorption of n-paraffin into a metal 

site, the formation of an olefin takes place. In the step 2, the desorbed olefin is 

adsorbed on a close Brønsted acid site and the carbenium-ion is formed but the β-

scission cannot happen yet since the reaction is not thermodynamically favorable. 

In step 3 is where the carbenium-ion changes to alkylcarbenium-ion through 

skeletal rearrangement. Furthermore, step 3 can be repeated increasing the number 

of isomerizations. In fact, the greater the number of isomerizations, the higher the 

probability that β-scission will occur. In the step 4, the β-scission takes place 

producing an olefin and a smaller carbenium-ion. The olefin can either undergo 

further cracking on an acid site (starting the process from step 2), or it can be 

saturated in a metal site to form an i-paraffin (step 5). On the other side, the 

carbenium ion from step 4 can also be converted into paraffin by deprotonation 

(step 6). 

The hydrocracking of naphthalene is summarized in Figure 1.19b according 

to Ardakani and Smith [177]. The first step is the formation of tetralin through 

hydrogenation. Then, the tetralin can follow three pathways. The hydrogenation 

can go further, hydrodearomatizing the other ring, followed by isomerization and 

saturated ring opening producing finally an alkyl-ciclohexane. On the other hand, 

the two remaining pathways have an isomerization from the tetralin or saturated 

ring opening and dealkylation. The product can be a monoaromatic or a 

monoaromatic and paraffin, respectively. 

 

1.4.3 Side reactions 

There are several reactions in HDT and HYC that take place simultaneously, 

among of which the most relevant ones are product recombination, catalytic 

poisoning with compounds from heteroatoms removal (NH3 or H2S) and coke 

formation. Catalyst poisoning occurs when some heteroatoms of the feed (S, N, Ni 

and V) modify the nature of the metallic and/or acidic phase of the catalyst and 

block the porous structure and the access to active sites by condensation of heavy 

hydrocarbons with low H/C ratio (coke) [108,178]. 

For example, in sulfur removal reactions with enough contact time, unwanted 

recombination between an olefin and the released sulfide maybe occur to form a 

mercaptane. To solve this problem, an amount of hydrotreating catalyst can be 

added or even an adsorbent with high selectivity for mercaptanes to increase the 

life-time of catalyst.  

Coke formation during the HYC and HDT of heavy and complex feedstock is 

due to the direct deposition of the heavier molecules of the feed, what is known as 

Conradson coke, or due to the formation of hydrocarbons with low H/C ratio 
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which deactivate the metallic or acidic sites. Nevertheless, the term “coke” includes 

all the carbonaceous materials that remain adsorbed on the catalysts. The general 

expression of coke is (CHX)n, where the “x” value is close to 2 for undeveloped coke 

(also called coke precursor) and near to 0 for very developed or condensed coke 

[179]. The nature of the coke deposition depends on the catalyst properties, as are: 

(i) porous structure, (ii) total acidity and (iii) acidic strength of the sites [108]. 

Although the total acidity is beneficial in terms of HYC performance, it is also 

causing a more rapid deactivation with a more developed coke due to 

polymerization and aromatic condensation reactions taking place faster.  

Another cause of catalytic deactivation, especially in HYC, is the sinterization 

of the metal phase [180]. This is the deterioration of the catalyst materials 

(migration and agglomeration of the metal crystals to form bigger metal particles 

and aging of acid sites) due to the high temperature.  

In general, as the catalyst is deactivated, a common practice to “overcome” 

this problem and maintain the conversion is to increase the temperature. But this is 

a short-term solution, since it promotes the formation of more coke and also the 

sintering, deactivating the catalyst even faster. 

 

1.4.4 Catalysts  

Metal/acid bifunctional catalysts are used in hydroprocessing. The metal 

function is responsible for the hydrogenation and hydrogen-transfer reactions. On 

the other side, the acid function carries out the hydrocracking of C-C bonds from 

the hydrocarbon skeletal. Nevertheless, there are relevant synergistic effects 

between both functions [181]. Hence, the metallic function, apart from boosting 

hydrogenation reactions, promotes the cracking activity of the acid function by 

forming an intermediate olefin by dehydrogenation. Furthermore, the acid strength 

of the acid sites is a key parameter, as the ring opening reactions of aromatic 

compounds require very strong acid sites [182,183]. The challenge in the 

preparation of hydroprocessing catalysts is that fuels obtained satisfy the legal 

requirements mentioned in section 1.2.2 reaching the ultra-low sulfur diesel (ULSD) 

standard. In Table 1.4 it can be found the more common metallic and acid phases 

used in different hydrotreating processes. 
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Table 1.4 Catalysts commonly used in hydrotreating and hydrocracking reactions. 

Catalyst Use Catalytic activity 

Metallic Functions   
CoMo  HDS moderate 
NiMo  HDN, MHYC high 
NiW  HDN, MHYC very high 
PtPd  HDA, HYC high 

Support   
γ-Al2O3  HDA low 
Amorphous SiO2/Al2O3  MHYC high 
HY and HZSM-5 zeolites HYC very high 

 

1.4.4.1 Metallic function 

As it can be seen in Table 1.4, two metals or more are usually used to 

impregnate a support. The most common metals are within two groups [184]: (i) 

non-noble metals of the groups VI A (Mo, W) and VIII A (Co, Ni), or combinations 

of these metals based on the synergic effects that are created between them; and (ii) 

noble metals (Pt, Pd, Ir, among others). The activation method of catalysts which 

contains transition metals are the sulfidation and for noble metals the reduction of 

their metallic species. As it is shown in Table 1.4, the more common non-noble 

metals are CoMo, NiMo and NiW whereas the most employed noble metals in 

tandem are PtPd. Some of the non-noble metals can be used for both HDT and 

HYC. However, the noble metals are more used in the HYC of feedstocks with low 

concentration of heteroatom since they are very sensitive to heteroatom poisoning 

and subsequent deactivation. CoMo catalysts have a good performance in HDS, but 

are less active for HDN and hydrogenation of aromatic compounds. NiMo 

catalysts, on the other hand, are excellent at HDN and MHYC of aromatics. NiW 

catalysts present a very high aromatics hydrogenating activity, but their use has 

been limited due to their higher cost [185]. The concentration of the metals is 

usually 1-4 wt% for Co and Ni, 8-16 wt% for Mo and 12-25 wt% for W. Meanwhile, 

the concentration of noble metals is a much lower, 0.25-1.5 wt% for each metal 

[186]. 

 

1.4.4.2 Supports 

As in the case of metals, there are supports with a more appropriate 

performance for the HDT and others better for the HYC and they are selected based 

on the desired conversion achieved and depending on the feedstock. Some of the 

HDT supports, however, are sometimes used for the HYC. The supports used for 
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HDT consist of a porous structure with low or medium acidity, whereas support 

used in HYC consist of a medium and high acidic porous structure. The most 

common active supports for HYC are microporous materials what means a faster 

and undesired deactivation by coke. Therefore, to overcome this situation the 

supports are made of microporous material and another material with lower acidity 

and higher meso- and macropore area which enhance the diffusional limitations. In 

that way, the supports used for HDT have low acidity to avoid the coke formation 

and maximum porosity to enhance metallic exposure, whereas the HYC catalyst 

would have similar features and additional acidity to promote cracking reactions. 

The most commonly used HDT supports are γ-Al2O3 and amorphous SiO2-

Al2O3 (ASA) [187]. Nevertheless, to enhance the catalytic behavior different studies 

have been carried out to develop new supports which are: Al2O3-TiO2 [188–191], 

Al2O3-ZrO2 [192] or Al2O3-MgO [193]. There are alternative ways to add the metal 

to the support from the physical mixture to the wet impregnation. The latter 

enhances the interaction of the metal with the support [182,183,194,195]. 

 As it has been mentioned previously for HYC catalysts, the support needs to 

have medium or high activity, with strong acidic sites that promotes the cracking 

functionality [181,183]. Consequently, zeolites like HZSM-5, HY, or Hβ have been 

widely used alone [186,196–200] or blended with another material or even steamed 

to enhance the diffusivity and stabilize the activity over time. A common binder is 

an amorphous acidic support as γ-Al2O3 (in less than a 3 wt%) having an important 

effect in the catalyst activity and selectivity [201,202]. Moreover, boehmite (AlOOH) 

is also used in greater extent  (70 wt%) with zeolites and recrystallized zeolites 

[203–205]. 

There are some authors that reported good results for the zeolite desilication 

treatment in order to change their acidity and create mesoporous structure. After 

that, catalysts show a greater stability in fixed-bed reactor for long-term runs 

(several hours or even days), maintaining higher conversion, good selectivity and 

less coke content than parent catalyst. Those tests have been conducted with 

different reactions: (i) methanol to aromatics [206], (ii) methanol to hydrocarbons 

[207] and (iii) hydrocracking of n-C16 [208]. However, if the reaction time is 

increased enough to appreciate a decreases in the conversion on desilicated catalyst, 

the deactivation found on these catalysts end up accumulating a higher coke 

content given the increase in the mesoporous surface [209,210]. Furthermore, they 

observed that for the parent catalyst the major coke deposit is in the micropores 

(internal coke), meanwhile for desilicated catalysts the coke is mainly sited in the 

meso- and macropores (external coke). On the other hand,  for the catalytic cracking 

of bio-oil, other authors have observed higher coke yield for the desilicated 

catalysts than for the parent catalysts at the same reaction time [211].  
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Silica-based mesoporous materials represent an expanding research area of 

catalytic supports for HDT and HYC feedstocks. The researches show a high 

interest with MCM-41 and SBA-15 for HDT and MHYC applications [212–214]. 

These materials have a mesoporous structure with a narrow pore size distribution, 

displaying a good behavior in HDT process [215–219]. Furthermore, there are some 

innovations including P, Ti or Zr to SBA-15 support to enhance its performance 

changing the morphological properties, providing a better metal dispersion [215–

222] and reporting better results in HDT [223–226]. 

There are also interesting studies that use active carbon (AC) as a support for 

HDT and HYC reactions. Some of its advantages are the high surface area and 

customizable porous and acidic features [227]. The activation of AC is the 

modification of the acidity of AC through acidic treatment with H3PO4 [228,229]. 

After the activation, the added phosphorus creates new thermally stable complexes 

on the surface which enhance the acidic properties. As with P-complexes, other 

functional groups can be added/created such as carboxyls, lactones and phenols by 

air-oxidation [230] and chemical treatment with different acids like HNO3 [231,232] 

or H2SO4 [233]. On the other side, the carbon atoms located on the surface of the AC 

crystallites act as active sites where elements like O, H, N or S are chemisorbed. 

Those elements form complexes in the surface which are responsible for the most of 

the physical-chemical properties of the solid material, being the oxygen complexes 

the most important ones [234]. This type of supports have been studied in the 

hydrotreatment of heavy and complex feedstocks [235–237], also in the form of 

carbon nanofibers [238,239], and subjected to modifications with zeolites [240]. 
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1.5 HYDROCRACKING KINETIC MODELS 

The design of the hydroprocessing reactor as well as the design of the 

catalysts requires kinetic models for the economic and industrial viability of the 

process. When working with hydrocarbon feeds, the complexity of the process 

modeling increases exponentially since it requires defining a huge network of 

interconnected reactions and sophisticated analytical and numerical techniques for 

their resolution due to it contains a wide range of different compounds [241]. 

Although numerous works have been published on hydrocracking kinetic models 

for this process, most of them have been done using model compounds or using 

simplified reaction schemes to reduce the complexity. 

The proposed models can be classified into two broad categories: i) both 

discrete and continuous lumps and ii) mechanistic, molecular and single-event. 

These models have different degrees of approach to reality. Since the thesis does 

not address kinetic modeling using mechanistic, molecular or single-event models, 

no further reference will be make to them. 

 Discrete lumps kinetic modeling is the traditional method that considers the 

species involved in the reaction as groups according to a common characteristic 

such as the boiling point range. In this way, the reaction scheme is formed by a 

reduced number of reaction stages. The progress of the reaction is quantified by 

potential kinetic equations referred to the concentrations of the different lumps or 

by Langmuir-Hinshelwood/Hougen-Watson type equations that take into account 

the role of the active sites in the reaction mechanism. 

Since it is very practical, the discrete grouping lumps technique is one of the 

most widely used techniques [242].This method has been widely used to model the 

reactions involved in the catalytic conversion of petroleum fractions like: (i) 

catalytic cracking, (ii) hydrotreating or (iii) hydrocracking [243,244]. In this 

methodology, the lumps are perfectly defined as pseudospecies that allow the 

monitoring of the course of the reaction [245]. 

The main advantages of this method are: (a) it facilitates the programming of 

the mathematical equations of the model, since a reduced number of mathematical 

equations and experimental data are required; (b) it makes it possible to predict 

properties of the mixture, such as density, molecular weight, viscosity, etc., and (c) 

it requires a reduced number of parameters to be estimated [245]. It must be taken 

into account that the greater the number of pseudocomponents, the better the 

approximation of the hydrocracking reactions. Nevertheless, the number of 

parameters to be estimated also increases considerably as the number of lumps 

increases [244,245]. Furthermore, sometimes, using a large number of parameters in 

the lumps model can lead to results that lack physical meaning [246]. 
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In this thesis, it has projected to obtain the kinetic model for the co-processing 

of a blend of HDPE and VGO. In the literature, a specific reaction scheme for the 

hydrocracking of this mixture is not defined, and therefore, a literature review of 

the models proposed for both components separately will be carried out. 

 

1.5.1 Discrete lumps models 

1.5.1.1 VGO reaction scheme 

The kinetic of gas oil hydrocracking was studied for the first time by Qader et 

al. [247], proposing a first order kinetic with concerning the concentration of gas oil 

(Figure 1.20a). Later, more complex models were proposed. Callejas et al. [248] 

proposed a simple three-lumps model for the hydrocracking of a residue (Figure 

1.20b). Yui et al. [249] proposed another different kinetic model of 3 lumps in the 

range 350 – 400 ºC (Figure 1.20c). Aboul-Geit  [250] as well as Orochko [251] 

determined the hydrocracking kinetics of VGO proposing a 4-lumps model (Figure 

1.20d, e, respectively). Botchwey et al. [252] proposed another kinetic model (Figure 

1.20f) for the hydrocracking of gas oil from bitumen, with 4 lumps: A (500 – 600 ºC), 

B (400 – 500 ºC), C (300 – 400 ºC), D (IP – 300 ºC). Han et al. [253] proposed a similar 

4-lumps model for VGO hydrocracking of mixtures from Iranian and Saudi crudes.   

 

Figure 1.20 Proposed reaction schemes for hydrocracking. 

In those early years, similar models to these were also used for the 

hydrocracking of different feeds: fluorine [254], long chain alkylbenzenes [255], 

middle distillates [256], asphaltenes [257], bitumen [258], polynuclear aromatics 

[259], n-paraffins [260], tetralin [261], or Fischer-Tropsch waxes [262]. 
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However, most authors have proposed kinetic models of lumps that include 

series-parallel reactions regarding the VGO. For example, Valavarasu et al. [263] 

proposed a 4-lumps model that included cascade reactions for the hydrocracking of 

a desulfurized VGO using Ni-Mo/USY as a catalyst at 100 bar and 380 - 410 ºC. 

This can be seen in Figure 1.21. 

 

Figure 1.21 Reaction scheme for VGO hydrocracking proposed byValavarasu et al. 
[263].  

The same model was proposed by Faraji et al. [243] for VGO hydrocracking at 

171 bar and 375 - 395 °C using a commercial catalyst based on zeolite. With the 

same argument of the cascade reactions, other authors have proposed models of a 

greater number of lumps (6-9) for VGO hydrocracking [241,264,265]. 

Botchwey et al. [266] proposed another kinetic model for the hydrocracking of 

gas oil (Figure 1.22) where they distinguished between hydrogenation reactions 

(solid lines) and cracking reactions (broken lines), which allowed applying the 

model under different conditions: hydrotreating (reactions 1-7) at temperatures 

between 340-390 ºC, and mild hydrocracking (reactions 1-9) between 390-420 ºC. 

 

Figure 1.22 Reaction scheme of Botchwey et al. [266]. 

 

Ayasse et al. [258] studied the hydrocracking kinetics of residues using a 

modification of the kinetic model proposed by Mosby et al. [267]. They proposed 

the 7-lumps kinetic model shown in Figure 1.23. 
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Figure 1.23 Reaction scheme proposed by Ayasse et al. [258] for the joint 
hydrocracking of residue and VGO. 

The most widely used model for the hydrocracking of heavy oil fractions was 

a scheme of cascade reactions proposed by Sánchez et al. [268]. The scheme 

comprise serial and parallel reactions from heavier to lighter products grouped in 5 

lumps and connected by 10 reactions as shown in Figure 1.24. The model was used 

for the kinetic modeling of vacuum residue hydrocracking of Maya crude oil in a 

fixed bed reactor at 70 bar and 380 - 420 ºC using a commercial Ni-Mo catalyst. 

 

Figure 1.24  Reaction scheme for vacuum residue hydrocracking from Maya crude 
oil, adapted from Sanchez et al. [268]. 

This model has been used by a large number of authors in the literature to 

carry out kinetic studies under similar [245,269–271] and different operating 

conditions and also with different feedstocks, which supports its great versatility. 
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In fact, although the catalytic and thermal reactions follow different 

mechanisms, the same kinetic model was used to represent the non-catalytic 

hydrocracking of an atmospheric residue of a Maya crude oil in a pilot-scale fixed-

bed reactor unit operating at 100 bar and 380 - 420 ºC by Ramírez et al. [272]. Huang 

et al. [273] presented the same 5-lumps model to describe the hydrocracking of an 

Iranian heavy crude at 90 bar and 405 - 435 ºC in a CSTR reactor using oil dispersed 

catalysts. A similar approach was followed by Loria et al. [274], who proposed a 

5-lumps kinetic model for the hydroprocessing of an Athabasca bitumen carried out 

in a pilot plant with a plug-flow reactor at 27 bar and 320 - 380 ºC, using oil 

ultra-dispersed catalysts. 

More examples of this model can be found in the literature. Álvarez et al. 

[275] proposed the same 5-lumps kinetic model for the hydrocracking of an 

atmospheric residue of a light Arabia crude and a vacuum residue of a Safaniya 

crude in a semi-discontinuous CSTR reactor at 150 bar and 420 - 440 °C. Garcia et al. 

[276] also presented the same 5-lumps model for the hydrocracking of a Maya 

vacuum residue in a CSTR at 100 bar and 350 - 370 ºC using a liquid catalyst. Pham 

et al. [277,278] have used this 5-lumps model for the slurry phase hydrocracking of 

vacuum residue and for kinetic modeling of asphaltene placed in a batch reactor 

with a commercial slurry-phase catalyst. Umana et al. [279] also used a similar 

model for hydrocracking of vacuum residue, and Martínez and Ancheyta [270] for 

hydrocracking of atmospheric residue. Chen et al. [280] used a similar 5-lumps 

model for coal tar hydrocracking. On the other hand, Félix and Ancheyta [281] 

based on the original model of Sanchez et al. [268], simplified the model by 

eliminating the gases lump and they used it to predict the yields of the mild 

hydrocracking of a vacuum residue of a Maya crude at 39 bar and 360 - 400 ºC, as 

observed in Figure 1.25(a). 
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Figure 1.25 Reaction scheme for vacuum residue hydrocracking proposed by Félix 
and Ancheyta [281]; (b) Manek and Haydary [282]; and (c) Puron et al. [244]. 

Since coke is a sub-product of great importance in the evolution of 

hydrocracking reactions, several authors have considered it in the reaction scheme. 

For example, Manek and Haydary [282] included a sediment lump in which coke is 

encompassed, as shown in Figure 1.25 (b). In addition, Quitian and Ancheyta [245] 

highlighted the validity of the model proposed by Sánchez et al. [268], shown in 

Figure 1.24, for those reactions where there is a large formation of coke. As is 

known, coke is formed mainly by the polymerization of polyaromatic hydrocarbons 

(PAHs) on the surface of the catalyst. 

Additionally, Puron et al. [244] highlighted that there is a continuous mass 

transfer between coke and the liquid phase and consequently, they proposed that it 

is formed by a non-reactive part that is strongly adsorbed on the acid sites (also 

known as hard coke) and on the other hand, it can be desorbed (called soft coke). That 

is why, in their model of 2 liquid lumps plus coke and gas, Puron et al. [244] 

proposed reversible reactions between coke and liquid lumps, as shown in Figure 

1.25 (c). Thus, k3 and k8 reactions of this model take into account the formation of 

both types of coke from the liquid, while k4 and k9 reactions represent the 

desorption of soft coke. Furthermore, from the results obtained in the 

aforementioned reference (k6, k8 and k9 are 0), it was concluded that the coke 

exclusively interacted in a reversible way with the heavy fraction of the liquid and 

that no gas was generated from coke. 

In line with the previous discussion, several authors concluded that coke was 

only produced from the heaviest lumps. For example, Asaee et al. [246] proposed a 

6-lumps model for the hydroconversion of a vacuum residue in a batch reactor at 70 

bar and 390 - 435 ºC using a dispersed catalyst. This model is shown in Figure 1.26, 

(a)

(b)

(c)
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there coke was produced starting from the heaviest lumps (atmospheric gas oil, 

VGO and vacuum residue), and after mathematical adjustment, it was determined 

that it was only produced from VGO and VR. Even experiments carried out with 

only VGO have reached the same conclusion, establishing that the contribution in 

the formation of coke of light products such as distillates, naphtha and gases is 

negligible [242,283,284]. 

 

Figure 1.26 Reaction scheme for vacuum residue hydroconversion from vacuum 
residue proposed by Asaee et al. [246].  

Finally, the most recent models for the VGO hydrocracking have been 

reported by Al-Attas et al. [241], Al-Rashidy et al. [282] and Bdwi et al. [284]. These 

authors have studied the effect of adding an ultra-dispersed catalyst to a 

conventional supported catalyst in a slurry-type batch reactor. In the three 

references, the reactions are carried out at pressures between 80-85 bar and at 

temperatures of 390 - 450 ºC, feeding VGO from Saudi crude. Furthermore, the 

proposed reaction scheme, shown in Figure 1.27, turns out to be the same. The 

model, with 5 lumps, includes VGO, distillates, naphtha, gases and coke, and 

considers that cascade reactions occur except for the production of gases from 

distillate. Also, the model foresees that coke formation comes only from VGO, as 

previously indicated. 

 

Figure 1.27 Reaction scheme for VGO hydrocracking proposed by Al-Attas et al. 
[242]. 
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However, all the previously mentioned studies only take into account the 

catalytic reaction. Nevertheless, the thermal reactions are not negligible at the 

operating conditions studied. There are some authors that have studied only the 

thermal decomposition (without catalyst) of heavy residues under nitrogen at 

temperatures between 300 - 350 ºC at atmospheric pressure [285], at 430 ºC and 

10 MPa [286] and also under hydrogen atmosphere between 380 - 430 ºC at 80 bar 

[245,277]. Besides, the last authors also compare the kinetic model of thermal and 

catalytic hydrocracking. De Almeida and Guirardello [287] worked in the 

hydroconversion of Marlin vacuum residue and proposed a 5-lumps kinetic model 

(Marlin crude oil, vacuum residue, gasoil, diesel and naphtha+gas) where thermal 

and catalytic reactions take place simultaneously. Therefore, a robust model that is 

closer to reality is obtained. Their reaction scheme is depicted in Figure 1.28. 

 

Figure 1.28 Thermal and catalytic reaction scheme proposed by De Almeida and 
Guirardello [287]. 

 

1.5.1.2 HDPE reaction scheme 

A literature review has been carried out to learn about the application of 

lumps modeling to plastics hydrocracking, finding only two references [21,288]. In 

fact, Munir et al. [21], in their detailed review on the state of the art of plastics 

hydrocracking, indicated that studies of this type are practically non-existent and 

highlighted the kinetic study proposed by Ramdoss and Tarrer [288]. They studied 

the kinetics of non-catalytic thermal hydrocracking of a mixture of plastics. This 

blend is composed mainly of polyethylene and polypropylene with a C/H ratio of 

6.17 (84.6 wt% C, 13.7 wt% H, 0.65 wt% N and 0.01 wt% S). The reactor used was a 

tubing-bomb type micro-reactor. It was operated in presence of H2 at 7.9 bar and 

475 - 525 °C. The proposed reaction scheme considers the plastic hydrocracking as a 

cascade model of 5-lumps, plastic and four pseudo-products, which are: heavy 

distillate (H= heavy oil), light distillate (L= light oil), gas (G) and coke (C). The light 
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distillate lump would encompass the LCO and naphtha fractions in one group. The 

model is shown in Figure 1.29. 

 

Figure 1.29 Reaction scheme for HDPE hydrocracking proposed by Ramdoss and 
Tarrer [288] and collected by Munir et al. [21]. 

The plastic cracks producing heavy distillate, light distillate and gases in 

parallel. The heavy distillate is cracked, in turn, to produce light distillate, gas and 

coke fraction. Lastly, the light distillate would produce gases and also coke. In this 

model it is considered that coke formation occurs from heavy distillate (H) and 

light distillate (L) and that it would not occur directly from plastic (P). 

The results of the kinetic constants obtained showed that the most important 

reactions are those that generate heavy distillate (k1) and light distillate (k2) from 

plastic and to a lesser extent the generation of gases (k3). Specifically, it is observed 

that the cracking of plastic to gases (k3) depends to a greater extent on temperature, 

being very similar to k2 only at higher temperatures (525 ºC). 

If this lumps kinetic model for plastic hydrocracking is compared with the 

model of VGO hydrocracking, there is a great similarity once the plastic is 

transformed into distillates. A cascade reaction scheme (series–parallel) is carried 

out from the heaviest to the lightest products. Furthermore, the plastic kinetic 

model contemplates that coke can be produced from both heavy and light distillate. 

Furthermore, this model also does not contemplate the reversibility of coke 

formation. 

 

1.5.2 Continuous lumps models 

Simplicity is the main advantage of the discrete lumping approach. However, 

increasing the number of lumps increases the number of kinetic parameters 

notoriously. To avoid defining a large number of k values, it would be more 

practical to define a continuous function relating the reactivity of the i-type species 

to one of its properties. Then, the continuum lumping assumes that the properties 
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of each individual component (e.g., reactivity, concentration, volatility) are 

described through suitable component indexes, such as the boiling point or the 

molecular weight: the methodology is particularly useful when the number of 

components is large (usually greater than twenty) [289]. 

Laxminarasimhan et al. [290] developed a model based on the continuous 

lumping theory to describe the hydrocracking of vacuum gas oil and proposed a 

model formulation to determine the concentration distribution of the reaction 

mixture at any given residence time. In this theory, the blend is considered to form 

a continuous blend with respect to its species type, boiling point, molecular weight, 

etc. The model considers properties of the reaction blend, the reaction pathways 

and the associated selectivity of the reactions. 

The parameter that characterizes the mixture is the true distillation curve or 

TBP (True Boiling Point). The main concept in this formulation is that rate constant 

of hydrocracking is assumed as a monotonic function of the TPB, and the mass 

balance equations are reformulated by considering the reaction rate constant as a 

continuous variable. During the reaction, the distillation curve of the blend changes 

continuously in the reactor and with increasing residence time most of the heavier 

components become lighter components. A normalized TBP curve as a function of 

an index () is used instead of the TBP curve. If C(,t) is the value of the 

concentration distribution function corresponding to a normalized TBP  for a 

given time t, C(,t). The d will be a fraction of the species with a corresponding 

boiling point to the normalized interval TBP from  to +d 

  
        

         
 (1.1) 

where TBPmax and TBPmin respectively represent the maximum and minimum 

possible boiling points of the blend corresponding to the lightest and heaviest 

components present in the reaction media. 

Now, it is required to define the transformation function from the normalized 

TBP,  , and the species reactivity, k (the reaction rate constant). This transformation 

can be described as a monotonic power law type [290]: 

 

    
      (1.2) 

where k is the reactivity or rate constant, kmax is the reactivity of the species with the 

highest TBP, namely,   = 1, and  is a model parameter.  

The equations of the model are formulated as a function of reactivity 

according to the procedure proposed by Chou and Ho [291]. For an instant t: 
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                         (1.3) 

To express the equation with k as the independent reactivity, a transforming 

operator is needed. D(k) can be considered as a species-type distribution function. 

D(k).dk indicates the number of species with reactivity between k and k+dk. This 

approach has the advantage that there is no concentration distribution function, 

where c(k,t) is the concentration of the component with reactivity k. 

Then, the concentration distribution function C(,t) must pass into the 

functional form c(k,t). The species-type distribution function D(k) can be considered 

as a Jacobian transformation of coordinates i - k (where i is the index of the species) 

and can be represented as: 

     
  

  
 

  

  
 
  

  
 (1.4) 

By definition of the pseudocomponents with respect to , the species indices i 

are equally spaced in the i axis. Assuming the total number of species in the 

mixture is N (N → ∞), the di/d term can be approximated to N. In addition, the 

d /dk term can be obtained by differentiating eq (1.2). Hence, D (k) becomes: 

     
  

    
       (1.5) 

The core of the model is a mass balance of species with k reactivity, which can 

be expressed with the integrodifferential equation: 

       

  
                                

    

 
 (1.6) 

where p(k,K) is the yield distribution function that determines the amount of 

species formed with k reactivity from the hydrocracking of species with reactivity 

K. The above equation can be solved numerically if we have the function p(k,K). 

This function p(k,K) must satisfy the following conditions: 

(i) The value of p(k,K) must be 0 at k = K, since the reactivity species k cannot 

be cracked to give itself. p(k,K) = 0 for k > K, since in hydrocracking there is 

no dimerization, etc. 

(ii) p(k,K) must satisfy the following mass balance criterion: 

              
 

 
   (1.7) 

(iii) p(k,K) must be a finite, small value and not zero when k = 0, which is given 

because when a component of reactivity K cracks, even the least reactive 

compounds are formed, although if they are traces. 

(iv) p(k,K) must always be positive. 
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This distribution function can be approximated in the model by a skew-

Gaussian distribution function, obtained from experimental data based on the 

reactivity of various model compounds. 

       
 

     
       

 
 

 
 
  
    

  
 

 

       (1.8) 

where:                          
 
 (1.9) 

      
 

 
  (1.10) 

Parameters a0, a1 y  are specific to each system and are adjustable. The 

parameters a0 and a1 determine the location of the maximum reactivity in the 

interval k∈ (0,K). δ is another model parameter, which accounts for the fact that 

p(k,K) should be a finite small quantity when k = 0. The term A, defined by eq. (1.9), 

comes from the condition p(k,K) = 0 when k = K. The parameter S0 defined in eq. 

(1.8) is estimated as follows: 

   
 

   
        

 
 

 
 
  
    

  
 

 

              
 

 
 (1.11) 

The distribution function chosen satisfies the four criteria set out above. The 

continuous lumping model formulated above consists of five parameters: kmax, , a0, 

a1, and  . These parameters can be estimated by fitting the experimental data to the 

model. 

The solution procedure consists of solving the integral part of the integral 

differential equation (eq. 1.6) and then evaluating c(k, t) in that differential equation 

using a technique of moving forward in time. To do this, the integral part has to be 

solved at each instant of time for the entire K space (that is, for each of the K 

species). The integration is carried out by means of a Gaussian quadrature, with 

some linearization of the function c(K, t). 

To obtain the desirable accuracy, a large number of species (pseudo-

components) should be considered (N → ). Accordingly, the K plane is divided in 

N nodes (the TBP experimental data (in the range from TBPmin to TBPmax) is divided 

into N equally spaced divisions), and the difference equation for any i-th node and a 

time differential t, assuming a linear interpolation for the function c(K, t) between 

two successive nodes, is written as: 
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The initiation of the numerical solution in this case occurs at the N-th node 

(the one with the highest reactivity) since these molecules only disappear, they are 

not formed. Then for each time increment: 

tk
NN

Ne).tt,k(c)t,k(c


  (1.15) 

where kN = kmax. 

The above equation is solved for all nodes and time increments to obtain 

c(k,t). The solution can be integrated to find the yield of a particular fraction (given 

in the TBP) based on: 


2

1

k

k2,1 dk).k(D).t,k(c)t(C  (1.16) 

where k1 and k2 correspond to the reactivities at the initial and final boiling points 

of the cut of interest, and C1,2(t) is the weight fraction of the desired cut. The 

solution method is efficient and easy to implement. 

Lababidi and AlHumaidan [292] studied the hydrocracking associated with 

the hydrotreatment of atmospheric residue (AR) for three types of conventional 

hydrotreating catalysts (hydrodesulfurization (HDS), hydrodemetalization (HDM), 

and hydrodenitrogenation (HDN)) at three space velocities and three operating 

temperatures and they developed a kinetic model based on the continuous lumping 

approach. The developed continuous lumping models predicted the concentration 

profile of the complete true boiling point (TBP) range with reasonably high 

accuracy. 

Adam et al. [289] applied the continuum lumping methodology to the 

hydrocracking of Fischer–Tropsch waxes (n-paraffins). They investigated the role of 

the type-distribution function by employing two expressions of such function and 

by studying how it affects the model predictions. The results were not very 



Introduction 

60  

conclusive. Increasing the temperature and the residence time resulted in an 

increase of the error percentage between the model and experimental data, perhaps 

due to that the model included only hydrocracking reactions. 

Elizalde and Ancheyta [293] studied the kinetics of the hydrocracking of 

residue and catalyst deactivation by using the continuous kinetic lumping 

approach. They found that the parameters of the continuous kinetic model showed 

dependence with time on stream and temperature, confirming the fact that these 

parameters are a function of catalyst activity. 

Narasimhan et al. [294] and Basak et al. [295] extended the model explained 

above for the case of blends divided into continuous mixtures of paraffinic, 

naphthenic and aromatic components. In addition to the hydrocracking reactions 

that form compounds within the same family, this model contemplates the 

formation of paraffins from naphthenes, of paraffins from aromatics, and of 

naphthenes from aromatics. The models require the definition of a concentration 

function, a reactivity function, and a species distribution function for each family of 

compounds, as well as 6 different product distribution functions. 

Recently, Becker et al. [296] have proposed a continuous lumps model, with 

distinction between three families (paraffins/naphthenes/aromatics, PNA). The 

hydrocarbon mixture is also considered as continuous distribution of true boiling 

point (TBP). The network of continuous lumping model with PNA families, in 

addition to the hydrocracking reactions that form compounds within the same 

family, contemplates also the formation of paraffins from naphthenes and of 

naphthenes from aromatics. The model is similar to that proposed by 

Laxminarasimhan et al. [290] but with two important improvements: i) several 

chemical families as paraffins, naphthenes and aromatics are taken into account, 

and ii) inhibitors effects such as nitrogen and the partial pressure of ammonium are 

taken into account. The distribution of paraffins, naphthenes, and aromatics with 

TBP is required as input for the model. They measured the PNA content of 

predefined cuts (<150, 150–250, 250–370, and >370 ºC) and this allowed the 

distillation curves of the three families to be reconstructed by fitting a Weibull 

distribution to the data [297]. In total, this model requires 28 empirical parameters 

to be identified. 
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2 EXPERIMENTAL

2.1 FEEDS  

2.1.1 Vacuum gasoil (VGO) 

The VGO (Vacuum Gas Oil) has been supplied by Petronor S.A. refinery 

(Muskiz, Vizcaya). It is a mixture of gas oil from different refinery units, most of the 

VGO comes from the vacuum distillation unit but it has small amounts of gas oil 

from visbreaking and coking units. This gas oil has been previously desulfurized, 

so it has low sulfur concentration (510 ppm), which is shown in Table 2.1 together 

with other physicochemical properties of VGO.  

 

2.1.2 HDPE pyrolysis oil 

The pyrolysis oil from HDPE (PO) has been provided by Gaiker Technology 

Center. PO comes from HDPE pyrolysis in a PARR autoclave reactor model 4570 

operating in a discontinuous regime. The reaction system consists of an AISI 316 

stainless steel tank with a useful volume of 2 L, an electric heating jacket and an 

internal coil where open water system is used as a cooling system. The reactor can 

operate up to 500 °C and 80 bars. The PO was obtained at atmospheric pressure and 

430 °C for 38 min of reaction time under N2 atmosphere. The main physicochemical 

properties of PO are shown in Table 2.1. 

 

2.1.3 High density polyethylene (HDPE) 

Polyethylene is a linear homopolymer made up of ethylene olefin monomers 

(ethene) as depicts Figure 2.1. High-density polyethylene (HDPE) has low 

branching degree in comparison with low density polyethylene (LDPE) [298,299]. 

For the present study, the HDPE was supplied by Dow Chemical Iberica 

(Tarragona) in the form of pellets of approximately 4 mm. Before being used, these 

pellets have been grinded (dP < 0.5 mm) under cryogenic temperature. The 

physicochemical properties are collected in Table 2.1. 

 

Figure 2.1 Ethylene molecule and polyethylene chain. 

Ethylene Polyethylene
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2.1.4 Polypropylene (PP) 

Polypropylene (PP) is a polymer made up of propylene (propene) monomers 

(Figure 2.2). For the present study the PP was also provided by Dow Chemical 

Iberica (Tarragona) in pellets form of 4 mm and it was also grinded under the same 

conditions (dP < 0.5 mm) before being used. This physicochemical properties are in 

Table 2.1. 

 

Figure 2.2 Polypropylene molecule and polypropylene chain. 

 

  

PolypropylenePropylene
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2.2 FEEDS CHARACTERIZATION 

Table 2.1 shows the main physicochemical properties of the feeds. The VGO 

and PO densities have been measured experimentally. To obtain this value, a 10 mL 

pycnometer was filled with the feed and weighted in a precision balance. The 

measure was done by tripled and the average value is depicted in Table 2.1. 

Table 2.1 Main physicochemical properties of the feeds. 

Properties VGO PO HDPE PP 

Physical properties 
    

density at 25 °C (g mL−1) 0.89 0.82 0.94 0.89 

viscosity at 37.8 °C (cSt) 34.2 2.82 − − 

av. molecular weight (g mol−1) 377 212 46200 50000 

higher calorific value (MJ kg−1) 52 43 50 50 

Simulated distillation (°C) 
    

IBP−FBP 156−519 69−513 − − 

T50−T95 415−491 306−479 − − 

Distillation fractions (wt%) 
    

naphtha (< 216 °C) 0.17 26.5 − − 

LCO (216−350 °C) 4.48 33.1 − − 

HCO (> 350 °C) 95.4 40.4 − − 

Elemental analysis (wt%) 
    

C  87.3 79.0 85.7 85.7 

H 12.5 12.5 14.3 14.3 

N  − − − − 

O − 8.50 − − 

S (ppm) 510 − − − 

Composition (wt%) 
    

paraffins 14.0 28.3 − − 

naphthenes 35.3 3.06 − − 

olefins − 53.9 − − 

1−ring aromatics 20.3 6.82 − − 

2−ring aromatics  12.4 4.06 − − 

3+−ring aromatics  15.8 3.82 − − 

Sulfur compounds 2.3 − − − 
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The kinematic viscosity has been obtained experimentally. For this, a 

Ubbelohde-Viscometer 53823 type IIC placed inside a thermal bath, was used. The 

sample (VGO or PO) is loaded in the viscometer and waits until reach the requiring 

temperature (37.8 ºC). Subsequently, the time required for the sample to pass 

through the viscometer is taken. This measurement has been repeated 6 times. The 

average of these 6 measurements is the one used to calculate the viscosity according 

to the eq. (2.1). In this equation, the viscosity is calculated in centistokes (cSt) and it 

is equal to a constant K (which depends on the capillarity of the viscometer and it is 

tabulated) multiplied by the difference between the average time in the speed test 

(the average time in seconds, t) and the correction factor (v, in seconds) which is 

typical of the viscometer model and the measurement time (provided by 

Ubbelohde).  

( )v K t    (2.1) 

The average molecular weight for VGO and PO has been calculated using the 

procedure for molecular weight of heavy petroleum fractions described in section 

2B2.3 of the American Petroleum Institute (API) Technical Data Handbook, which 

allows estimating this value for a mixture of heavy hydrocarbons. As it is explained 

in this procedure, it is necessary to know the viscosity of the fractions at 100 and 

210 ºF. Therefore, the procedure 11A4.2 in API Technical Data Handbook was used 

for estimating the liquid viscosity of undefined mixtures as a function of 

temperature at low pressure.  

The higher calorific value (HCV) has been determined with the Dulong 

formula (eq. (2.2)) for all the feedstocks. This equation takes into account the 

elemental composition of the feed (Carbon, Hydrogen, Oxygen and Sulfur) to 

estimate the HCV.  

0.01 8.08  34.5  2240 
8

O
HCV C H S

  
     

  
 (2.2) 

where elements (C, H, O and S) are in weight percentage and HCV is obtained in 
kcal/kg. 

 

2.2.1 Composition 

2.2.1.1 Vacuum gas oil (VGO) 

The VGO composition was determined by Repsol S.A. in Móstoles 

Technology Center following the ASTM D2786 standard. The analysis was 

performed by ionizing high voltage mass spectrometry and the results are shown in 
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Table 2.1. Eighteen types of compounds have been identified, which have been 

grouped according to their nature (14 wt% paraffins, 35.3 wt% naphthenes, 

48.5 wt% aromatics and 2.3 wt% sulfur compounds). 

 

2.2.1.2 Plastic pyrolysis oil (PO) 

The HDPE pyrolysis oil (PO) composition was determined by bi-dimensional 

chromatography on an Agilent Technologies 7890A Gas Chromatograph coupled 

with an Agilent Technologies 5975C XL on-line mass spectrometer. The gas 

chromatograph consists of: (i) two columns: a non-polar DB-5 ms J&W 122-5532 

(length 30 m; internal diameter 0.25 mm; thickness 0.25 µm) and a polar HP-

INNOWAS (length 5 m; internal diameter 0.25 mm; thickness 0.15 µm), (ii) an 

Agilent Technologies 7683B autosampler, and (iii) a flame ionization detector (FID). 

The method used for the analysis is shown in Table 2.2. 

Table 2.2 GC method used to analyze the HDPE pyrolysis oil (PO) composition in a 
GCxGC-MS. 

Section Variable Value 

Oven 

T0 (ºC) 50 

t0 (min) 1 

R1 (ºC min-1) 2 

T1 (ºC) 260 

t1 (min)  40 

Injector 

T (ºC) 300 

P (bar) 1.83 

1st  column flow (mL min-1) 0.75 

2nd column flow (mL min-1) 35 

Split ratio  50:1 

FID 

T (ºC) 350 

H2 Flow (mL min-1) 20 

Air Flow (mL min-1) 450 

Make up Flow (mL min-1)  20 

 

Figure 2.3 shows a section of a typical bi-dimensional chromatogram for PO, 

where on the ordinate axis (x) the compounds from lowest to highest boiling point 

can be observed from left to right. On the abscissa axis (y), the compounds from the 

highest to the lowest polarity are shown from the lower zone to the upper zone. In 

such way, compounds can be separated according to their nature (paraffins, olefins, 

naphthenic and aromatics). Furthermore, the MS ease the identification task. 
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Figure 2.3 A fraction of the PO chromatogram using bi-dimensional 
chromatography where they can be observed i-paraffins (i-P), n-paraffins (n-P), 
naphthenics (N), olefins (O) and aromatics (A). 

The results of the analysis are shown in Table 2.1. Most of hydrocarbons are 

olefins followed by paraffins, aromatics and naphthenic (53.9, 28.3, 14.7 and 3.1 

wt%, respectively). The distribution is very different in comparison with VGO, 

which is mainly made of aromatics and naphthenes.  

 

2.2.2 Elemental analysis 

Elemental analysis has been carried out at the SGIKER service at the 

University of the Basque Country (UPV/EHU). A LECO apparatus with two 

modules has been used: (i) TruSpec CHN Macro that determines the content of C, 

H and N and (ii) TruSpec S for the content of S. The analysis consists of 3 stages: 

purge, combustion and analysis. Therefore, after the purge stage, the sample is 

burned in a furnace at 950 ºC in oxygen atmosphere. Then, collected gases are 

measured via infrared (IR), H2O detector and a thermal conductivity detector (TCD) 

to determine the C content, the H content and the N content in the sample. 

Furthermore, TruSpec S module has a high sensitivity IR-detector for SO2 analysis. 

The amount of oxygen is calculated by difference and results are shown in Table 

2.1. 

The results from the analysis depict that the composition of both plastics are 

quite similar and that none of them has N nor S. The PO has the lowest C and H 

content, has a small amount of oxygen and also has no N or S. Finally, the VGO 

n-Pi-P N O

A
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displays the highest C content. Besides, 510 ppm of sulfur remains in this feedstock 

although it was previously hydrotreated. 

 

2.2.3 Simulated distillation 

Simulated distillation is a test that emulates a real distillation and makes it 

possible to know the distillation curve of a stream. Simulated distillation of VGO 

and PO has been performed in accordance with ASTM-D2887. The tests were 

performed on an Agilent 6890 Series GC System chromatograph with a flame 

ionization detector (FID) and a Simdis D-2887 Fast/ext column of 10 m x 0.53 mm x 

0.88 m. The analysis method is shown in Table 2.3. 

Table 2.3 Conditions of the method used for simulated distillation analysis.  

Section Variable Value 

Oven 

T0 (°C) 40 

t0 (min) 5 

R1 (°C min-1) 10 

T1 (°C) 125 

t1 (min) 0 

R2 (°C min-1) 5 

T2 (°C) 155 

t2 (min) 0 

R3 (°C min-1) 10 

T3 (°C) 300 

t3 (min) 30 

Injector 

T (°C) 350 

P (bar) 0.078 

Column flow (mL min-1) 9.4 

Split ratio 2.5:1 

FID 

T (°C) 320 

H2 flow (mL min-1) 40 

Air flow(mL min-1) 450 

Make up flow (mL min-1) 20 

 

The VGO and PO chromatograms are shown in Figure 2.4a. It can be seen that 

compounds in PO appear since lower retention times while, the first peaks in VGO 
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arises after 20 min, denoting its heavier nature. Figure 2.4b shows the simulated 

distillations curves after processing the chromatographic signals; where the 

percentage of distillate (in mass fraction) versus the temperature is plotted. Results 

(collected in Table 2.1), display the percentages of naphtha (boiling range <212 ºC), 

light cycle oil (LCO) (boiling range 212-343 ºC) and heavy cycle oil (HCO) (boiling 

range> 343 ºC). 

There is a big difference between PO and VGO distillation curves, since VGO 

is much heavier than PO. The PO contains a greater amount of light compounds 

and more than 59 wt% of the distillate is obtained at temperatures below 343 ºC. For 

VGO, however, less than 5 w% of the distillate is obtained below that temperature. 

 

Figure 2.4 Chromatograms (a) and simulated distillation curves (b) for VGO and 
PO. 

 

2.2.4 Thermogravimetric analysis (TGA) 

The feedstocks were pyrolyzed at programmed temperature to study their 

thermal decomposition. This analysis records the mass loss when temperature rises 

with a programmed ramp. The equipment used is a TGA Q5000-IR TA Instruments 

thermobalance. After loading the sample (around 10 mg), air was purged in an 

inertization step passing 50 mL min-1 of nitrogen while the temperature was 

stabilized at 40 ºC. Then, maintaining the nitrogen flow (50 mL min-1), temperature 

was risen up to 800 ºC (using a ramp of 5 ºC min-1) and held for 10 min. 

Figure 2.5a shows the weight loss of the samples with temperature, thus, the 

temperature at which degradation of the samples begins. The PO contains volatile 

compounds and therefore a mass loss is seen almost from the beginning of the 

analysis. However, a certain temperature is required for other samples to start the 
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decomposition: 125, 380 and 410 ºC for VGO, PP and HDPE, respectively. So, HDPE 

shows the highest thermal resistance. The temperature at which each sample 

completes the pyrolysis is, approximately, 275 ºC for PO and VGO and around 500 

ºC for PP and HDPE. 

 

Figure 2.5 Thermogravimetric analysis (TGA) of feedstocks: (a) weight loss and (b) 
weight loss derivative.  

Figure 2.5b displays the weight derivative signal (DTG) when temperature 

increases. The peak maximum in Figure 2.5b corresponds to the temperature at 

which the degradation rate is the highest. PO shows a broad profile due to its 

heterogeneous complex composition and its wide boiling point range (shown in the 

simulated distillation). The VGO begins to crack a temperature higher than PO. 

Furthermore, the derivative weight depicts a more defined peak with a maximum 

at 224 ºC. Nevertheless, the peak maximum take place a temperature lower than 

that obtained with plastics. Among plastics, PP is the first one to begin to pyrolyze. 

It has a narrow and sharp DTG profile with a maximum at 465 ºC. Finally, HDPE 

requires the highest temperature to be pyrolyzed (484 ºC) and the DTG profile is 

also slim and sharp.  
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2.3 CATALYSTS 

Six catalysts have been used in the screening step that is carried out in section 

3.2. Three of them are commercial catalysts: CoMo/Al, NiMo/SiAl and NiW/HY, 

which are commonly used in refinery process for lighten oil fractions (NiW/HY), 

sulfur removal (CoMo/Al) and hydrodearomatization (NiMo/SiAl catalyst) 

[150,300]. On the other side, a PtPd/HY catalyst has been in-house prepared via ion 

exchange using a ultrastable zeolite and following the procedure described in 

literature [108] for synthesis of the PtPd/HY catalyst and summarized in Figure 2.6. 

Besides, NiW/SiAl also was in-house prepared trough the synthesis of SiO2-Al2O3 

and a subsequent wet impregnation following the procedure explained in Figure 

2.7. Furthermore, NiW/MCM-41 was in-house prepared through the wet 

impregnation of Ni and W on commercial MCM-41 support following the same 

procedure for the preparation of NiW/SiAl catalyst (Figure 2.7). 

 

Figure 2.6 Scheme of the synthesis procedure of PtPd/HY catalyst. Adapted from 
Castaño et al. [140]. 

The zeolite HY used (ultrastable zeolite CBV712) is supplied by Zeolyst 

International in the ammonium form with a SiO2/Al2O3 ratio of 12. Metals have 

been incorporated starting from two aqueous solutions, Pt(NH3)4(NO3)2 (Alfa 

Aesar) and Pd(NH3)4(NO3)2 (Strem Chemicals), diluted in double distilled water 

until obtaining a Pt and Pd concentration of 2500 ppm for each one. 

Before incorporating the metals, the support has been calcined to obtain the 

acidic form according to the following steps: (i) 2 h at 400 °C (5 °C min−1), (ii) 15 h at 

500 °C (5 °C min−1), and (iii) 2 h at 550 °C (5 °C min−1). Then, the powder of HY 

Pd(NH3)4 (NO3)2

Dilution
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Stirring (24 h)
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+
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support is suspended in double distilled water (10:1 water:support) at 80 ºC. 

Furthermore, the pH is measured and controlled at pH = 7 by adding NH3 or 

NH4NO3 solution drops when necessary. Subsequently, to add the desired amount 

of metals, the required amount of aqueous solutions is dropwise added to the 

diluted support. Once adsorption equilibrium has been reached (~24 h), a rotavapor 

removes the excess water. After that, catalyst is dried in an oven at 110°C for 24 h 

and finally calcined at 450 °C for 2 h following a temperature ramp of 5 °C min-1.  

The synthesis of the support (SiO2-Al2O3) of the NiW/SiAl catalyst and metal 

impregnation is depicted in Figure 2.7. 

 

Figure 2.7 Scheme of the synthesis procedure of NiW/SiAl catalyst. 

In order to obtain 300 g of SiO2-Al2O3 at 15 wt% of Al2O3, first a solution of 

Al2(SO4)3·18H2O (Probus) at 10% by weight has been prepared and the silica gel 60 

(Merck) has been sieved until obtaining 255 g of SiO2 with a particle size of 0.25-0.35 

mm. The SiO2 was then introduced into a 2 L balloon and connected to the rotary 

evaporator, while the burette was filled with the previously prepared 

Al2(SO4)3·18H2O solution and coupled to the inlet valve of the rotary evaporator. 

The rotary evaporator (60 ºC) was started and the silica gel was impregnated with 

the Al2(SO4)3·18H2O solution, keeping it constantly wet in order to guarantee the 

homogeneous impregnation of the solid. Once all the solution has been added and 
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evaporated, in order to extract the Al3+ that has not managed to penetrate the 

structure of the silica gel, it has been immersed in a solution of NH4OH (3 N) in 

which these ions precipitate in the form of Al(OH)3. To guarantee its elimination, 

the solution was stirred for 12 h. After 12 h, it was filtered under vacuum and 

washed with abundant distilled water until the conductivity of the solid was less 

than 50 µS; then it was dried 24 h in an oven at 110 ºC and calcined for 2 h in a 

muffle at 550 ºC. Finally, the 2 wt% of Ni and 18 wt% of W addition was through 

wet impregnation. Two solutions from Ni(NO3)2 and (NH4)6H2W12O40 were 

prepared and added to SiAl in a beaker which was heated at 60 ºC and stirred in a 

hot plate. After 12 h, the powder was dry in an oven at 110 ºC during 24 h, and the 

catalyst is ready to tableting and sieving. 

 

2.3.1 Catalysts characterization 

2.3.1.1 Adsorption-desorption isotherms of N2 

The textural properties of the catalysts (specific surface, pore volume and 

pore size distribution) have been determined from the adsorption-desorption 

isotherms of N2 at -196 ºC, using a Micromeritics ASAP 2010 apparatus. The 

experimental methodology implies a pretreatment where the sample is degassed at 

150 ºC for 8 h under vacuum conditions (2 10-3 mmHg), to eliminate any impurities, 

followed by the adsorption-desorption of N2 (99.9995 % purity) in multiple 

equilibrium stages of relative pressure from 0.01 to 1, until the sample reaches the 

saturation point at cryogenic temperature (liquid N2). 

The specific surface area (SBET) is calculated according to the BET equation 

(Brunauer-Emmett-Teller) in the range of relative pressures (P/P0) between 0.01 

and 0.2. The micropore area (Smicro) has been determined by the t-method, which is 

based on the Harkins-Jura equation. Finally, the mesopore surface (Smeso) was 

determined by the difference of SBET and Smicro. The pore volume distribution is 

calculated by applying the BJH method to the N2 adsorption branch. The total pore 

volume was calculated by t-plot method [301]. 

 

2.3.1.2 Inductively coupled plasma with atomic emission spectroscopy (ICP-AES) 

The metal content of the catalysts has been measured by inductively coupled 

plasma with atomic emission spectroscopy (ICP-AES) on the Geology Department 

of the Faculty of Science and Technology of the University of the Basque Country 

(UPV/EHU). It was used an X7-II Thermo quadrupole mass spectrometer (Q-ICP-

MS) from Perkin Elmer, equipped with an Xt interface, shielded torch and 
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concentric nebulizer. The equipment calibration was carried out by using 

multielemental solutions of 100 ppm. Furthermore, for the control of instrumental 

drift, a Rh solution has been used as an internal standard, which is added online. 

A mixture of HNO3:HF was added to about 50 mg of sample in closed 

containers of PFA (Savillex) for 24 hours at 90 °C. During the evaporation of the 

solution obtained, HClO4 is added to avoid the formation of insoluble fluorides. 

The residue is taken up in HCl and heated overnight at 90 ºC, then is dried and 

finally taken up in HNO3. The solution obtained has been diluted to a factor of 

1:450 in double distilled water for the determination of the metal content. 

 

2.3.1.3 Temperature-programmed-desorption of tert-butylamine (TPDt-BA) 

The acidity properties of the fresh catalysts (total acidity and acid strength) 

have been determined by adsorption and TPD/cracking profile of t-butylamine 

(t-BA), which is a suitable technique for the characterization of catalysts with low 

and medium acidity. Furthermore, t-BA has the ability of characterize strongly acid 

sites, with heats of adsorption greater than 200 kJ mol-1 [302]. The adsorption and 

TPD tests have been carried out in a Setaram TG-DSC 111 calorimeter, connected in 

line with a ThermoStar mass spectrophotometer (Balzers Instruments). Besides, the 

t-BA is injected in the system using a Harvard pump. The total acidity is quantified 

from the amount of chemisorbed base at 100 °C, in mmolt-BA gcat-1, while the acid 

strength is defined as the heat released during the adsorption of the base, kJ mmolt-

BA-1. 

The experimental procedure to carry out the differential scanning calorimetry  

of t-BA consists of the following steps: i) the sample is pretreated to eliminate water 

and possible impurities by means of sweeping with He (160 mL min-1) at 550 °C for 

30 min; ii) stabilization of temperature at 100 °C with a He flowrate of 20 mL min-1; 

iii) saturation of the sample by continuous injection of t-BA (150 µL min-1) at 100 °C; 

iv) sweep with He (20 mL min-1) at 100 °C to remove the physisorbed adsorbate; 

and v) TPD/cracking of chemisorbed t-BA through heating ramp. To follow both 

the t-BA and the cracked butene, the spectroscopic lines m/e=58 and m/e=56 were 

used, respectively. Therefore, the higher the acid strength of the active sites, the 

lower the cracking temperature of t-BA [303]. 

 

2.3.1.4 Fourier-transform infrared spectroscopy (FTIR) of adsorbed pyridine  

The nature of the acidic sites (Brønsted or Lewis) has been determined by 

Fourier-transform infrared spectroscopy (FTIR) of adsorbed pyridine. The analysis 
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has been carried out in a Thermo Nicolet 6700 apparatus, which has a Specac 

transmission catalytic chamber. 

The procedure is as follows: i) a pill from catalyst powder (~20 mg) is 

introduced into the chamber; ii) the chamber is heated up to 380 °C with a heating 

rate of 5 °C min-1 under vacuum (0.75 bar) for 30 min to remove possible impurities 

from the catalyst surface; iii) temperature is stabilized at 150 °C; iv) a pyridine pulse 

is injected, subsequently the pill is subjected to vacuum at 150 °C for 15 min to 

eliminate physisorbed pyridine and FTIR spectrum is recorded with a frequency of 

2 cm-1, repeating the cycle until the spectrum of the sample displays a saturation. 

To identify the nature of the acidic sites is necessary to analyze the bands 

related to the bonded pyridine which appears at wavelengths between 1400–1600 

cm-1 in the spectra. Specifically, Brønsted acidic sites protonate the pyridine to form 

pyridinium ions that display C–C stretching vibrational frequencies (and the 

consequent peak) at 1545 and 1634 cm-1. On the other hand, pyridine can be 

detected by the stretching of C–C bond molecularly coordinated in Lewis acid sites, 

which appears at 1455 and 1610 cm-1 [304]. Then, the spectrum taken is 

deconvoluted to know the area of these peaks (Brønsted and Lewis), which can be 

correlated with the number of micromoles of pyridine per gram of sample adsorbed 

according to Pieta et al. [305]. It has to be pointed out that for those computations, it 

is necessary to know the coefficients of molar extinction (Ø) of both IR bands, being 

1.67 and 2.22 cm µmol-1 for Brønsted and Lewis acidic sites, respectively [306]. 

 

2.3.1.5 X-Ray Diffraction (XRD) 

X-ray diffraction (XRD) analysis was also performed to characterize the 

crystalline structure of the catalysts. This non-destructive technique provides 

information on crystallographic orientation, phase identification, crystal size and 

even the Si/Al ratio in the crystal structure, among others. These analyses were 

carried out on the SGIker service at the University of the Basque Country 

(UPV/EHU) using a PANalytical Xpert PRO diffractometer, equipped with copper 

tube (λCuKαaverage=1.5418 Å, λCu Kα1=1.54060 Å and λCu Kα2= 1.54439 Å), vertical 

goniometer (Bragg-Brentano geometry), programmable divergence slit, automatic 

sample exchanger, graphite secondary monochromator and PixCel detector. The 

analyses were carried out at 40 KV and 40 mA collecting the data from 5 to 80º 

2theta.  
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2.3.1.6 X-Ray Fluorescence (XRF) 

The composition of the catalysts (Si/Al atomic ratio and total metal charge) 

has been measured on the SGIker service at the University of the Basque Country 

(UPV/EHU) using wavelength dispersion X-ray fluorescence spectrometry 

(WDXRF). A borated glass bead is prepared from the powdered catalyst sample by 

melting it in a micro-induction furnace. Merck's Spectromelt A12 flux and samples 

were mixed in a ratio of approximately 20:1. Chemical analysis of the borated beads 

was carried out under vacuum using a PANalytical Axios model spectrometer 

equipped with an Rh anode and three detectors: gas flow, scintillation and Xe seal. 

The calibration curves were established with international standards of rocks and 

minerals. 

 

2.3.1.7 X-Ray Photoelectron Spectroscopy (XPS) 

The X-ray photoelectron spectroscopy (XPS) is used to analyze the catalysts 

surface and provide qualitative and semi-quantitative elemental composition of the 

surface. In this case, the XPS analyses were conducted on the SGIKER service at the 

University of the Basque Country (UPV/EHU) with a SPECS system equipped with 

Phoibos 150 1D-DLD analyzer and Al K  (1486.6 eV) monochromatic radiation 

source. Before the analysis, the apparatus was calibrated using Ag 3d 5/2 peak 

(368.28 eV). The analysis procedure starts with a wide scan of the sample: step 

energy 1 eV, dwell time 0.1 s, pass energy 40 eV. After that, a detailed analysis of 

the detected elements was performed under the following conditions: step energy 

0.1 eV, dwell time 0.1 s, pass energy 20 eV with an electron outcome angle of 90°. 

Finally, the collected data were processed using CasaXPS 2.3.16 software that 

deconvoluted the peaks according to Gauss-Lorentzian contributions after 

subtracting the background. 

 

2.3.1.8 Transmission Electron Microscopy (TEM) 

The transmission electron microscopy (TEM) analyses have been 

performed on the SGIker service at the University of the Basque Country 

(UPV/EHU) using a SuperTwin CM200 Philips microscope (acceleration 

voltage, 200 kV; resolution, 0.235 nm) equipped with a lanthanum hexaboride 

filament and EDX microanalysis system. Before the analysis the sample 

preparation began by i) dispersion in hexanol; followed by ii) deposition and 

extension of a drop of the solution on a 300 mesh copper grid; iii) coating with a 

porous carbon film; and, iv) drying of the sample under vacuum. 
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2.3.1.9 Temperature Programmed Reduction (TPR) 

Temperature programmed reduction (TPR) has been carried out to determine 

the reduction temperature of the different metallic phases on the catalysts and 

identify possible interactions between the metallic phases and the support. This 

technique expose the catalysts to a reducing gas flow, generally H2, diluted in inert 

gas, with a linear ramp of temperature. The consumption of H2 is continuously 

measured and therefore the reduction rate of metallic species is determined. In 

addition, the TPR analysis complemented with the XRD technique allows 

identifying the possible species of reducible metals present in each catalyst. TPR 

tests were performed on an AutoChem II 2920 from Micromeritics equipped with a 

thermal conductivity detector (TCD).  

With the aim of eliminating water or any impurity, an initial sweep of the 

catalyst sample is carried out with a stream of He, heating the sample up to 200 ºC 

with a rate of 10 ºC min-1 and maintaining it for 30 min. Once the sample is 

stabilized, it is exposed to a stream of 10 vol% H2 in Ar (50 cm3 min-1) and  heated 

from room temperature to 900 °C (heating rate 5 °C min-1), continuously recording 

the TCD detector signal and temperature. Besides, a 1-propanol/N2 (liq.) cold trap 

located between the sample and the detector is used to retain the H2O that is 

formed during reduction to avoid interference in the TCD signal. 

 

2.3.1.10 Temperature Programmed Desorption of H2S (TPD-H2S) 

To obtain information on the nature and strength of the metal-sulfur 

interactions with the support, the temperature programmed desorption of H2S 

(TPD-H2S) [307] has been carried out in an AutoChem II 2920 from Micromeritics. A 

pretreatment of the sample is conducted to remove any impurities from the catalyst 

surface. Initially, the sample is swept with a stream of He while temperature is 

raised up to 300 °C (heating rate 20 °C min-1) and held 60 min. Afterwards, the 

temperature of the sample is stabilized at 50 °C and a flow of 50 cm3 min-1 of a 

mixture of H2S/H2 (10/90 % vol.) is injected with a Harvard pump until saturation 

(stabilization of the TCD signal). Following this adsorption step, the physisorbed 

H2S on the catalyst is removed with a flow of He at 50 ºC until the TCD baseline 

stabilizes. Finally, under a He flow, desorption (TPD) is carried out by heating the 

sample from the adsorption temperature (50 ºC) up to 650 ºC (heating rate 10 ºC 

min-1). The signal from the TCD detector and the temperature are continuously 

recorded. Furthermore, a 1-propanol/N2 (liq.) cold trap located between the sample 

and the detector is used to retain the H2O that may be released during desorption 

and to avoid interference in the TCD signal.  
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2.4 REACTION EQUIPMENTS 

2.4.1 Reactor for catalysts activation (sulfuration or reduction) 

Prior to the reaction, the metallic phase of bifunctional catalysts must be 

activated. The activation is carried out ex-situ in a fixed-bed reactor system that 

consist of: (i) three rotameter in parallel (one for N2 at 99.9995 % of purity from 

Carburos Metálicos, the second one for H2 at 99.999 % of purity from Air Liquide 

and the third one for a mixture of H2S/H2 (10/90 % by volume from Air Liquide); 

(ii) a heating jacket with temperature controlled by TOHO TTM-005 controller; (iii) 

a stainless steel fixed bed reactor; and (iv) a gas washing bottle with 0.1 M NaOH 

solution to remove the H2S before vent valve. 

The procedure used,  based on previous works,  is as follows:  

(i) Loading the catalyst into the fixed-bed reactor. An excess amount of 

catalysts is weighed and mixed with carborundum (CSi, dP = 0.5 mm) in 

1:1 ratio. Carborundum is a material that avoids the formation of gas-

flow preferential routes in the catalyst bed. Furthermore, two layers of 

20 mm of carborundum (above and below the catalyst bed) are used to 

keep the catalyst from being dragged by the gas. 

(ii) Catalyst activation. A flow of activating gas is passed to reduce or to 

sulfide the bifunctional catalysts (50 mL min-1 of H2S/H2 for transition 

metal catalysts sulfidation; and 30 mL min-1 H2 and 50 mL min-1 N2 for 

PtPd catalyst reduction). Besides, temperature is raised up to 400 °C 

following a 5 °C min-1 ramp and held for 4 h. 

(iii) Cooling. After activation, the heater is switched off and temperature is 

cooled down up to room temperature maintaining the previous flow 

rates. 

(iv) Sieving (dP = 0.15-0.30 µm). Once the catalyst is cooled, it is separated 

from the carborundum sieving the mixture using a mesh size of 400 µm 

because the carborundum used has a particle size dP > 500 µm. After, 

the catalyst is loaded to the batch reactor. 

 

2.4.2 Hydrocracking reactor and procedure 

2.4.2.1 Hydrocracking unit 

The hydrocracking reactions have been carried out in a laboratory-scale 

semi-batch stirred micro-reactor from PID Engineering & Tech. It allows working at 

pressures and temperatures up to 150 bar and 440 ºC. The equipment is completely 

automatized and data acquisition and equipment control is conducted by means of 

Process@ software. The equipment scheme is shown in Figure 2.8 and can be 
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divided into six parts: (i) gas supply, (ii) product sampling lines, (iii) reactor, (iv) 

condenser, (v) refrigeration and (vi) stirring system. 

 

Figure 2.8 Reaction system scheme. 

(i) Gas feeding: there are two gas lines to feed the reactor, which are controlled by 

a mass-flow from Bronkhorst (maximum flow rate of 250 mL min-1 under 

normal conditions). There is also a manual by-pass to faster pressurize the 

reactor. The gases used are: 

 Gas 1, nitrogen (99.9995 wt%) up to 240 bar from Carburos Metálicos 
used to inertize the reactor atmosphere. 

 Gas 2, hydrogen (99.999 wt%) up to 240 bar from Airliquide used to 
generate a reducing atmosphere prior to the experiment and as a 
reagent during hydrotreating reactions. 
 

(ii) Product sampling lines: the reaction equipment have a liquid and gaseous 

sampling lines. This will make it possible to study the variation in the 

composition of both phases during the reaction. 

 Gas line: the gases leave the reactor passing through a condenser. As it 
can be seen in Figure 2.8, the thermocouple TT measure the 
temperature of gases leaving the condenser, which is kept below than 
-5 ºC, preventing any drag of compounds with higher boiling point 
than butane. 

 Liquid sample line: the automatic valve VA06 must be activated to 
take a sample from the reactor, then, the sample is collected in a bottle 
acting manually over VM04 valve. 

 

(iii) Reactor: the reactor was made by Parker Autoclave Engineering, model E010SS 

and customized by PID Engineering & Technologies. It is a stirred batch reactor 

with a maximum useful volume of 100 mL. It operates in a semi-continuous 

regime, since the gas can pass continuously while the liquid and solid remain 
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in the batch reactor. It is made of 316ss stainless steel and the internal 

dimensions are 46.23 mm diameter and 69.8 mm deep plus the curved bottom. 

A deflector is located inside the reactor, to promote turbulent flow and to 

guarantee the homogeneity of the reaction system. Furthermore, there is a coil 

inside the reactor used in cooling step. 

 

(iv) Condenser: it is set up in the beginning of gas outlet line from the reactor to 

prevent the leaks of > C5 compounds. It is a stainless steel double tube 

exchanger with an internal diameter of 3/8 '' and 65 cm long. A Julabo model 

F32-HE cryo-thermostat is connected to this exchanger operating in counter-

flow. Furthermore, the antifreeze coolant allows working at temperatures 

below than -10 ºC throughout the condenser. 

 

(v) Cooling: the cooling of the reactor is carried out with a coil located inside the 

reactor. This coil is connected to an open water system. 

 

(vi) Stirring system: it is a magnetic stirrer from the Autoclave Engineers brand, 

model MAG075. This technology avoids the need for maintenance (greasing) 

and avoids thermal problems as indicated by the manufacturer. It allows 

reaching a maximum stirring speed of 1350 rpm. It consists of an external 

magnet that rotates when coupled to a rotating electric motor by means of a 

transmission belt. This external magnet acts on an internal magnet fixed to the 

shaft where the paddle agitator is located. The stirring system consists of a 

shaft with 6 paddles located on the bottom. The material of construction of 

both the shaft and the paddles is stainless steel. 

 

2.4.2.2 Reaction procedure 

Using the Process@ software is possible to schedule stages (also called 

sessions) to carry out experiments in automatic mode. Once the catalyst is activated 

(section 2.4.1), it is loaded into the reactor together with the feedstock. Then, the 

reactor system is closed, screws are tightened with a torque wrench and a heating 

jacket is settled. The reactions are carried out using the following sessions 

scheduling: 

Session 1. Inertization. The first session is employed to remove the air from 

the reactor. For that, 250 mL min-1 of nitrogen is introduced in the reactor during 5 

min while the pressure valve is completely open. Then, the pressure valve is closed 

and pressure of nitrogen raises up to 8 bar. This session is repeated twice. 
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Session 2. Leak test. The reactor is pressurized with N2 using the by-pass valve 

(VM03) up to the reaction pressure set point and is held for 30 min. If there is not 

leakage, the nitrogen is vented and a second pressure test with H2 is carried out.  

Session 3. In this session H2 is fed at 250 mL min-1 during 5 min and then 

pressurized up to 8 bar. This session is repeated twice. 

Session 4. A first pressurization stage is carried out up to 50 bars with H2 at 

250 mL min-1. This pressure stage is to prevent the boiling of the feedstock when 

temperature rises, avoiding modifications in feedstock composition before the 

reaction begins. 

Session 5. The reactor is heated up to the reaction temperature using a rate of 

5 ºC min-1. In order to enhance the heat transfer, the reactor is stirred at 300 rpm. 

Session 6. Once the reaction temperature is reached, the reactor pressure is 

rising until the reaction pressure. It is done through the by-pass, although the last 

bar is pressurized by the mass-flow controller. 

Session 7. Reaction step. The stirrer speed is set at 1300 rpm and the 

temperature and the pressure are kept constant throughout the experiment length 

while passing 200 mL min-1 of H2. 

Session 8. Cooling. Once the reaction is finished, the hydrogen flow is stopped, 

the stirring speed is reduced up to 300 rpm, the heating jacket is turned off and the 

cooling of the reactor begins. To faster cool the reactor, valve VA03 is opened and 

water passes through the coil in an open cooling system. 

Session 9. Depressurization. After cooled down, the reactor is depressurized at 

4 bar min-1. This task is conducted by automatic control pressure system (PCV01). 

Session 10. Safety. Finally, all the valves and set points are changed to safety 

positions and values to reduce whatever risk. 
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2.5 REACTION PRODUCT ANALYSIS 

2.5.1 Reaction products 

The gases leaving the reactor are cooled after passing through a condenser 

and they are collected in a bag to be analyzed. The amount of gas formed in each 

reaction is determined by weighing the reactor before and after the reaction. Liquid 

products are separated from the catalyst by: i) vacuum filtration when there is no 

plastic in the feedstock; and ii) by solvent extraction when feeding plastics are 

blended with VGO. The extraction methodology, described in Figure 2.9, is carried 

out in order to (i) recover the liquid products, (ii) extract the unconverted plastic 

and (iii) recover the spent catalyst. 

 

Figure 2.9 Extraction method followed in the analysis of reaction products. 

In a first extraction, at room temperature with tetrahydrofuran (THF) and the 

subsequent vacuum filtration (d = 50 mm, Filter-Lab), the hydrocarbons (soluble in 

THF) are separated from the unconverted plastic (present in the form of waxes) and 

spent catalyst. In the second extraction, with xylene at 130 °C and subsequent 

vacuum filtration (0.45 µm PTFE membrane filter, Omnipore), the unconverted 

plastic (waxes) and the spent catalyst are separated. After this second extraction, 

wax and spent catalyst are dried in an oven at 130 ºC for 24 h to remove xylene. 

  

2.5.2 Composition of gas product 

Gases have been analyzed by chromatographic means in an Agilent 

Technologies 6890 cryogenic gas chromatograph equipped with a 

dimethylpolysiloxane (100%) capillary column (50 m × 0.2 mm) and a FID detector. 

The gas sample is taken from sample bag with 1 mL Hamilton sample-lock syringe 

 
Solid Product

(hydrocarbons, wax, catalyst)

THF extraction

Hydrocarbons GC analysisWax + Catalyst

Xylene extraction

Soluble in THFInsoluble in THF

WaxCatalystTGA analysis

Soluble in xyleneInsoluble in xylene

1st extraction

• Extracting agent: THF

• Temperature: 25 ºC

• Time: 2 h

2nd extraction

• Extracting agent: xylene

• Temperature: 130 ºC

• Time: 3 h
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and is manually injected in the GC. The analytical conditions of the method are 

shown in Table 2.4. 

Table 2.4 GC method to analyze the gas composition. 

Section Variable Value 

Oven 

T0 (°C) -30 

t0 (min) 5 

R1 (°C min-1) 15 

T1 (°C) 235 

t1 (min) 1 

R2 (°C min-1) 30 

T2 (°C) 275 

t2 (min) 0 

Injector 

T (°C) 300 

P (bar) 0.85 

Column flow (mL min-1) 0.9 

Split ratio 100:1 

FID 

T (°C) 320 

H2 flow (mL min-1) 40 

Air flow(mL min-1) 450 

Make up flow (mL min-1) 20 

 

2.5.3 Analysis of liquid product 

2.5.3.1 Simulated distillation 

The simulated distillation has been carried out according to the ASTM D2887 

standard in an Agilent Technologies 6890 GC System. Liquid products (0.2 µL) are 

manually injected in the GC using a Hamilton 7000 syringe. The method used to 

conduct this analysis was summarized in Table 2.3.  

 

2.5.3.2 Liquid composition 

Liquid products composition from hydrocracking reactions was also analyzed 

in the same way as PO composition (section 2.2.1.2). A 1.5 mL vial with liquid 

sample is loaded in the autosampler (Agilent Technologies 7683B) which is 

equipped with a 10 µL syringe from Agilent. The analysis is carried out by 

bi-dimensional chromatography (Agilent Technologies 7890A GC) coupled on-line 
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with a mass spectrometer (Agilent Technologies 5975C XL). The syringe is cleaned 

with the liquid sample itself three times, throwing the sample to a waste bottle. 

Then, 0.2 µL of sample is injected and then the syringe is cleaned with toluene and 

acetone. The analysis conditions are listed in Table 2.2. 

 

2.5.4 Coke content on spent catalysts 

The amount, nature and location of coke deposited on the catalysts has been 

analyzed by temperature-programmed oxidation (TPO) in a TA Instruments TGA-

Q 5000 thermobalance coupled in-line to a ThermoStar mass spectrometer from 

Balzers Instruments to trace the evolution of CO2 during coke combustion.  

The procedure followed in the TPO analysis is based on the work of Ibañez et 

al. [178]. The spent catalyst (~15 mg) is pretreated to remove the light organic 

compounds remaining in the catalyst through a temperature programmed 

desorption. The pretreatment process consist of, firstly, a temperature equilibration 

at 50 ºC under 50 cm3 min-1 of N2. Then, temperature rises up to 450 ºC at a ratio of 

10 ºC min-1 and this temperature is held for 10 min. Afterwards, the temperature is 

reduced up to 50 ºC and the catalyst sample is ready to conduct the TPO analysis. 

The temperature is maintained at 50 ºC meanwhile 50 cm3 min-1 of air is fed. 

Henceforth, temperature rises up to 550 ºC with a ramp of 5 ºC min-1. Moreover, to 

ensure the complete coke combustion, the maximum temperature is held for 60 

min. Finally, the sample is cooled down at room temperature following a rate of 

20 °C min-1. During the whole analysis, signals of temperature, weight, and 

derivative weight are registered by the TGA, as wells as CO, CO2 and H2O signals 

in the mass spectrometer. 

 

2.5.5 Reaction indexes 

Different reaction indices have been computed to assess the product yields 

and distribution and therefore, the selectivity to fuel after the runs. 

 

2.5.5.1 Yields 

The yield of each lump (Yi) has been defined as the relationship between its 

mass in the product stream and the amount of feedstock as follows: 

i
i

VGO Plastic PO initial

m
Y =

(m +m +m )
 (2.3) 



Experimental 

86  

where mi is the mass of lump i in the product, mVGO is the initial mass of VGO fed,  

mPlastic is the mass of plastic fed and mPO is the mass of plastic pyrolysis oil (PO) fed. 

 

2.5.5.2 Hydrocracking conversions 

As the main aim of this work is, on the one hand, the hydrocracking of the 

heaviest fraction of the VGO, that is, the HCO, to obtain lighter fractions; and, on 

the other hand, the plastic hydrocracking (HDPE and PP) blended with VGO and 

PO to obtain liquid hydrocarbons, two conversions have been defined: 

HCO initial HCO final

HCO

HCO initial

(m ) -(m )
X =

(m )
 (2.4) 

Plastic initial Plastic final

Plastic

Plastic initial

(m ) -(m )
X =

(m )
 

(2.5) 

where (mHCO)initial and (mHCO)final are the amount of HCO in the feed and in the liquid 

product, respectively; and (mPlastic)initial and (mPlastic)final are the amount of plastic fed 

(HDPE and PP) and unconverted one (waxes at the end of the reaction), 

respectively. 

 

2.5.5.3 Selectivity to fuel 

The selectivity to fuel parameter (SF) has been determined in order to deep on 

the catalytic activity. This definition has been adapted from the dimensionless 

catalytic performance parameter proposed by Al-Attas et al. [308]: 

 
(2.6) 

where YNaphtha, YLCO, YGas, YHCO, YWax and YCoke are the yields of naphtha, LCO, gas, 

HCO, unconverted plastic and coke, respectively. 

 

2.5.5.4 Naphtha and LCO extent (gradients) 

As the characterization of PO shows (Table 2.1), around 50 wt% of this 

feedstock is composed by hydrocarbons whose boiling point range corresponds to 

naphtha and LCO lumps. Therefore, the extent of formation of each lump (Yi) has 

Naphtha LCO

F

Gas HCO Wax Coke

Y Y
S

Y Y Y Y
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been also assessed to know its origin (from feedstock or from hydrocracking 

reaction). For this purpose, the difference between the yield of each lump in the 

products and the content of the same lump in the feedstock fed to the batch reactor 

has been computed: 

 
initialiii YYY   (2.7) 

where Yi is the yield of each lump according to equation (2.6) and (Yi)initial is the 

mass content for each lump in the feedstock. 

 

2.5.5.5 Research octane number (RON) 

The research octane number (RON) has been calculated from 

chromatographic data according the Anderson-Sharkey-Walsh method [309]. This 

method divides the naphtha lump into 31 groups of compounds, assigning to each 

one a value of RON. The groups are chosen in such a way that each one has a small 

boiling point range and contains similar chemical compounds. In fact, some of these 

groups are made up of a single component. According to the mass percentage 

reported for each group, the RON can be estimated by means of a weighted sum: 

31

1

RON i i

i

w RON


  (2.8) 

where wi is the mass fraction of group i, obtained from the chromatographic 

analysis and RONi is the RON of the mixture of group i, defined in the method for 

each group. 

 

2.5.5.6 Cetane index 

Cetane index has been calculated using the ASTM D-4737 standard. This 

standard estimates the cetane index as a function of density and T10, T50 and T90 

from simulated distillation using the following equation: 

       10N 50NCI 45.2 170B 0.0892 T 0.131 0.901B T

       2 2 2
90N 10N 90N0.0523 0.42B T 0.00049 T T 60B  

(2.9) 

where B is calculated with equation (2.10): 
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3.5B e 0.85 1  (2.10) 

where ρ is the density of LCO (g ml-1) and it has been estimated from LCO 

composition in GCxGC-MS according the compounds nature and its number of 

carbon atoms, T10N is the temperature in °C at which the 10 vol% distillates minus 

215, T50N is the temperature in °C at which the 50 vol% distillates minus 260 and 

T90N is the temperature in °C at which the 90 vol% distillates minus 310. 
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3 SCREENING CATALYSTS  

In this chapter, different catalysts for the valorization of a blend of 

HDPE/VGO have been tested with the aim of finding the more promising one. The 

process has been divided in two steps. First of all, after in detail characterization of 

the catalysts (Section 3.1) using a wide set of techniques described in section 2.3.1, 

the hydrocracking of VGO has been carried out in section 3.2. The yields, the HCO 

conversion (heavier VGO fraction) and the naphtha composition have been 

calculated in order to assess the performance of each catalyst. Furthermore, the 

quality of the naphtha (RON) is also calculated. In this way, this analysis enables to 

discard the unpromising ones.  

The operating conditions after literature review [21,156,310–314] have been: 

- HDPE in de blend: 0.20 in mass 

- Temperature: 420 ºC 

- Pressure: 80 bar H2 

- Catalyst to Feed ratio: 0.1 in mass  

- Stirrer speed: 1300 rpm 

- Reaction time: 120 min 

In the second step (section 3.3), the two most promissing catalysts for VGO 

hydrocracking have been employed for HDPE/VGO hydrocracking under the 

previous operating conditions. The temperature, however, have been tested in a 

range of 400-440 ºC to asses a preliminary operational study. To appraise the 

performance of these catalysts, conversion and yields have been calculated (Section 

3.3.1). Moreover, the naphtha and diesel composition and quality (RON and cetane 

index) has been analyzed in section 3.3.3 and 3.3.4, respectively. 
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3.1 PROPERTIES OF FRESH CATALYSTS 

The literature and previous work conducted in our research group reveal 

interesting bifunctional catalysts which, according to their properties, may be 

appropriate for hydrocracking and hydrotreating the HDPE/VGO blend. The 

catalysts chosen were: (i) cobalt and molybdenum supported on alumina 

(CoMo/Al), which is commonly used in hydrodesulfuration processes; (ii) nickel 

and molybdenum on silica-alumina (NiMo/SiAl), which stands out for its great  

aromatic ring opening capacity; (iii) three nickel and tungsten catalysts supported 

on silica-alumina (NiW/SiAl), MCM-41 (NiW/MCM41) and Y type zeolite 

(NiW/HY), with  a good behavior removing heteroatoms but low hydrocracking 

activity the former and the second one and high hydrocracking and hydrotreating 

performance the last one;  and (iv) platinum and palladium over Y type zeolite 

(PtPd/HY) that is a good catalyst for hydrogenation/dehydrogenation reactions 

with a high cracking activity. It has to be pointed out that the CoMo/Al, 

NiMo/SiAl and NiW/HY are commercial catalysts and the NiW/MCM41, 

NiW/SiAl and PtPd/HY are in-house prepared catalyst.  

The more relevant physicochemical properties of the catalysts are shown in 

Table 3.1. For all the catalysts, the textural properties were determined by N2 

adsorption-desorption isotherms. Employing the BET method it has been calculated 

the surface area (SBET) and the micropore area (Smicr), whereas the mesopore area 

(Smeso) was obtain by difference. The pore volume (Vpore) and average pore diameter 

(DP) were calculated using BJH method. The metal content was determined by 

ICP-AES. Finally, the acidic properties were determined by two techniques: (i) terc-

butylamine TPD to conclude the total acidity and acidic strength, and (ii) pyridine 

adsorption to estimate the B/L ratio. 
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Table 3.1 Textural properties, chemical composition and acidic properties of the 
fresh catalysts. 

Catalyst CoMo/Al NiMo/SiAl NiW/SiAl NiW/MCM41 NiW/HY PtPd/HY 

SBET, (m2 g-1) 187 278 93 66 229 620 

Smicr, (m2 g-1) 33 0.00 10 11 138 543 

Smeso, (m2 g-1) 154 278 83 55 91 77 

VPore (cm3 g-1) 0.52 0.51 0.36 0.21 0.24 0.39 

DP (nm) 10.50 6.66 16.73 20.76 7.31 8.44 

Ni (wt%) 0.1 2.98 2.22 4.26 4.54 – 

W (wt%) – – 18.27 25.02 22.7 – 

Co (wt%) 2.83 – – – – – 

Mo (wt%) 12.2 7.31 – – – – 

Pt (wt%) – – – – – 1.19 

Pd (wt%) – – – – – 0.53 

AT
a (mmoltba g-1) 0.54 0.46 0.22 0.09 0.41 1.69 

AS
b (KJ moltba

-1) 86 124 118 81 131 135 

B/L ratio 2.16 2.25 1.90 0.18 2.39 1.53 

a AT is the total acidity 
b AS is the acidic strength 

 

3.1.1 Physical and textural properties 

3.1.1.1 N2 absorption-desorption isotherm 

Textural properties, pore size distribution and pore volume of the catalysts 

were obtained from non-destructive analysis of physisorption and desorption of N2 

over the catalyst surface. The isotherms obtained for each catalyst are depicted in 

Figure 3.1 and in Figure 3.2 the pore volume distributions are shown. 

The isotherms in Figure 3.1 represent the amount of adsorbed N2 volume, 

established by agreement in standard conditions of temperature and pressure 

(STP), versus the relative pressure of the adsorbate. According to the IUPAC 

nomenclature [315], the isotherms for NiMo/SiAl, CoMo/Al and NiW/SiAl 

catalysts can be classified as type IV, which implies that supports are mesoporous 

adsorbents. Furthermore, the isotherms for these catalysts show a hysteresis loop 

between the adsorption-desorption branches in the multilayer phase. This behavior 

is attributed to capillary condensation at the end of the process being affected by 

the pore geometry. For the three before mentioned catalysts, the hysteresis type can 

be relate with H2 type, characteristic of pores with non-uniform length and 

conformation with cylindrical-like shapes. In the case of NiW/MCM41 catalyst, 

surprisingly, the isotherm is also type IV, but the parallel and narrow branches with 

no clear plateau describe the H3 hysteresis more typical in macroporous materials. 
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Finally, NiW/HY and PtPd/HY catalysts describe hybrid isotherms type I-a and IV 

with a H4 hysteresis, typical in slit-shaped and with zeolites. Furthermore, the 

catalysts with H2 hysteresis type have a monolayer until relative pressure higher 

than 0.6-0.7, after that the hysteresis loop appears. For NiW/MCM41 catalyst, with 

H3 hysteresis, the loop appears at 0.8 being the highest value observed. On the 

other hand, for NiW/HY and PtPd/HY catalysts, with hysteresis H4, the 

monolayer is observed until relative pressure slightly upper than 0.4, showing 

those catalysts the lowest value for which the hysteresis loop arise.  

 

Figure 3.1 N2 adsorption - desorption isotherms of fresh catalyst. 

As mentioned before, the information given by the isotherms was employed 

to calculate the surface area by the BET method and results are sum up in Table 3.1. 

Generally speaking, it could be observed that catalyst based on pure zeolite 

(PtPd/HY catalyst) has the highest surface area followed by NiMo/SiAl catalyst. 

On the other hand, NiW/HY catalyst shows lower surface area than PtPD/HY 

catalyst ought to agglomeration possibly with an amorphous silica-alumina (ASA) 

support, as it is confirmed by XRD spectra. As expected, catalysts based on zeolites 

have the higher micropore area, corresponding the highest to the catalyst with pure 

zeolite (PtPd/HY > NiW/HY). CoMo/Al catalyst shows a middle surface base on 

mesopore area.  On the other hand, NiW/SiAl catalyst has a non-hierarchy 

structure of aluminosilicate with low surface area and NiW/MCM41 catalyst has 

the lowest surface area. 

 The pore size distributions, shown in Figure 3.2, have been calculated from 

N2 adsorption isotherm branch by BJH method described in section 2.3.1. The 

incremental pore volume regarding pore diameter range in logarithmic scale is 

depicted versus the average pore diameter. It can be seen that CoMo/Al and 
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NiW/SiAl catalysts have a narrow pore distribution with a maximum at 125 and 

144 Å, respectively. In the case of NiMo/SiAl catalyst the maximum appears at 89 

Å in a broad peak. NiW/MCM41 catalyst shows also a wide peak with a maximum 

at 177 Å. Catalysts based on zeolite show their peaks at 74 Å for NiW/HY catalyst 

and 286 Å for PtPd/HY catalyst. Nevertheless, NiW/HY and PtPd/HY catalysts 

not have a noticeable maximum in the signal due to they are microporous 

materials, which have a pore diameter less than 10 Å. 

 

Figure 3.2 Pore diameter distribution of fresh catalysts. 

 

3.1.1.2 Transmission electron microscopy (TEM) 

The catalysts were analyzed by TEM and pictures taken are disposed in 

Figure 3.3. These images allow us to see the metal dispersion over the support and 

in the case of non-noble metal catalysts, we could also study the sulfided metal-

active phase. 

In general, all catalysts show a good dispersion of the metal in its active form 

over the support, with homogeneous distribution of the metallic phase in the 

catalyst particle. However, for NiMo/SiAl and NiW/SiAl catalysts (Figure 3.3b and 

d) zones with a high accumulation of metals can be identified in the figure (darker 

areas).  
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Figure 3.3 TEM images of sulfided transition metal catalyst CoMo/Al (a), 
NiMo/SiAl (b), NiW/HY (c), NiW/SiAl (d) and NiW/MCM41 (e) and the reduced 
PtPd/HY catalyst (f). 

Focusing on the transition metal catalysts, the organization of the metal in 

staking way can be appreciated. This phenomenon is caused when MoO3 and WO3 

metals change to sulfided form (MoS2 and WS2) during the catalyst activation stage 

described in section 2.4.1. During the activation, trigonal prisms of sulfur 

coordinated with Mo and W are developed creating 2-dimension layers of S-metal-

a) b)

c) d)

e) f)
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S which can be stacked multiple times [185,316]. Furthermore, these structures are 

highly related with the hydrotreatment activity of the catalysts [317] being the most 

active form [318]. Hence, TEM images are an accurate technique for analyze these 

structures. In them, it can be seen that the structure of the sulfided metals is 

heterogeneous in length and stacking degree and that is well dispersed over the 

support. The average of the stacking degree ( N ) and the slab length ( L ) were 

estimated according to the following equations [319] and summarized in Table 3.2.  
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(3.2) 

where li is the length of the slab particle, Ni is the number of layers in the particle i, 
and ni is the number of the particles with li length or Ni layers. 

Table 3.2 Stacking degree and slab length of sulfided catalysts. 

Catalyst Stacking degree, N  Slab Length, L (nm) 

NiMo/SiAl 2.03 2.81 

CoMo/Al 2.22 2.37 

NiW/SiAl 3.50 5.42 

NiW/MCM41 4.77 6.86 

NiW/HY 2.36 4.65 

 

The support has an important effect on the shape of active metal, thereby, in 

slabs length and stacking degree [320]. The composition of the support also 

influences the metal-support linkage, achieving higher dispersion Al than Si [321]. 

The NiMo/SiAl, CoMo/Al and NiW/HY catalysts show the lower stacking degree 

and slab length. These results denote a well dispersion of the active phase which 

will have better hydrotreating capability as Díaz de León et al. [322] reported. On 

the other hand, NiW/MCM41 catalyst obtains the highest values of length and 

stacking degree predicting a worsen behavior than previous one.  
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3.1.2 Chemical and structural properties 

3.1.2.1 Acidity  

The acidity properties of the fresh catalysts (total acidity, acidic strength and 

nature of acid sites) have been determined by two techniques, (i) adsorption and 

TPD/cracking profile of terc-butylamine (t-BA) and (ii) FTIR of adsorbed pyridine, 

both techniques explained in detail in section 2.3.1. 

The results from t-BA TPD profile of  each catalyst are shown in Figure 3.4, 

where the signal recorded from the MS corresponding to released butane after t-BA 

is cracked in acid sites is depicted. For all the catalysts, the temperature shows a 

maximum (clearly indicated in the figure), which can be related to the acidic 

strength of the catalysts. Keeping this in mind, the lower temperature, easier t-BA 

has been cracked, so, stronger is the acid site. No acid behavior is seen for 

NiW/MCM-41 catalyst, predicting a very low cracking activity. A similar result is 

also obtained when using ammonia to MCM-48 by Liu Y. [323]. It is noticeable that 

PtPd/HY catalyst depicted a broad peak, which is related with the different nature 

of the acid sites in the catalyst, although the main one is at the lowest temperature. 

On the other hand, the other catalysts have shown narrower peaks. Organizing the 

catalysts in accordance to the acidic strength, the trend is the following:  

PtPd/HY > NiW/HY > NiMo/SiAl ≈ NiW/SiAl > CoMo/Al 

Furthermore, the total acidity is obtained from the area below the signal and 

results are depicted in Table 3.1. The results show that by far, PtPd/HY catalyst has 

the highest total acidity being more than three times bigger than that of CoMo/Al 

catalyst. The trend continues with NiMo/SiAl and NiW/HY catalysts not far from 

the previous. NiW/SiAl catalyst is the next behind them for which the profile 

exhibits attenuation. Finally, as previously mentioned, a flat signal was observed 

for NiW/MCM-41 catalyst. 
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Figure 3.4 TPD of t-BA of fresh catalysts. 

The FTIR of adsorbed pyridine can be used in a qualitative and quantitative 

way to determine the nature of acid sites as pointed out Emeis [306], being able to 

calculate the Brønsted and Lewis ratio from the characteristic bands that these types 

of acid sites have at wavelengths of 1455 and 1545 cm-1, respectively. The ratio is 

calculated using the equations (3.3) and (3.4) based on literature [305,324].  
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where nL and nB are the total number of micromoles of pyridine per gram of sample 

adsorbed at each type of Lewis (L) or Brønsted (B) sites, A is the area below IR 

absorbance bands (cm-1). Since pyridine can be adsorbed both at Lewis (L) or 

Brønsted (B) sites, Cd is the cross-sectional area (cm2) of the catalyst pill, m is the 

mass (g) of the pill, and ε is the molar absorption coefficient (cm μmol-1) for 

pyridine at Lewis (L) or Brønsted (B) sites obtained from literature [306].  

The B/L ratio are gathered in Table 3.1 where NiW/HY catalyst achieved the 

greatest value closely followed by CoMo/Al > NiMo/SiAl> NiW/SiAl > PtPd/HY. 

All the catalysts mentioned have a ratio bigger than 1, which means that nB > nL. 

Nevertheless, once again, NiW/MCM41 catalyst has the lowest B/L ratio, and  

lower than 1. However, not because NiW/HY catalyst has the highest value in the 

B/L ratio, it is the catalyst with the highest nB. This can be seen in Table 3.3 where 
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the catalyst with the highest nB is PtPd/HY catalyst followed far by CoMo/Al > 

NiMo/SiAl > NiW/HY >> NiW/SiAl > NiW/MCM41. 

Table 3.3 Density of Brønsted and Lewis acid sites. 

Catalyst Brønsted (µmol/g) Lewis (µmol/g) 

CoMo/Al 232 107 

NiMo/SiAl 198 88 

NiW/SiAl 16 8 

NiW/MCM41 2 9 

NiW/HY 176 74 

PtPd/HY 726 476 

 

3.1.2.2 X-ray diffraction (XRD) 

The XRD technique has been conducted to study the degree of crystallinity of 

the supports. The results are collected in Figure 3.5, divided in non-zeolites 

catalysts (a) and zeolite-catalysts (b). As we can see in Figure 3.5a the NiMo/SiAl 

catalyst shows an elevation of signal bottom from 15-35º in 2  positions that is 

related with amorphous Si-Al. Moreover, at 43-48º and 64-70º two peaks related 

with alumina appear, and similar results were obtained by other authors in 

literature [149,325]. These two peaks can also be observed for CoMo/Al catalyst. 

However, there is no elevation of the signal bottom since this support has not silica. 

On the contrary, NiW/SiAl catalyst shows only the elevation of the background 

due to amorphous Si-Al and no alumina signal appears. Nevertheless, some peaks 

were detected regarding to crystalline metal phases of NiWO4 (square) and 

Na2W2O7 (triangle). The diffractogram of NiW/MCM41 catalyst is very similar 

between 15-80º in 2  positions although the more relevant peaks of NiWO4 and 

Na2W2O7 can be observed.  

Regarding to XRD diffractograms of zeolite based catalysts depicted in Figure 

3.5b, the NiW/HY catalyst shows a crystalline phase as expected due to the zeolite 

support. This technique also reveals the presence of an amorphous phase, 

increasing the background. Furthermore the two peaks related to alumina appear 

again shyly. No signal for crystalline metal phases can be seen in this case in 

comparison with the other NiW catalyst due to the crystal size is smaller. TEM 

analysis also support this statement since the low stacking degree and length 

evidence the strong metal-support interactions (SMSI) [326]. Finally, PtPd/HY 

catalyst has the more crystalline support with narrow and pointed peaks (black 

circle) ought to pure zeolite used in its synthesis. Some peaks of crystalline phases 

related to Pt and Pd metals were detected in this case (pointed with asterisks). 



 

101 

 

Figure 3.5 XRD of the catalysts: non-zeolites (a) and zeolites (b). 
 

3.1.2.3 X-ray fluorescence (XRF) 

The results of the chemical composition in the surface of a pearl made from 

the catalysts according to the procedure described in section 2.3.1 are summarized 

in Table 3.4. The results obtained from this technique have been compared with 

those obtained by ICP. It has to be pointed that Pt and Pd quantification was carried 

out through semi-quantitative software due to the pearl sample preparation involve 

the use of Pt-Pd container, thus cannot be accurate. The proportion between metals 

in the same catalyst is similar to those from ICP. Comparing to the results obtained 

by ICP, metal content in NiW/MCM41 and NiW/SiAl catalysts are very similar 

and slightly higher for tungsten in NiW/HY catalyst. Furthermore, the content of 

NiMo/SiAl and CoMo/Al catalyst was close and precise regarding ICP. 

Table 3.4 Metal content  by XRF analysis for fresh catalysts. 
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Catalysts CoMo/Al NiMo/SiAl NiW/SiAl NiW/MCM41 NiW/ZY PtPd/ZY 

Si 0.14 12.59 29.94 27.32 12.24 31.58 

Al 30.50 22.69 3.22 2.42 17.43 4.95 

Ni 0.18 2.74 1.74 3.35 3.53 – 

W – – 14.49 19.84 23.15 – 

Co 3.03 – – – – – 

Mo 11.73 7.82 – – – – 

Pt – – – – – 0.37 

Pd – – – – – 0.24 
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3.1.2.4 X-Ray photoelectron spectrometry (XPS) 

XPS analyses have been carried out to study the chemical species exposed in 

the surface of the bifunctional catalysts. Figure 3.6 show the binding energy spectra 

obtained for each catalyst in the region of each metal (Co, Mo, Ni and W) loaded 

over the supports. This figure is divided into four sub-figures, according to the 

metals previously mentioned (a, b, c and d, respectively). It has to be mentioned 

that despite extensive XPS analysis has been carried out for PtPd/HY catalyst, no 

clear signs of metals were found due to its low metal content, as ICP-AES certified. 

 Figure 3.6a of Co on CoMo/Al catalyst depicts the characteristic doublet 

corresponding to the spin–orbit coupling profile of Co which could be 

deconvoluted with the curve-fitting in 4 peaks. After Shirley background 

subtraction, at 797.8 and 782.2 eV are the main peaks that are relate with 2p1/2 and 

2p3/2 orbital of Co and at 803.9 and 787.3 eV their satellite peaks corresponding to 

previous mentioned orbital are identified. The difference between the main peak 

and his satellite peaks allows predicting that the cobalt is in tetrahedral structure. It 

has to be mentioned that for Co, the 2p3/2 is the most intense peak [327,328].  

In the case of molybdenum, it is present in CoMo/Al and NiMo/SiAl 

catalysts (Figure 3.6b). Both catalysts show that Mo has the same oxidation state 

(3d5/2 and 3d3/2) according to the peaks observed in their binding energy spectra 

after deconvolution. Then, two peaks are observed according to each spin-orbit 

component with maximums at 235.4 and 232.5 eV, which are related to Mo(VI) 

3d3/2 and Mo(VI) 3d5/2, respectively [329–331], being the last type the highest one. 

The light shift of the peaks to higher values can be appreciated in NiMo/SiAl 

catalyst due to the strong interaction between the metal and support.  

There are 4 catalysts that use Ni as one of the metals. The XPS signal 

regarding to Ni for all of them is collected in Figure 3.6c. In all cases, the profile 

describes two main bands that for NiW/SiAl and NiW/MCM41 catalysts are at 

872.9 and 856.6 eV from Ni 2p1/2 and Ni 2p3/2 spin-orbital splitting of the Ni 

(II) species. They are also supplemented by its satellite bands at 879.4 and 861.4 eV 

apiece. The more relevant signal is obtained for Ni 2p3/2 with a sharp peak 

[332,333]. However, NiMo/SiAl and NiW/HY catalysts have the mains and 

satellite peaks displaced to stronger energy.  

Figure 3.6d depicts the profile of W for XPS analysis. Signal shows one broad 

peak that, after deconvolution using Lorentzian-Gaussian method, reveals two 

peaks that can be identified as W(VI) 4f5/2 and W(VI) 4f7/2 at 36.2 and 35 eV, 

respectively, corresponding probably with WO3 [334]. Here, the shift to left of the 

peaks is stronger for NiW/HY catalyst. It has to be pointed that NiW/SiAl catalyst 

has a smooth peak around ~40 eV which, according to literature, is related to 
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W 5p3/2 core level [335]. As before, the signals of some catalysts are slightly shifted 

due to metal interactions with the support.  
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Figure 3.6 XPS spectra in the region of Co (a), Mo (b), Ni (c), and W (d) for fresh 
catalysts. 
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3.1.2.5 Temperature programmed reduction (TPR) 

The reducibility of the oxidized metallic species supported in the catalysts 

was studied by H2 TPR and the profiles are depicted in Figure 3.7. This technique 

gives us information according to the oxidation state of the metal phases and their 

interaction with the support. 

In this figure, NiMo/SiAl catalyst shows a broad profile in the main reduction 

peak at 385 ºC. This maximum is associated to the partial reduction of the 

molybdenum species (Mo6+ to Mo4+) [144]. After that, an abrupt drop appears in the 

signal at ~500 ºC, temperature at which the reduction of dispersed NiO particles 

that interact weakly with the support occurs [336] and after that, at 558 ºC the 

reduction of particles with strong interaction [337]. CoMo/Al catalyst displays also 

the main peak related to the reduction of the molybdenum (Mo6+ to Mo4+) but, at 

this time, the peak is shifted to higher temperature (431 ºC) ought to powerful 

interaction with the support.  

The reduction of the cobalt oxide happens in two steps: (i) below 400 ºC 

approximately, reduction of Co3+ to Co2+ takes place and (ii) up to 500 ºC the 

reduction of Co2+ to Co0 metal. Therefore, the first reduction step is completed at 

the same time that the reduction of molybdenum. Nevertheless, the second step 

could be associated to the shoulder at 501 ºC [338]. It has to be pointed that the 

small shoulder at 284 ºC can be associated with the reduction of some particles of 

Co3+ to Co2+ with low interactions with γ-Al that comes from residual cobalt nitrate 

form used in the catalyst synthesis [339,340]. 

The bimetallic NiW catalysts depict a similar behavior. The TPR profiles show 

a peak at 501 ºC which, as previously commented, indicates the reduction of NiO 

particles. This peak appears at lower temperature (487 ºC) for NiW/MCM41 

catalyst, meaning that the interaction with the support is weaker. Furthermore, 

NiW/HY catalyst has two peaks at lower temperature (225 and 284 ºC) attributed to 

NiO reduction to metallic nickel which is well-dispersed and has non or low 

interaction with Brønsted sites of the support, respectively. Besides, this peak is 

displaced to lower temperature when metal amount increases [341,342]. Lastly, the 

peaks at 558 and 582 ºC, respectively, are related with the reduction of Ni-W-O 

phases [343]. It has to be pointed that comparing the peaks of NiW catalysts, 

NiW/HY catalyst has the most defined ones, specially the two last ones which are 

related to most active metal phase for hydrogenation. In addition, comparing NiO 

(at 487 and 501 ºC) versus Ni-W-O peak (558 ºC), the former is almost at the same 

height that the second one for NiW/SiAl and NiW/MCM41 catalysts, whereas for 

NiW/HY catalyst the second one is higher than the former. For that reason, the last 

catalyst is more likely to achieve better performance because has strong metal 

support interactions (SMSI).  
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Finally, the reduction of PtPd/HY catalyst shows the flattest profile. The 

intensity of the signal is related with the metal content, so the results agree with 

those obtained by ICP-AES. This catalyst shows three reduction peaks in his H2 TPR 

profile. Literature reports that particles of PdO are reduced to β-PdH in hydrogen 

atmosphere at 25 ºC [344], hence it cannot be detected with this analysis. On the 

other hand, Bhogeswararao and Srinivas [345], who worked with Pt/Al catalysts, 

observed two peaks in TPR profile, as it is seen in Figure 3.7 (145 ºC and 300 ºC). 

These peaks are related to the reduction of PtO to Pt0 species which have weakly or 

medium interaction with the support. Finally the reduction of Pt-Pd particles to 

metal takes place at 525 ºC, being an intense and broad peak which means a strong 

metal-support interaction [326,346].  

 

Figure 3.7 Temperature programmed reduction (TPR) of the fresh catalysts. 

 

3.1.2.6 Temperature programmed desorption of H2S (TPD-H2S) 

The analysis of the stability of sulfur species has been carried out by H2S 

temperature-programmed desorption and the results are shown in Figure 3.8. This 

technique discloses how sulfur interacts with the catalyst and its strength. The 

higher temperature the sulfur is released, the stronger the interaction will be. 

Surprisingly the interaction not only depends on metal (or metals) selected but it 

also is influenced by dispersion of the metal and the support acidic properties [185].  

The NiW/SiAl and NiW/MCM41 catalysts display one main peak at 100 ºC, 
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interaction with the support [347] as TEM analysis reveal that these catalysts have a 

high interaction sulfur-metal. Thus, in this case this peak could be related with loss 

of sulfur from sulfided metals-like structures which also correlates this result with 

the low acidity of the support as mention Burch and Collins [348].  

On the other hand, the other three catalysts with transition metals 

(NiMo/SiAl, CoMo/Al and NiW/HY catalyst) show two desorption peaks at 185 

and 450 ºC; 100 and 380 ºC; and 160 and 420 ºC for each catalyst, respectively. The 

peak  corresponding to lower temperature is related with weak interactions with 

the support [349]. The second peak involves interactions with Brønsted sites and 

appears at 450 ºC, 380 ºC and 420 ºC, respectively. These temperatures are closed to 

the reaction conditions which catalyst test take place. It is worth mentioning that 

this may lead to think that the Brønsted sites disappear due to H2S adsorption but 

nothing could be further from the truth because Tøpsoe et al. [350], verified their 

existence in sulfided Mo/Al catalysts under temperature at which reactions were 

carried out. They used pyridine as base molecule adsorbed at 150 ºC to detect the 

acid sites by FTIR technique on the sulfided catalysts. 

 

Figure 3.8 TPS of fresh transition metal catalysts.  
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3.2 VGO HYDROCRACKING  

The conversion of the blend (HDPE/VGO) requires catalysts not only with a 

good hydrotreating performance [144,146] but also with high cracking activity  to 

promote the breakage of long hydrocarbon chains from HDPE and poly-aromatics 

hydrocarbons (PAH) from VGO into fuel range products. For that reason, this 

preliminary study will focus on the catalytic conversion of the heavier fraction of 

VGO feedstock, i.e. heavy cycle oil (HCO), which implies more than 90 wt% of the 

VGO. 

 

3.2.1 Hydrocracking yields and conversion 

Figure 3.9 collects all the results regarding product yield (left axis) and 

conversion (right axis) using the equations in section 2.5.5. Furthermore, the 

product distribution of VGO fed is depicted on the first column. NiW/SiAl and 

NiW/MCM41 catalysts obtained similar conversions (31.6 and 27.4 wt%, 

respectively) comparable to thermal reaction (28.1 wt%). That is why since the 

conversion achieved by these reactions is in essence radical mechanism, in spite of 

reactions with catalysts which are acidic enough to perform β-scission reactions. 

Moreover, they have similar product distribution, being HCO the most abundant 

fraction, representing ~70 wt% in three cases and followed by far by LCO fraction 

(~16 wt%). In those runs, naphtha and gas fractions shown low yields with small 

differences between them, being both yields ~7 wt%, respectively, for thermal 

cracking (Th) and NiW/MCM41 catalyst, and 9 and 10 wt%, respectively, for 

NiW/SiAl catalyst. These results are closely related with catalyst properties: (i) 

textural and particularly (ii) acidic properties, as other authors saw [135,351]. In this 

case, the key factor was the low total acidity and the weakness of the acidic sites, 

together with the low surface area of both catalysts. Thus, the activity of these 

catalysts can be associated with thermal reactions. These poor results discourage 

the use of these catalysts in HDPE/VGO hydrocracking. 

CoMo/Al and NiMo/SiAl catalysts, which both are good hydrotreating 

catalysts [146], exhibit an improvement concerning thermal reaction and previous 

catalysts, which can be attributed to their higher total acidity and also with more 

Brønsted sites. For both catalysts the conversion increases up to ~50 wt%. LCO and 

naphtha yields also increase, achieving ~25 and ~15 wt% with a small amount of 

gas fraction (~10 wt%). As they show similar acid properties, density of Brønsted 

acid sites have shown to be more important in the conversion than total acidity 

[352]. 
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Figure 3.9 Product distribution (bars) and conversion (black square) of HCO with 
different catalysts. Reaction conditions: feed, VGO; 420 ºC; 80 bar; C/F ratio, 0.1; 
and reaction time, 120 min. 

Finally, NiW/HY and PtPd/HY catalysts obtain the best performance. In the 

case of NiW/HY catalyst, despite neither its textural properties or total acidity are 

outstanding, surprisingly, this catalyst displays a conversion of 69 wt% with 29 and 

26 wt% of yields to naphtha and LCO respectively, keeping a good balance between 

hydrotreating and hydrocracking activity. However, this catalyst has good metal 

dispersion and greater number of Brønsted sites since has the highest B/L ratio. 

Furthermore, this catalyst has SMSI of the most active metal phase (Ni-W-O), which 

is corroborated by three events: (i) low stacking degree and short length of the 

sulfided metal particles, (ii) the absence of peaks of the metal phases in XRD and 

(iii) the highest intensity of the peaks that are related to Ni-W-O species in TPR 

analysis. On the other hand, PtPd/HY catalyst achieves the highest conversion 

(91 wt%) with the largest naphtha yield (59 wt%) but the lowest LCO fraction 

(8 wt%). The prominent behavior of this catalyst involves in addition a higher 

production of gas (22 wt%). The outstanding hydrocracking activity of this catalyst 

is due to its higher total acidity and BET surface area.  

To sum up, NiW/HY and PtPd/HY catalysts achieve promising results, being 
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may be suitable to produce an adequate stream to be mixed with commercial diesel 

blending. 

To study in deep the performance of the catalysts according their properties, 

Figure 3.10 depicts two correlations. If we study the correlations of both BET 

surface and total acidity versus conversion (Figure 3.10a and b, respectively), the 

results are enlightening. There are good linear correlations for almost all the 

catalysts in both figures, in such a way, the higher the property value, the higher 

conversion is achieved. The strength of this correlation is measured with Pearson 

regression coefficient, which is commonly used to correlate lineally two variables. 

In that case, the resultant coefficient is 0.989 and 0.984, for correlation in Figure 

3.10a and b, respectively. So, these properties are good at explaining the 

throughput. However, NiW/HY catalyst is out of this trend, not being able to 

explain the conversion results by any of these correlations. This behavior is due to 

the strong interaction of Ni-W-O species (as shown in XRD and TPR) that leads to 

low stacking degree with shorter length when catalyst is sulfided. These attributes 

together with the highest B/L ratio are stronger linked to hydrogenation and 

dehydrogenation reactions, which are the key factors for his outstanding results. By 

contrast, CoMo/Al and NiMo/SiAl catalysts have compensated BET surface area 

and total acidity, nevertheless, the TPR not shows prominent peaks at high 

temperature where SMSI appears. On the other hand, NiW/SiAl and NiW/MCM41 

catalysts have good metal candidates; nonetheless, their poor textural and acid 

properties not promote the formation of small crystal size of metal and the 

formation of SMSI structures. 

 

Figure 3.10 Correlation between (a) BET surface and (b) conversion and total acidity 
and conversion. 
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So, the different behavior of the catalysts reveals the importance of two facts: 

(i) the balance between the hydrogenation and dehydrogenation activity of the 

metallic function of the catalyst and the ring opening/cracking activity of the acidic 

function of the support, as well as (ii) the diffusivity of the reaction intermediates in 

the porous structure. Weitkamp [353] highlights that this balance is the key in the 

conversion and product distribution.  

The quality of the hydrocracking has been measured trough the selectivity to 

fuel index in Figure 3.11. This index, described in depth in section 2.5.5, takes into 

account the naphtha and LCO produced (dividend) and places the sub-products 

and unconverted feed as a drawback (divisor), resulting a dimensionless index. 

When desired products are in larger amount than the value of divisor, this index is 

larger than 1 (SF > 1) and the higher the value the better. Values of SF lower than 1 

suggest that reaction does not make sense due to either low hydrocracking activity 

or high selectivity to undesired products. This parameter was applied previously in 

literature by Li et al. [354,355] to study catalytic activity and selectivity and also to 

analyze the reaction conditions [308]. As we can see in Figure 3.10, the trend of this 

index is very similar to that shown by the conversion. Hence, NiW/SiAl and 

NiW/MCM41 catalysts have an index similar to thermal hydrocracking, CoMo/Al 

and NiMo/SiAl catalysts have a higher index, although neither reach the value SF = 

1. Finally, NiW/HY and PtPd/HY catalysts are the most worthwhile. The values 

achieved by these catalysts are 1.2 and 2.1 respectively, being both bigger than 1.  

   

Figure 3.11 Selectivity to fuel index. Reaction conditions: feed, VGO; 420 ºC; 80 bar; 
C/F ratio, 0.1; reaction time, 120 min. 
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3.2.2 Gas composition 

The composition of the gas obtained in thermal and catalytic runs is depicted 

in Figure 3.12. The main components in thermal runs (first column) were n-butane 

and i-butane (~55 wt%) followed by an interesting fraction of propane (20 wt%). 

Small amount of olefins (as propene) appears also (6 wt%). Although hydrogen 

pressure was used during the reaction, olefins are reaction intermediates and is 

common find them due to the absence of metal-hydrogen transfer centers increase 

its life span [114,135]. These gases constitute the liquified petroleum gas (LPG) 

fraction (~80 wt%), which have a great economic interest since some of them are 

platform compounds to synthesize other interesting products such as polyolefin 

plastics or synthetic fuels by means of oligomerization [356]. Methane and ethane 

fraction was 10 and 8 wt% respectively and constitute the less interesting dry gas 

fraction (DG). This fraction is often used in refinery boilers as fuel, helping to 

reduce the CO2 footprint since DG produces less CO2 emissions than other fuels 

such as gasoil.  

The composition obtained for CoMo/Al, NiMo/SiAl and NiW/SiAl catalysts 

are too similar between them. Comparing with thermal hydrocracking, a reduction 

of a ~15 wt% in LPG fraction takes place. The main fraction was n-propane with 

~30 wt% followed by n-butane (~25 wt%). On the other hand, i-butane fraction 

(~9 wt%) does not change too much in comparison with thermal hydrocracking. 

Thus, methane and ethane yields increase, being ~17 and ~20 wt% respectively. It is 

remarkable that NiW/MCM41 catalyst was the only catalyst generating olefins; this 

fact denoting low activity of the catalyst. Despite this, the composition of gases was 

similar to the previous. 

Finally, NiW/HY and PtPd/HY catalysts show the best performance since 

they achieve more LPG than the others. LPG fraction accounted ~80 wt%, as 

happens in thermal reaction. However, the reduction of n-butane (12 and 19 wt%) 

occurs while increasing i-butane (32 and 28 wt%) and maintaining high yield to n-

propane (~38 wt% in both cases). The DG fraction was ~16 wt%, being ethane the 

~10 wt%. Bearing these results in mind, the isomerization activity of these catalysts 

is another key point, since it indicates a remarkable activity of the acid sites [114]. 

Furthermore, the absence of olefins reveals a proper behavior of metallic function, 

which is responsible for hydrogenation-dehydrogenation reactions. 
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Figure 3.12 Composition of gas fraction. Reaction conditions: feed, VGO; 420 ºC; 80 
bar; C/F ratio, 0.1; and reaction time, 120 min. 

 

3.2.3 Naphtha composition 

The naphtha compositions for both the thermal hydrocracking and six 

catalysts are depicted in Figure 3.13. The composition obtained for thermal 

hydrocracking and when NiW/MCM41 and NiW/SiAl catalysts are used was quiet 

similar, since the activity of the catalysts was too low. Hence, radical mechanism 

was the predominant one, which corresponds to thermal cracking. Naphtha from 

NiW/MCM41 and NiW/SiAl catalysts are slightly more paraffinic, less aromatic 

and with a similar amount of naphthenic compounds than Th: n-P 34 wt%, i-P 26 

wt%, N 12 wt%, A1 17 wt% and A2 10 wt%for both catalysts, versus , n-P 33 wt%,  i-

P 22 wt%, N 12 wt%, A1 22 wt% and A2 and 10 wt%, for thermal hydrocracking. The 

olefin content was negligible in all the cases. According to the previous, the acidity 

of the support is a key factor in the hydrocracking reactions [139,143,357], when 

support is not acid enough the main mechanism is the thermal one.  

The composition of Th and those catalysts are similar to that obtained by 

different authors using dispersed catalysts, because although the reaction medium 

is different the mechanism whereby C-C bonds are broken down is the same. Du et 

al. [358] run their experiments for three different feedstocks in a stirred batch 

reactor at 8.0 MPa and 420 ºC during 1 hour using MoS2 at 300 μg g-1 as dispersed 

catalyst. For all the feedstocks used, naphtha composition showed more aliphatic 
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than aromatic compounds. The low aromatic content reported may be due to  the 

fact that they were in lower concentration in their feedstock than in our VGO. 

However, they obtain some alkenes in naphtha. So, the non existence of alkenes in 

our naphtha could be related to greater performance of our catalyst. 

 On the other hand, naphtha from CoMo/Al catalyst displays a reduction in 

n-P and an increase in i-P compared with thermal hydrocracking. However, 

naphthenic compounds increase up to 15.9 wt% while aromatics are slightly 

reduced, especially A2. Although the use of NiMo/SiAl catalyst provides a high 

yield to naphtha, its composition is highly aromatic under the reaction conditions. 

A1 and A2 imply 26.5 and 11 wt% respectively, in detriment of n-P and i-P (25 and 

21.3 wt%, respectively). Naphthenic compounds remained similar to CoMo/Al 

(15.9 wt%).Finally, naphtha from NiW/HY and PtPd/HY catalysts show the less 

n-P (~14 wt%) and higher i-P (26.7 and 23.8 wt%, respectively) concentration. 

Beside, as mentioned in literature [159], NiW/HY catalyst denotes better behavior 

in HDA in comparison with PtPd/HY catalyst reducing the total aromatic content 

(XX and XX wt%, respectively) where the main ones are A1 28.6 and 44.6 wt% 

respectively. Nevertheless, PtPd/HY shows lower concentration of A3 than 

NiW/HY (3.3 vs. 7.4 wt% respectively). 

 

Figure 3.13 Composition of the naphtha. Reaction conditions: feed, VGO; 420 ºC; 80 
bar; C/F ratio, 0.1; and reaction time, 120 min. 

In Figure 3.14, compounds are grouped by the total number of carbon atoms 

to study their distribution in naphtha fraction. Under the same reaction conditions, 

NiW/MCM41 and NiW/SiAl catalysts continue showing a similar distribution 
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profile to thermal hydrocracking. For these three ones, about 60 wt% is composed 

by C9-C12 (heavy naphtha). When increasing acidity (CoMo/Al and NiMo/SiAl 

catalysts), although C9 is still the main fraction, the compounds with more than 9 

carbon atoms diminish, i.e. C10 and C11-12 compounds, while C6-C8 compounds 

increase. Finally, NiW/HY and PtPd/HY catalysts achieve the lighter naphtha, 

being C7-C8 the main compounds while the distribution takes a bell-shape. Hence, 

as a consequence of acidic properties and the subsequence cleavage of heaviest 

molecules, the lowest C10 and C11-12 amount is achieved, especially for PtPd/HY 

catalyst. 

 

Figure 3.14 Carbon atoms distribution in naphtha fraction. Reaction conditions: 
feed, VGO; 420 ºC; 80 bar; C/F ratio, 0.1; and reaction time, 120 min. 

Something really important that could be a compelling reason in order to 

choose the best catalyst is not only the quantity of the product but also its quality. 

With this aim, the research octane number (RON) has been calculated for naphtha 

fraction and depicted in Figure 3.15. The RON is based on chromatographic 

information and calculated using the Anderson-Sharkey-Walsh method [309] ( 

explained in detail on section 2.5.5). 

The RON obtained with NiW/MCM41 and NiW/SiAl catalysts are slightly 

lower than that obtained by thermal hydrocracking (76.6, 76.1 and 79, respectively). 

In thermal hydrocracking, more aromatics are produced increasing the RON. 

Naphtha from NiMo/SiAl catalyst has a better composition in comparison with 

previous reactions and RON is 79.9 due to the decrease on n-P and increase in 

aromatics concentration. On the other hand, although naphtha from CoMo/Al 

catalyst has less aromatic compounds than that from NiW/MCM41 and NiW/SiAl 

catalysts, the increase of i-P was a key factor to push RON until 81.3. NiW/HY and 
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PtPd/HY catalysts show a remarkable upgrade in this parameter, being 86 and 

91.4, respectively. Naphtha from these catalysts is more isoparaffinic and aromatic, 

which enhances the RON. Beside, most compounds are in the C6-C9 range. The 

quality achieved by naphtha coming from PtPd/HY catalyst is comparable to that 

obtained by Lappas et al. [359], who achieved a RON of 93 in the catalytic cracking 

of VGO, using a commercial catalyst in a fluidized bed reactor. As well, the result is 

closed to the values obtained by a CREC RISER simulator reactor during the 

catalyst cracking of VGO [125]. To sum up and as this screening step shown, the 

acidity of the catalyst is tightly related with RON obtained by naphtha [360]. 

 

Figure 3.15 Research octane number (RON) of naphtha from different catalysts. 
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3.3 HYDROCRACKING A BLEND OF HDPE/VGO 

After the previous catalyst screening, the hydrocracking of HDPE/VGO 

blends will be carried out using the most promising catalysts, i.e. NiW/HY and 

PtPd/HY. The aim of this preliminary study is to assess the prospects of this 

process for plastic valorization, studying the effect of the addition of HDPE on the 

conversion and product distribution. Furthermore, this study unveil the more 

suitable catalyst and appropriate temperature to maximize the production of 

automotive-like fuels, i.e., gasoline and diesel. 

 

3.3.1 Hydrocracking yields and conversion  

The effect of temperature on the hydrocracking conversion of both VGO and 

HDPE/VGO blend using NiW/HY and PtPd/HY catalysts has been depicted in 

Figure 3.16.  

 

Figure 3.16 Effect of temperature on the conversion of VGO and HDPE in the 
hydrocracking of VGO and HDPE/VGO blend for NiW/HY (a) and PtPd/HY (b) 
catalysts. Reaction conditions: 80 bar; C/F ratio, 0.1; reaction time, 120 min. 

Comparing the results obtained with both feedstocks, the incorporation of 

HDPE to the reaction medium has a positive effect on the apparent conversion of 

HCO for NiW/HY catalyst (Figure 3.16a), for the whole studied temperature range. 

This result can be attributed to the activity of the strong acidic (Brønsted) sites of 

this catalyst that activate the carbocationic cracking mechanism of the dissolved 

HDPE chains above 400 °C, which is the first stage of the hydrocracking mechanism 

of polyolefins [310]. On the other hand, for PtPd/HY catalyst (Figure 3.16b), the 
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conversion of HCO is lower for HDPE/VGO blend at 400 and 420 ºC, but higher at 

440 ºC. This result can be attributed to the high microporosity of this catalyst that 

hinders the access of large molecules to the active sites. Therefore, at 400 ºC 

partially activate the carbocationic cracking mechanism of the dissolved 

polyolefins. However, above 420 ºC, it is remarkable the increase in the rate of 

protonation of the olefinic chains, which will presumably be formed by means of 

the well established free radical mechanism characteristic of non-catalytic cracking. 

The global tendency of the conversion of HCO is to increase with temperature 

when the HDPE/VGO blend is fed. 

Likewise, the conversion of HDPE rises when temperature is increased for 

both catalysts, reaching a conversion of HDPE of 81.4 wt% at 440 ºC with NiW/HY 

catalyst. On the other hand, PtPd/HY catalyst achieves approximately the same 

HDPE conversion than NiW/HY catalyst but at 420 ºC. However, when the 

temperature has been increased up to 440 ºC, the total conversion of HDPE has 

been obtained for PtPd/HY catalyst. 

An explanation to the higher HCO conversion in the blend compared to the 

neat VGO can be found in the synergy between the cracking mechanisms of VGO 

and the dissolved HDPE. The mechanism of the main hydrocarbon compounds of 

VGO is well established in the literature [114,361]. Thus, alkanes are hydrogenated 

in the metallic sites to alkenes, which desorb from the metallic sites and are 

protonated in the Brønsted sites of the acid function to secondary alkylcarbenium 

ions. These are the active intermediates of sequential reactions of skeletal 

rearrangements (different routes) and C-C bond breakage (β-scission), with the 

subsequent formation of a smaller alkylcarbenium ion and an alkene explained in 

detail in section 1.4.2. In this mechanism, the alkenes are hydrogenated in the 

metallic sites to the corresponding alkanes. The aromatics (mainly in the VGO) are 

hydrogenated in the metallic sites to their corresponding naphthenes 

(polynaphthenes in the case of PAHs), whose ring opening leads to olefins, which 

are hydrogenated to paraffins in the metallic sites. This synergy of the stages 

displaces the thermodynamic equilibrium of the hydrogenation reactions. The co-

feeding of HDPE together with the VGO will lead to the fast formation of the 

secondary alkylcarbenium ions by protonation of the free radicals formed from the 

HDPE chains [310], activating the aforementioned mechanism for hydrocracking 

the components of VGO. 

The results collected in Figure 3.17 expose that under the investigated 

conditions high naphtha yield or balanced naphtha and LCO yields can be obtained 

selecting the proper catalyst and temperature. However, a notorious effect 

co-feeding HDPE has been observed, which influences the product distribution. 

Hence, it is more relevant chose the appropriate catalyst given the established aims. 
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This way, in general, with the NiW/HY catalyst (Figure 3.17a) a temperature higher 

than420 ºC are required in order to obtain high yields of naphtha and LCO 

fractions. Besides, the naphtha and LCO yields obtained at 440 ºC are higher for the 

blend than those obtained in the hydrocracking of VGO. This way, the yield of 

naphtha is 24.8 wt% (24.4 wt% for the VGO) and the yield of the LCO is 28.1 wt% 

(24.4 wt% for the VGO). The yield of gases is lower than that obtained with the 

PtPd/HY catalyst (Figure 3.17b) as a lower overcracking of the naphtha and LCO 

fractions takes place. Comparing the gas yield for NiW/HY at 440 ºC between both 

feedstocks, higher yield is obtained when the HDPE/VGO blend is fed (26.5 wt%) 

compared to that obtained with the VGO (19.5 wt%). Moreover, the gases obtained 

in the hydrocracking of the blend are composed of lighter compounds (Figure 3.19). 

It should be noted that the amount of coke deposited on the catalyst is similar for 

the blend and for the VGO (0.9 and 1.0 wt%, respectively), which indicates that the 

addition of HDPE to the feedstock has a low impact on the coke formation. 

 

Figure 3.17 Yields (wt%) in the hydrocracking of VGO and HDPE/VGO blend for 
NiW/HY (a) and PtPd/HY (b) catalysts at different temperatures. Reaction 
conditions: 80 bar; C/F ratio, 0.1; reaction time, 120 min. 

On the other hand, with PtPd/HY catalyst (Figure 3.17b) an excessive 

overcracking has been obtained when feeding the blend, which led to a high yield 

of gases and to a subsequent reduction of naphtha and LCO yields. The results 

obtained at 440 ºC do not follow this trend, as an increase of the yield of the LCO 

fraction has been obtained in the co-feeding (9.4 wt% for the blend and 6.1 wt% for 

the VGO) and total conversion of HDPE has been attained, i.e. non wax was 

detected. Furthermore, a high yield of the naphtha fraction has been obtained 

(31.8 wt%), even though lower than that obtained in the hydrocracking of VGO 

(34.9 wt%) because of the overcracking. 
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Figure 3.18 depicts the selectivity to fuel (SF) for both catalysts using VGO and 

HDPE/VGO as a feed. In the case of NiW/HY (Figure 3.18a), the selectivity of VGO 

hydrocracking reaches a maximum of 1.21 at 420 ºC. The temperature increase 

beyond 420 ºC provokes a decrease of SF because the gas yield increases decreasing 

the naphtha yield. When HDPE is co-fed with VGO, the behavior was similar to the 

previous one, not interfering positively or negatively in this parameter. Besides, at 

the highest temperature at which the reactions have been carried out, SF gets a 

closer value compared to the best one (1.12). On the other hand, Figure 3.18b 

collects the results for the PtPd/HY catalyst. Hitherto, this catalyst achieves the best 

result for this index hydrocracking VGO. However, an abrupt decrease takes place 

when the temperature increases. Nevertheless, the trend change completely when 

the blend is hydrocracked. Although results show a maximum at 420 ºC, the 

selectivity was lower than 1 for all the temperatures in spite of Figure 3.17b shows 

higher conversions. This fact is due to the large gas yields is the main lump. In this 

case, it will be interesting to study other operating conditions which reduce the gas 

yield and maintain good yields to desirable products. 

 

Figure 3.18 Fuel selectivity for NiW/HY (a) and PtPd/HY (b) catalysts at different 

temperatures. Reaction conditions: 80 bar; C/F ratio, 10; reaction time, 120 min. 
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yields of the other compounds decreased, with values of 16.3 wt% for ethane and 

9.7 wt% for methane. Hence, at low temperatures, the co-feeding of HDPE favors 

the isomerization reactions, as well as the β-scission reactions of branched 

hydrocarbons [362]. Furthermore, similar behaviors have been observed with this 

catalyst in the hydrocracking of VGO at the same temperatures. 

 

Figure 3.19 Effect of temperature on gas composition in VGO and HDPE/VGO 
hydrocracking over NiW/HY (a) and PtPd/HY (b) catalysts. Reaction conditions: 
80 bar, C/F ratio, 0.1; reaction time, 120 min. 

For PtPd/HY catalyst (Figure 3.19b) the same trends for both feedstocks are 

observed when increasing temperature, thermal cracking reactions are boosted  and 

the yields of methane and ethane raised, whereas the of propane and iso-butane 

yields decreased. However, for this catalyst the concentration of iso-butane is lower 

than that obtained with the NiW/HY catalyst, while the concentration of methane 

is similar and the concentration of ethane and propane is higher, since the high 

acidity of the catalyst (Table 3.1) produces the cracking towards lighter compounds. 

In the hydrocracking of the HDPE/VGO blend, also higher temperatures 

favor the production of lighter fractions, increasing the yields of methane and 

ethane from 4.9 and 14.7 wt% at 400 ºC to 10.8 and 25.5 wt% at 440 ºC, respectively. 

The yield of propane is reduced with the increase of temperature from 56.6 to 

46.5 wt%, as well as the yield of iso-butane from 23.8 to 17.2 wt%. It is noticeable 

that none of the catalysts produce olefins, even at 440 ºC, due to the promotion of 

hydrogen-transfer reactions that take place on the acid sites available (Table 3.1), 

particularly by those of high acidic strength [363]. 
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3.3.3 Naphtha composition and RON 

The composition of the naphtha fraction obtained with NiW/HY and 

PtPd/HY catalysts is depicted in Figure 3.20. With NiW/HY catalyst (Figure 3.20a), 

the naphtha is slightly more olefinic and paraffinic and less aromatic when the 

HDPE is co-fed. However, temperature has not a marked effect on the composition 

of the naphtha fraction obtained with both feedstocks, as similar concentrations of 

all the compounds, i.e. paraffins, naphthenes, olefins and aromatics, have been 

obtained. Attending to the effect of temperature, it can be seen that the formation of 

paraffins is boosted at higher temperature, while decreasing the concentration of 

the rest of compounds. 

 

Figure 3.20 Effect of temperature on naphtha composition obtained in the 
hydrocracking of VGO and HDPE/VGO blend with NiW/HY (a) and PtPd/HY (b) 
catalysts. Reaction conditions: 80 bar; C/F ratio, 0.1; reaction time, 120 min. 

On the other hand, with PtPd/HY catalyst (Figure 3.20b), the co-feeding of 

HDPE causes the decrease of the paraffin fraction and favors the presence of 

aromatic compounds, increasing at the same time the RON [364], due to the lower 

B/L ratio (lower density of Brønsted sites) and consequent lower cracking activity 

of the support that displaces unfavorably the thermodynamic equilibrium of the 

first stage of hydrogenation and dehydrogenation reaction. The naphtha obtained 

at 400 ºC is much more aromatic (45.7 wt%) than that obtained with VGO 

(17.6 wt%). In the same way, the concentration of paraffins and naphthenes is also 

smaller (30.9 and 22.2 wt%, respectively).  

Furthermore, a small concentration of olefins (1.1 wt%) has been obtained. 

With an increase of the temperature from 400 to 420 ºC, the concentration of 

paraffins remains almost constant, whereas the concentration of naphthenes and 

olefins decrease to 20.2 and 0.6 wt%, respectively. The concentrations of mono- and 
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di-aromatics increased to 47.9 and 2.15 wt%, respectively, due to the 

thermodynamic limitation of the hydrogenation. When increasing the temperature 

up to 440 ºC, the aromatic fraction increased to 55.58 wt%, reducing the 

concentration of the saturated fraction (naphthenes, 16.58 wt% and paraffins, 

27.7 wt%). Finally, the concentration of olefins in the naphtha fraction decreased to 

0.1 wt%, as their stability is reduced and their cracking to gaseous products is 

boosted. 

The research octane number (RON) is depicted in Figure 3.21 to assess the 

quality of the naphtha fraction. In this way, we can see the effect of temperature 

and compare it between catalysts and how the HDPE addition influences the 

naphtha RON. The points on the scatter plot are the experimental data and each 

data group is also accompanied by tendency lines (continuous for VGO and dot 

lines for HDPE/VGO). Results show that the naphtha RON for VGO hydrocracking 

with NiW/HY catalyst (Figure 3.21a) decrease when the temperature rises. This 

catalyst achieves the maximum RON at 400 ºC, which it is 89, and then decreases. 

This behavior can be related to the increase of the paraffinic fraction and decrease 

of aromatics.  

 

Figure 3.21 Research octane umber (RON) of naphtha vs. temperature for NiW/HY 

(a) and PtPd/HY (b) catalysts hydrocracking VGO and HDPE/VGO. Reaction 

conditions: 80 bar; C/F ratio, 0.1; reaction time, 120 min. 

On the other hand, PtPd/HY (Figure 3.21b) has an opposite performance. 

This catalyst enhances the RON when increase the temperature, attaining its 

maximum value of 90 at 440 ºC. The reason that explain that performance is the 

push of aromatics when increase the temperature. When HDPE is co-fed, in 

general, although shows a flat tendency, the obtained RON was higher compared to 

the RON from the VGO hydrocracking. The PtPd/HY catalyst (Figure 3.21b) 
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returns the best result of RON for all the temperatures, being 94 the maximum 

value at 440 ºC. In spite of the different behavior, both catalysts produce naphthas 

which are feasible to be added in a refinery naphtha pool. 

 

3.3.4 LCO composition and cetane index 

The composition of the LCO fraction obtained in the hydrocracking of VGO 

and HDPE/VGO with NiW/HY and PtPd/HY catalysts is shown in Figure 3.22 to 

assess that if could be added to diesel pool.  

 

Figure 3.22 Effect of temperature on LCO composition obtained in the 
hydrocracking of VGO and HDPE/VGO blend with NiW/Y (a) and PtPd/Y (b) 
catalysts. Reaction conditions: 80 bar; C/F ratio, 0.1; reaction time, 120 min. 

NiW/HY catalyst (Figure 3.22a) depicts a more paraffinic LCO in the 

hydrocracking of the blend than that obtained in the hydrocracking of VGO. At 

400 ºC, the LCO composition from VGO hydrocracking is: 48.5 wt% of paraffins, 

1.3 wt% of naphthenes, 4.5 wt% of mono-aromatics, 44.2 wt% of di-aromatics and 

1.5 wt% of poly aromatics. When increasing the temperature to 420 ºC, the 

concentration of paraffins increased until 50.7 wt% due to the major extent of the 

cracking reactions and it remained almost constant at higher temperatures. The 

concentration of naphthenes becomes negligible at 420 ºC, due to the greater extent 

of the dehydrogenation reactions to aromatics. In that way, the concentration of 

poly-aromatics increased with temperature from 4.6 wt% at 420 ºC to 6.3 wt% at 

440 ºC. Thus, the concentration of di-aromatics decreased, since they condensed to 

form poly-aromatics. Moreover, the mono-aromatics slightly increased when 

temperature was increased to 420 ºC and to 440 ºC (4.9 wt% and 5.4 wt%, 
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respectively), since they are obtained in the cracking of di-aromatics or from 

hydrodearomatization of naphthenic compounds. 

The results for the hydrocracking of both VGO and HDPE/VGO over 

PtPd/HY catalyst are shown in Figure 3.22b. Due to the highest activity of the 

metallic sites of this catalyst, which hydrogenates the aromatics and shifts the 

equilibrium of the cracking reactions and because most of the HDPE cracks to > C16 

compounds, the obtained LCO is more paraffinic, less aromatic and no naphthenic 

fraction has been detected for all the temperature range and both feedstocks. The 

addition of HDPE to VGO provokes an increase in the concentration of paraffins in 

the LCO fraction. At 400 ºC, the concentration of paraffins (73.5 wt%) is higher than 

that obtained in the hydrocracking of VGO (68.1 wt%), while the concentration of 

mono-, di- and poly-aromatics is lower (5.8, 19.6 and 1.0 wt%, respectively). When 

increasing the temperature, the hydrogenation reactions are disadvantaged, 

increasing the concentration of the di- and poly-aromatics while decreasing the 

concentration of mono-aromatics as well as that of paraffins. 

The cetane index is a well know parameter to estimate the quality of the 

diesel fraction, which is applicable to our LCO fraction. The method followed to 

estimate this parameter were the ATSM D4737 standard, which are described in 

detail in section 2.5.5. Figure 3.23 shows with light color symbols with their 

continuous tendency lines the data from VGO hydrocracking whereas the dark 

colors with their dot lines are from the HDPE/VGO hydrocracking.  

 

Figure 3.23 Cetane index of LCO fraction vs. temperature for NiW/HY (a) and 

PtPd/HY (b) catalysts hydrocracking VGO and HDPE/VGO. Reaction conditions: 

80 bar; C/F ratio, 0.1; reaction time, 120 min. 
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The increase of temperature reduces the cetane index of LCO from 50 to 40 

when VGO is hydrocracked using NiW/HY catalyst in Figure 3.23a. While on the 

contrary in Figure 3.23b, the PtPd/HY catalyst illustrates a small but positive slope, 

achieving 45 at the maximum temperature. So 420 ºC is a inflexion point in this case 

where the NiW/HY catalyst comes from behaving better at lower temperatures but 

the situation flips and the PtPd/HY catalyst underscores at higher temperatures. 

The addition of HDPE to VGO reveals an improvement for both catalysts in 

comparison with the obtained in LCO from neat VGO hydrocracking. In the case of 

the NiW/HY catalyst (Figure 3.23a), it reduces drastically the influence of 

temperature in the cetane index keeping it almost constant at 45. On the other hand, 

hydrocracking the blend with the PtPd/HY catalyst (Figure 3.23b) produces a LCO 

whose CI increases when temperature rises.  
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4 CO-HYDROCRACKING OF DIFFERENT WASTE PLASTIC 

AND VGO 

In this chapter it has been studied the suitability of different approaches to 

upgrade waste plastic to automotive fuels range hydrocarbons. These approaches 

have consisted on the hydrocracking of different blends made of plastics (HDPE 

and PP), plastic pyrolysis oil (PO) and vacuum gasoil (VGO, current hydrocracking 

unit feedstock) according to different strategies.  

One of the approaches consists on the valorization of a blend of PO and VGO. 

This strategy is based on a decentralized waste plastics management model, in 

which the polyolefinic plastics (2/3 of plastics in municipal solid waste (MSW)) 

would be treated in a fast pyrolysis plant located in the proximity of the MSW 

collection and classification points, and the PO obtained would be afterwards sent 

to refinery for its centralized upgrading to fuels. The PO studied is the one 

corresponding to the pyrolysis of HDPE. The PO content in the blend (20 wt%) has 

been established based on the results of the catalytic cracking study under FCC 

conditions [127–130] and the hydrocracking PO [365–367].  

The second strategy is the direct valorization of the polyolefins (HDPE or PP 

in our case) dissolved in VGO. This dilution with 20 wt% of plastic, regarding the 

results in the catalytic cracking [117,119,123,125] and in hydrocracking of HDPE or 

LDPE blends with LCO and VGO [152,153,156],can be done in either at the sorting 

points or at the refinery itself. Furthermore, the hydrocracking of a ternary mixture 

of HDPE, PO and VGO has been studied, being this approach the combination of 

the previous two strategies, with the possible advantage respect to the valorization 

of the HDPE/VGO blend with a better dissolution of HDPE in the reaction media. 

Besides, neat VGO and PO have been also hydrocracked in order to quantify the 

influence of blending in the results.  

To facilitate the monitoring of the results, the blend of PO/VGO, 

HDPE/VGO, PO/HDPE/VGO and PP/VGO will be identified with the key 

Blend 1, Blend 2, Blend 3 and Blend 4, respectively. The reaction conditions will be 

the following: 

- Temperature:  400 - 440 ºC 
- Pressure: 80 bar H2 
- Catalyst to feed ratio: 0.1 (in mass)  
- Stirrer speed: 1300 rpm 
- Reaction time: 120 min 

 

The reactions are carried out with a NiW/HY catalyst (section 4.1), since it is 

an active catalyst with a commitment production of naphtha and LCO (diesel) 
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fractions as it has been previously proven (in section 3.3), and with a PtPd/HY 

catalyst (section 4.2), as it achieves high naphtha rates and full conversion of HDPE 

[368]. Furthermore, in both sections, the gas and liquid fractions have been 

analyzed as well as it has been calculated the selectivity index which has allowed 

performing a proper analysis of the hydrocracking quality as well as evaluating the 

suitability of the products for their integration into the refineries' fuel pools. 

 

Thereafter, in general, it has been found along this Thesis that the PtPd/HY 

catalyst causes overcracking of most feedstocks and especially with PO, PO/VGO 

(Blend 1) and HDPE/VGO (Blend 2). In the case of PO, this overcracking is justified 

given that it contains low boiling point compounds (into naphtha range). This 

behavior also takes place even with the NiW/HY catalyst. However, this argument 

is not applicable to the HDPE/VGO blend. PtPd/HY catalyst has high acidity but 

place the main one in the micropore of the zeolite, there HDPE molecules has a 

difficult access to the micropore of the zeolite and overcracking the liquid fraction 

(VGO). Therefore, two possible alternatives have been proposed to face the 

overcracking of PtPd/HY with HDPE/VGO: (i) modify the acidic and textural 

properties of the catalyst through alkaline desilication (carried out in section 4.3) 

and (ii) study the effect of operating conditions on product distribution and 

conversions in order to minimize the undesired products (gas and coke) and 

maximize the naphtha and LCO lumps (Chapter 5). Consequently, in section 4.3.3 

the results of HDPE/VGO hydrocracking at 440 ºC, 80 bar, 120 min with the parent 

PtPd/HY catalyst (called, Cat-A) are shown in comparison with two other catalysts 

synthesized from Cat-A with different alkaline treatments (Cat-B and Cat -C). 
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4.1 NiW/HY CATALYST 

4.1.1 Hydrocracking yields and conversion 

Figure 4.1 shows the effect of temperature on product distribution (yields) 

and the HCO and plastic conversions (XHCO and Xplastic, respectively) obtained for 

each batch. Reaction products have been lumped in six lumps (gas, naphtha, LCO, 

HCO, wax and coke). This way, at 400 °C moderate values of XHCO have been 

obtained with all the blends (XHCO < 26 wt%) except for Blend 4 (XHCO = 33 wt%). 

Indeed, the lowest value has been obtained for the VGO (19.1 wt%) followed by PO 

(21 wt%), meaning that either binaries or ternary blends promote the conversion of 

heavy compounds into lighter ones. This asseveration is ratified by the conversion 

obtained with PO/VGO (Blend 1), higher than that obtained in the hydrocracking 

of neat VGO or PO.  

 

Figure 4.1 Effect of temperature on the yields and conversions for different 
feedstocks. Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 
time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 
PO/HDPE/VGO; Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO 
hydrocracking (Blend 2) have been obtained from section 3.3. 

The higher XHCO with all binary mixtures may be due to: (i) the higher 

hydrocracking reactivity of HDPE, PP and PO compounds comparing to VGO, and; 

(ii) the synergistic effects between the cracking mechanisms of VGO and dissolved 

HDPE, PP or PO. However, the low PP conversion denies these two statements for 

all the feedstocks. Hence, the fact of the high HCO conversion with PP/VGO can be 

because of the low reactivity of PP and the only reactions of VGO molecules.  

The mechanism of the main hydrocarbon compounds of VGO has been 

deeply studied in literature [114,361,369]. Therefore, Figure 4.2 depicts how alkanes 
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are dehydrogenated to alkenes in the metallic sites, and that is why the metal plays 

an important role being relevant its hydrogenation and dehydrogenation capacity 

(Figure 4.2a).  

 

Figure 4.2 Hydrocracking and isomerization mechanism scheme from alkanes in 
both metal and Brønsted acid sites. 

The formed alkenes desorb from the metal sites and migrate to Brønsted acid 

sites to be protonated to secondary alkylcarbenium ions (Figure 4.2b). The β-

scission of the secondary alkylcarbenium ions, in which a smaller alkylcarbenium 

ion and an alkene are formed (Figure 4.2f), rarely occurs because the by-product of 

the reaction is energetically unfavorable. However, it is remarkable that the 

likelihood of β-scissions take place increases as long as the branching degree in the 

secondary alkylcarbenium ion increases. Thus, the most likely route is the skeletal 

rearrangement to mono-branched alkylcarbenium ions (Figure 4.2c), which desorb 

from the acid sites as i-alkenes after being deprotonated (Figure 4.2d) and diffuse to 

metal sites where they are hydrogenated to the corresponding iso-paraffins (Figure 

4.2 e). As the conversion moves forward, mono-branched paraffins are promoted to 

di-branched paraffins and so on. After that, when di-branched paraffins come to 

Brønsted acid sites, is highly probable that primary β-scissions take place (Figure 
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4.2f). Then the new alkylcarbenium ion and (Cj H
⊕

2j+1) is deprotonated in the same 

or other Brønsted active site (Figure 4.2g) and in metal active site both alkenes are 

hydrogenated (Figure 4.2h). There is the possibility that a second β-scission occurs 

when the new alkylcarbenium ion is long enough and has branches (Figure 4.2i), 

giving rise to another alkylcarbenium ion and another alkene. These new molecules 

would later follow the procedure already described giving new shorter chain 

alkanes (Figure 4.2g and h). 

On the other hand, aromatics (major compounds in VGO) also are 

hydrogenated in the metal sites to their corresponding naphthenes (or 

polynaphthenes in the case of PAHs). The ring opening reactions of the naphthenes 

that form olefins is thermodynamically favored, which are, in turn, hydrogenated 

on the metallic sites into paraffins. The synergy of the two stages, hydrogenation 

and subsequent cracking, displaces the thermodynamic equilibrium of the 

hydrogenation reactions. So, taking into account the composition of the waste 

plastic-derived feeds, the co-feeding of HDPE, PP or PO together with VGO will 

lead to the rapid formation of secondary alkylcarbenium ions by protonation of the 

free radicals which, although are neutral charge molecules, they are highly reactive, 

as Shabtai et al. [310] notice from HPDE chains and PO olefins, activating the 

aforementioned mechanism for the hydrocracking of VGO components. 

As was evaluated in Section 3.3, Blend 2 achieves a surprisingly high valor de 

Xplastic (57.4 wt%), which almost doubles the conversion obtained (31.0 wt%) by 

Palos et al. [156] in the hydrotreating of a HDPE/LCO blend under similar 

operating conditions. This difference is a consequence of the higher reactivity of the 

components of the VGO regarding to the LCO ones, which is a highly refractory 

refinery stream. However, the Xplastic obtained with the PO/HDPE/VGO (Blend 3) 

(2 wt%) is much lower than that obtained with binary mixtures. Furthermore, the 

lowest XHCO corresponding to the blends is also obtained with PO/HDPE/VGO 

(Blend 3) (23.2 wt%), which clearly exposes that, PO and HDPE molecules are 

competing for being adsorbed on the active sites. This is strongly affected by the 

preferential adsorption of some compounds due to their different chemical 

structure, and hence, their polar nature is the key factor. The adsorption order of 

the molecules on hydrocracking catalysts is [171]: aromatics > naphthenes > 

alkanes. The composition of PO is mainly alkenes (more than 50 wt%) which are 

slightly more polar molecules than alkanes. Moreover, the diffusivity of molecules 

in the pores of the catalyst is strongly affected by his molecular weight. This way, 

the suppression of the conversion of diluted HDPE macromolecules because of both 

the preferential adsorption and easier diffusion of PO components can explain the 

obtained result. 
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Furthermore, concerning to the preparation of some feeds, two different types 

of polyolefin plastics have been used: HDPE and PP. Although in somehow those 

plastics are considered semi-crystalline with low short branching degree, have 

different properties like density, melting point or organic solvent resistance among 

others. Thus, as a consequence of the fact that PP has higher resistance to chemicals 

and organic solvents, is stiffer and has higher melting point in comparison to 

HDPE, it makes PP a harder plastic to be attacked. However, in spite of PP TGA 

shows its pyrolysis at lower temperature than HDPE (maximum of DTG at 465 and 

484 ºC, respectively), it still above enough in comparison with the reaction 

temperature achieved in some reaction conditions, thus, the conversion of PP into 

like-fuel products is more difficult. Hence, at temperatures lower than 420 ºC PP 

achieves poorer outcomes in comparison to HDPE. However, at maximum 

temperature, the resistances depicted previously according to their different nature 

seems to fade away down and therefore PP conversion in Blend 4 overcome the 

extent achieved by HDPE in Blend 2 at the same operating conditions. These better 

results from Blend 4 may be due to the fact that when the PP is broken into 

medium-sized chains, the natural branches in this chains can promote the 

secondary β-scission (Figure 4.2i), which push the conversion and yields to light 

compounds in the naphtha range. 

Attending to the products distribution, it can be seen that higher 

temperatures than 400 °C are required to further hydrocrack HCO lump into lighter 

lumps. This way, the highest and lowest yields of HCO lumps have been obtained 

in the hydrocracking of VGO and PO (77.1 and 31.1 wt%, respectively), which is in 

concordance with their composition (Table 2.1). Therefore, these feedstocks achieve 

a XHCO of 19.1 and 23 wt%, respectively. However, the yields of desired products 

(naphtha and LCO) are 6.2 and 13 wt%, respectively, in the case of the VGO and 

29.3 and 28 wt%, respectively, for PO. Such difference comes from the starting 

composition as mentioned before, where the compounds in PO produce more gases 

in its hydrocracking than VGO (10.5 and 2.8, respectively). In blends hydrocracking, 

the presence of PO, PP or HDPE with the VGO promotes the XHCO. Furthermore, 

PO/VGO (Blend 1) and neat PO are the feedstock that are greatly converted into 

gas products, given their lighter composition (Table 2.1) and its higher tendency to 

overcrack. The yield of naphtha and LCO, which are the most interesting products, 

is quite similar for all the blends. In the case of naphtha, yields vary from 9.8 wt% 

for Blend 3 to 12.8 wt% for Blend 1 and for LCO, its yield changes from 13.4 wt% 

for Blend 4 to 18.1 for Blend 2. Finally, the yield of coke deposited on the catalyst, is 

slightly higher in the hydrocracking of PP/VGO (Blend 4) (1.2 wt%) than for the 

rest of the feedstocks (c.a. 0.85 wt%). Overall, similar results have been obtained by 

Karayildirim et al. [311] in the hydrocracking of VGO, LDPE and the blend thereof.  
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According to XHCO, differences between feeds are not too big. While with 

Blend 3 is obtained the poorer conversion (23.3 wt%), with Blend 4 the greatest one 

is achieved (32.8 wt%) and with Blend 1 and 2 the XHCO values are similar (~25.6 

wt%). However, the values of XPlastic await big differences with different feedstocks. 

While with Blend 2 is attained the greatest conversion (53.4 wt%), the results with 

Blend 3 and 4 (regarding HDPE and PP conversion, respectively) are kept very far 

(2 and 13.3 wt%, respectively). The poor results obtained by Blend 3 seem to be a 

problem of compatibility between the feeds, since Blend 2, which also contains 

HDPE, is the one that has obtained the highest conversion. On the other hand, 

although the addition of plastic alone seems to work well for HDPE, this does not 

happen for PP. The reasons why a good performance is not achieved lies in the 

difference of its properties regarding to HDPE mentioned above. PP has properties 

that make it harder and resistant to be attacked, which is the reason why it is more 

difficult to convert. 

An increase of the temperature up to 420 °C has a significant effect on both 

conversions (XHCO and XHDPE) and product distribution, with the exception of the 

PO/HDPE/VGO (Blend 3) for which it is less noticeable. Naphtha and LCO yields 

reach good levels from neat feed. Naphtha yields are 28.8 and 35 wt% for VGO and 

PO, respectively, whilst LCO yields are 26.1 and 23.3 wt%, respectively. However, 

with some blends are achieved better targets in naphtha yield than that shown by 

VGO and close to neat PO. Thus, the hydrocracking of Blend 1 and 2 exhibits 

similar naphtha yields (33.5 and 30.1 wt%, respectively). Nevertheless, the highest 

value of LCO yield is obtained for Blend 1 (28.2 wt%) while the LCO yield 

corresponding to Blend 2 hydrocracking is comparable to neat feedstock 

hydrocracking (23.8 wt%). Behind those results, there are the yields of Blend 4. This 

blend produces 23.7 wt% of naphtha and 17.5 wt% of LCO. Those lesser results can 

be due to the lower reactivity of PP. Finally, Blend 3 hydrocracking report the 

lowest naphtha yield (13.4 wt%) and low LCO yield (20.8 wt%), which are even 

lower than neat feedstock hydrocracking. This way, it seems that there are good 

synergies observed in Blend 1, Blend 2 and also Blend 4 which are binary mixtures. 

However, for ternary mixtures (Blend 3) the competition for the active sites remains 

as an important drawback. 

Concerning XHCO, the hydrocracking of VGO offers once again the lowest 

value (68.3 wt%), whereas the highest ones have been obtained with both PO and 

HDPE/VGO (Blend 2), with c.a. 73.5 wt%. The highest XHCO of the PO is directly 

attributed to the lighter composition of this feedstock (Table 2.1), while from 

HDPE/VGO (Blend 2) can be attributed to the hydrogen donor character of the 

HDPE [155]. The hydrocracking of PO/VGO (Blend 1), in turn, offers a satisfactory 

value of XHCO of 70.3 wt%, slightly lower than that obtained with the other 

feedstocks, meaning that the conversion boosting effects of this blend observed at 
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400 °C are attenuated when temperature is increased. On the other side, the XHCO of 

Blend 4 is lower (61.8 wt%) and much lower for Blend 3 (38.5 wt%). On the other 

side, the Xplastic obtained with HDPE/VGO (Blend 2) increases notoriously with 

temperature, reaching a value of 74.7 wt% at 420 °C. The conversion is promoted by 

the greatest number of free radicals which appear when temperature is raised [21]. 

Free radicals are formed by thermal hydrocracking owing to thermolytic process in 

the medium or by hydrogen abstraction reaction that occurs in the catalyst weak 

acid sites [152]. On the contrary, both Blend 3 and 4 display poor Xplastic. In spite of 

the high Xplastic in the hydrocracking of Blend 2, this conversion in Blend 3 is stuck at 

7.3 wt% due to a bad synergy in which the competition for acid sites blocks the 

adsorption of larger alkanes from HDPE. Finally, although the competition for 

active sites is not the problem in the case of PP conversion in Blend 4 (22.1 wt%), 

this value is explained by the intrinsic resistance of this polymer for being cracked. 

As expected, the values of the XHCO and Xplastic have increased with 

temperature, reaching its maximum values at 440 °C (Figure 4.1), even for the blend 

PO/HDPE/VGO (Blend 3). However, this not implies an improvement in the 

products distribution, because the gas yield increases drastically at this reaction 

temperature; in the case of hydrocracking of VGO, this yield arises to 19.5 wt% 

from 2.8 wt% at 400 ºC. But this increase is not comparable to that achieved by PO 

hydrocracking, for which the highest gas yield is obtained at 440 ºC (45.9 wt%). 

These increases in the gas yield impact the yield of desired products. This way, 

naphtha and LCO yields are lower than at lower temperature, being 24.4 and 24.8 

wt%, respectively, for VGO, and 30.6 and 14.5 wt%, respectively, for PO. On the 

other hand, co-feeding polyolefins with VGO have led to mitigate or enhance the 

yield of products lumps. For Blend 1, Blend 3 and Blend 4, the gas yields are lower 

than obtained by neat feeds (16.2, 9.6 and 15.5 wt%, respectively). So, the blends 

have meant an improvement reducing the overcracking issue. In the particular case 

of Blend 4, which contains PP, this plastic contains one branch in its monomeric 

structure. Therefore, the cracked fragments from long PP chain have various 

branches which, according to Weitkamp [114], promote the primary and secondary 

β-scission, then reducing the amount of gas.  

Based on these results, an interesting distribution of products is obtained for 

the hydrocracking of the Blends at 440 ºC, with a naphtha yield of 40.4, 36.7 and 

47.2 wt% for Blend 1, Blend 3 and Blend 4, respectively. It has to be pointed how the 

performance changes from PO to Blend 1 (PO/VGO) where the overcracking of 

naphtha to gas has lessened. Furthermore, in the hydrocracking of Blend 4, the 

greatest naphtha yield is obtained as a result of the push received by the β-scission 

of fragments from PP chain. The LCO yield when hydrocracking these feeds (Blend 

1, Blend 3 and Blend 4), not overcomes the values achieved by VGO hydrocracking 

but are similar (21.7, 23.9 and 19.4 wt%, respectively). Only from Blend 2 has 
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slightly larger gas yield (26.5 wt%) than from VGO, with also a slightly higher 

naphtha yield (24.8 wt%). However, the LCO yield (28.1 wt%) overcomes the LCO 

yield achieved by VGO, and is the largest value obtained for all feedstocks. Finally, 

it should be noted that the coke yield increases slightly when increasing the 

reaction temperature for all the feedstocks. This result is explained because the 

condensation and dehydrogenation reactions of the components of the reaction 

medium (particularly the heavier ones) are favored to form the polyaromatic 

structures of coke. This effect becomes more important than the hydrocracking 

reactions of the coke precursors. 

The values of XHCO in the hydrocracking of neat VGO and PO achieve the 

minimum (69.1 wt%) and the maximum (80.3 wt%) values, respectively, at 440 ºC. 

This way, for the ternary mixture (Blend 3) XHCO achieves a higher value (71.7 wt%) 

than for the VGO, whereas Blend 1 is located in the middle of the range with 

75.6 wt%. Finally, the XHCO  values for Blend 2 and 4 are closer to achieved by neat 

PO, being 79.5 and 79.3 wt%, respectively. Therefore, although PO hydrocracking 

attains the maximum HCO conversion due to its light composition, the binary 

mixtures PP/VGO (Blend 4) and HDPE/VGO (Blend 2) show better results of 

desired products with a lower gas yield. Hence, the aforementioned results indicate 

that at 440 ºC direct plastic addition to VGO has greater advantages than the PO 

addition, in both XHCO and product distribution.  

In accordance with the strategies to convert polyolefins from waste plastic, it 

should be noted that at 440 ºC, better results are obtained with the binary plastic 

blends (Blend 2 and 4) than with the ternary blend. Although it is observed that the 

Xplastic obtained for PO/HDPE/VGO (Blend 3) has increased substantially at 440 ºC 

respect at 420 °C (44.5 vs. 7.3 wt%) due to the extent of radical mechanism is 

favored, results still so far from the obtained with HDPE/VGO (81.4 wt%) and 

PP/VGO (95.9 wt%). Therefore, as conversions denotes, there is no advantages in 

the hydrocracking of ternary Blend (PO/HDPE/VGO) in comparison with binary 

ones (PO/VGO, HDPE/VGO and PP/VGO), even when PP (less reactive plastic) is 

fed. However, attending to products distribution, PO/HDPE/VGO (Blend 3) offers 

the smallest yield to gas products, thus resulting in a high yield of desired products 

(60.6 wt%). With PO/VGO and HDPE/VGO Blends, at 400 ºC, is remarkable the 

formation of gas by overcracking [312] since the high reactivity of PO or HDPE. It 

has to be highlighted that in the hydrocracking of Blend 4 (PP/VGO), very 

interesting results are obtained. This blend reported a high conversion of PP (95 

wt%) with low gas yield and hence, maximizing the yields of desired products 

(naphtha and LCO) (66.6 wt%). These good results in the hydrocracking of PP 

mixed with VGO are consistent with those obtained by Jumah et al. [370] from 

hydrocracking post-consumer PP at 330 ºC and 20 bar of initial H2 pressure. It is 

interesting that this good result at 440 ºC can be attributed to the fact that PP begins 
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to decompose thermally at this temperature, because it is closer to the peak of DTG 

(465 ºC), at which the maximum thermal decomposition takes place in compliance 

with the results shown in Section 2.2.4.  

Analyzing the afore mentioned results for the 400-440 ºC range, the 

hydrocracking of PO produces the highest gas yield, 45.9 wt% at 440 °C. This 

tremendous gas formation, which is in line with the results obtained by Lee [365] in 

the catalytic cracking of pyrolysis wax oil at 450 °C using zeolite-based catalysts, 

can be mitigated by reducing the temperature to values below 350 °C [366,367]. 

However, this temperature is out of the conventional range used in the 

hydrocracking of VGO (350−425 °C) and this action will only be valid for the 

hydrocracking of pure PO. A practical solution to make the co-feeding feasible has 

been proposed by Singh et al. [371] and consists of a previous distillation of the PO 

to adapt its boiling point range to the distillation curve of VGO. This way, the 

fraction of light compounds in the PO will be reduced and, consequently, the 

overcracking is inhibited, which allows to operate at temperatures above 350 °C. 

Presumably, this step of distillation probably even helps to improve the less 

interesting results obtained hydrocracking PO/HDPE/VGO (Blend 3).  

On the other side, the blends hydrocracking achieve important reductions of 

gas yield, increasing naphtha and LCO yields as depicted the discussed results. 

Furthermore, both HCO and HDPE conversion improves with temperature 

obtaining interesting results. PO/HDPE/VGO is clearly in disadvantage regarding 

to the performance shown by binary blends. Although you have to be careful since 

higher conversion is not always the best. Thus, the yields of the desired products 

(naphtha and LCO) in the hydrocracking of the binary blends are greater than the 

maximums for PO. Finally, comparing the Xplastic values for the HDPE/VGO and 

PP/VGO blends, the higher reactivity of HDPE is observed at low temperature and, 

on the contrary, at 440 ºC (temperature close to the maximum cracking of PP) PP 

depicts a higher conversion in hydrocracking. 

The results of selectivity to fuel index (SF) in Figure 4.3 offer interesting 

information of which hydrocracked feedstock maximize the desired products: 

naphtha and LCO lumps. The highest value at 400 °C is obtained by far 

hydrocracking PO (1.37), because of its composition (Table 2.1). Furthermore, it’s 

the only one that overcome SF = 1 (marked with dashed line), being this milestone 

important because means that desired products are in larger amount than sub-

products and feed. At 420 °C, the hydrocracking of PO/VGO blend offers the best 

result (1.61), whereas the values obtained with PO, VGO and HDPE/VGO blend 

(1.40, 1.21 and 1.17, respectively) are quite interesting too. However, the values of SF 

for PO/HDPE/VGO and PP/VGO blends are very poor at this temperature (0.52 

and 0.7, respectively), still under the break point. At 440 °C, the best value of the 
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selectivity is achieved by PP/VGO (1.99), in second place PO/VGO (1.64) and 

closely followed by PO/HDPE/VGO blend (1.54). The value obtained with 

HDPE/VGO blend has decreased a bit from that obtained at 420 °C (1.12), being 

still quite promising. Finally, the selectivity to fuel obtained in the hydrocracking of 

the VGO and the PO at 440 °C is very poor (0.97 and 0.82, respectively), being also 

worsen than at 420 ºC. 

 

Figure 4.3 Effect of temperature on the selectivity to fuel index for different 

feedstocks. Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 

time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 

PO/HDPE/VGO; Blend 4, PP/VGO. The data of the hydrocracking of neat VGO 

and HDPE/VGO (Blend 2) have been obtained from section 3.3. 

It is well known that desired products of a hydrocracking process are those 

within naphtha and LCO lumps, as they can be assimilated into commercial 

gasoline and diesel fuels, respectively. Thus, the results collected in Figure 4.1 offer 

a good description of products distribution and attained conversions and Figure 4.3 

establish for each feed which temperature maximize them. However, as the 

contents of naphtha and LCO lumps are different on each feedstock (Table 2.1), a 

direct comparison of obtained results with each feedstock could be a little tricky. In 

this context, the use of the extent of formation index for both naphtha and LCO 

lumps (YNaphtha and YLCO, respectively) helps to provide a more accurate picture 

of the hydrocracking results. The values obtained for these indices at the different 

temperatures have been collected in Table 4.1. 

Attending to the formation of naphtha (ΔYNaphtha), it is observed that the 

increase of the temperature from 400 to 420 °C causes an important increase of the 

values obtained, especially for VGO (from 5.98 to 28.6 wt%), PO/VGO blend (from 

7.33 to 28.0 wt%), HDPE/VGO blend (from 12.9 to 30.0 wt%) and PP/VGO blend 

(11.75 to 23.55 wt%). On the contrary, a moderate increase has been obtained for the 
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ternary blend (PO/HDPE/VGO blend) (from 6.99 to 10.6 wt%) and for PO (from 

3.05 to 8.55 wt%). In the case of the hydrocracking of PO it is a consequence of its 

high content of naphtha (Table 2.1), whereas the low formation of naphtha obtained 

for the PO/HDPE/VGO blend can be attributed to the aforementioned competitive 

adsorption for the active sites which limits the speed of the reactions involved. 

However, a further increase of the temperature to 440 °C is not positive for all the 

feedstocks. This way, for the VGO, PO and HDPE/VGO blend the value of the 

ΔYNaphtha obtained at 440 °C is lower than that at 420 °C, due to some overcracking 

degree. On the contrary, the values obtained for PO/VGO and, especially, PP/VGO 

blend and PO/HDPE/VGO blends are higher at 440 °C than at 420 °C. The 

PP/VGO achieves, by far, the maximum formation index for naphtha (47.12 wt%).  

Table 4.1. Effect of temperature on the reaction index for different feedstocks, in 
wt%. Reaction conditions: NiW/HY; 80 bar; C/F ratio, 0.1; reaction time, 120 min. 
Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; Blend 4, 
PP/VGO. The data of neat VGO and HDPE/VGO hydrocracking (Blend 2) have 
been obtained from section 3.3. 

Reaction index 400 °C 420 °C 440 °C 

ΔYNaphtha  

   VGO 5.9 28.6 24.2 
PO 3.1 8.6 4.2 
PO/VGO 7.3 28.0 35.0 
HDPE/VGO 12.9 30.0 24.6 
PO/HDPE/VGO 6.9 10.6 33.9 

PP/VGO 11.8 23.6 47.1 

ΔYLCO 

   VGO 8.5 21.6 20.3 
PO −4.9 −9.7 −18.6 
PO/VGO 6.7 18.0 11.6 
HDPE/VGO 14.5 20.3 24.5 
PO/HDPE/VGO 8.4 13.9 17.1 

PP/VGO 9.8 13.9 15.8 

 

Regarding to the formation of LCO (ΔYLCO), the hydrocracking of PO offers a 

singular result with negative values of ΔYLCO for all the temperatures. It means that 

the content of LCO decreases and in a greater extent at high temperature. The 

values of ΔYLCO obtained with VGO and PO/VGO blend, in turn, increase with 

temperature, but they reach a maximum value at 420 °C (21.6 and 18.0 wt%, 

respectively). Once again, the overcracking suffered by these feedstocks causes a 

reduction of the ΔYLCO at 440 °C (20.3 and 11.6 for the VGO and PO/VGO blend, 

respectively). Finally, the ΔYLCO obtained with HDPE/VGO, PP/VGO and 
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PO/HDPE/VGO blends increase with temperature (24.5, 15.8 and 17.1 wt%, 

respectively at 440 °C). Hence, it can be assumed that the different results are 

strongly associated to the presence of plastic in the feedstock. Therefore, that means 

that although HDPE and PP require higher temperatures to be converted into 

smaller compounds, its presence reduces the overcracking (higher values of ΔYLCO 

and ΔYNaphtha compared with other blends). 

4.1.2 Gas composition 

The analysis of the gas products, depicted in Figure 4.4, exposes that gases are 

composed by paraffins: methane (CH4), ethane (C2H6), propane (C3H8), i-butane 

(C4H10) and n-butane (C4H10). Even though PO contains a high concentration of 

olefins (53.9 wt%, Table 2.1), light olefins have not been detected in the gas 

products as they are easily hydrogenated under the studied conditions. 

Furthermore, the composition of the gas fraction can be used in a certain way as an 

indicator of the prevailing hydrocracking mechanisms. As it is well established in 

literature [114,272,372], gases can be obtained by catalytic or thermal reactions. The 

former route occurs through an intermediate carbenium ion that undergoes a 

number of conversions, e.g. carbon−carbon bond cleavage or skeletal 

rearrangements, and it is characterized by inhibiting the formation of CH4 and C2H6 

paraffins. Consequently, C3H8 and C4 compounds will be the main products within 

the gas lump. However, thermal route proceeds through a chain reaction 

mechanism that involves radicals as intermediates, being its main products 

methane and ethane.  

 
Figure 4.4 Effect of temperature on gas composition for different feedstocks. 
Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO hydrocracking (Blend 2) 
have been obtained from section 3.3. 
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The results at 400 °C expose the predominance of the catalytic route because 

C3H8 and C4 paraffins account for more than 70 wt% of the gas products for all the 

feedstocks. The concentration of these compounds is especially high with PO, as the 

concentration of C3H8 and C4 paraffins goes over 90 wt%. With regard to the 

different blends, a similar overall composition of the gas products has been 

obtained with all of them. There is a notorious difference in the C3H8/C4 ratio 

obtained for each feedstock, as the concentration of C3H8 is higher than that of C4 

just for the HDPE/VGO (Blend 2), whereas the concentration of C4 is higher for the 

PO/VGO (Blend 1), PO/HDPE/VGO (Blend 3) and PP/VGO (Blend 4). Indeed, the 

composition obtained with HDPE/VGO (Blend 2) is more similar to that of the 

VGO. Thus, it can be assumed that compounds within the VGO of the blend are 

those that mainly contribute to the gas products. 

Comparing the results obtained at 420 °C, it can be seen that thermal 

hydrocracking route gains relevancy for the hydrocracking of VGO, PO, 

HDPE/VGO (Blend 3) and PP/VGO (Blend 4). The most noticeable effect of the 

increase in the temperature has been suffered by the hydrocracking of PO, as the 

concentration of dry gas (CH4 and C2H6) has been multiplied by three when 

increasing temperature from 400 to 420 °C (from 8.1 to 24.9 wt%, respectively). It 

may be a consequence of the lighter composition of the PO (Table 2.1) in which the 

low molecular weight compounds within naphtha range have been converted into 

gas phase compounds relatively easy [373]. On the contrary, for the PO/VGO 

(Blend 1), PO/HDPE/VGO (Blend 3) and PP/VGO (Blend 4) the importance of this 

route has remained steady. Furthermore, for VGO the main effect of temperature 

increasing is to reduce the concentration of the C4 fraction (from 31.1 to 21 wt%). 

At the highest temperature, 440 ºC, different results have been obtained in the 

hydrocracking of pure feedstocks (VGO and PO) comparing with those obtained 

with the blends. This way, the concentration of dry gas (CH4 and C2H6) is quite 

relevant in the hydrocracking of PO (62.1 wt%), however, it is not the case for VGO 

(33.82  wt%). Thus, these results expose that free radical mechanisms are the 

predominant ones [374] in the hydrocracking of the PO but less relevant in the case 

of the VGO. On the other hand, the concentration of dry gas (CH4 and C2H6) has 

experienced an increase in a greater or lesser extent when rises the temperature in 

the hydrocracking of all blends but being always lower than from hydrocracking 

neat feedstocks. As a general trend, when temperature rises, an increase of  C1 and 

C2 compounds take place in detriment of C4 [375]. Hence, at 440 ºC the 

concentration of dry gas (CH4 and C2H6) in the gas phase follows the trend: 

PO/VGO (23.9 wt%) < HDPE/VGO (25.9 wt%) < HDPE/PO/VGO (27.9 wt%) < 

PP/VGO (30.1 wt%). Metecan et al. [375] also obtained a lower yield of dry gas in 

the hydrocracking of HDPE compared to PP, in experiments in a batch autoclave 

reactor after 60 min reaction length at different temperatures with and without 



 

143 

catalyst. This way, the presence of PO in the blends entails the inhibition of free 

radical mechanisms, which is positive due to dry gas (CH4 and C2H6) has low 

interest for the industry. However, the cracking severity derived from the increase 

of temperature up to 440 °C has increased the concentration of C3H8 paraffins in the 

products obtained with the PO-containing feedstocks in detriment of the C4 ones. 

 

4.1.3 Naphtha composition and RON 

The compounds of the naphtha fraction have been grouped in: n-paraffins (n-

P); iso-paraffins (i-P); naphthenes (N); olefins (O); 1-ring aromatics (A1); and 2-ring 

aromatics (A2) (PIONA). Results unveiling the effect of temperature on the naphtha 

composition for the different feedstocks which are depicted in Figure 4.5. 

 

Figure 4.5 Effect of temperature on the naphtha composition for different 
feedstocks. Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 
time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 
PO/HDPE/VGO; Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO 
hydrocracking (Blend 2) have been obtained from section 3.3. 

As it can be seen in Figure 4.5, both the composition of the feedstock and the 

reaction temperature strongly affect the naphtha composition. It can be seen a 

similar behavior in the composition of the naphtha fraction obtained with VGO, 

and Blends 2-4. For these cases, an increase of temperature promotes an increase of 

n-paraffins and i-paraffins concentrations in detriment of aromatics, olefins and 

naphthene. Nonetheless, the expected trend for the aromatics should have been 

increasing, considering the thermodynamic limitation of the hydrogenation 

reactions of aromatics at ca. 380 °C [109]. Therefore, the obtained results are 

presumably the consequence of: (i) the displacement of the thermodynamic 

equilibrium  of hydrogenation toward higher temperatures by cracking and ring 
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opening of some of the aromatic rings over the acid function of NiW/HY catalyst 

[140], and; (ii) the hydrocracking of side-chains of heavy aromatic compounds 

toward lighter aromatics (dealkylation reactions), which increases with 

temperature. Also, small concentrations of olefins have been detected in the 

reaction products, and the concentration of these compounds is also reduced when 

increasing temperature because of the boosting of the hydrogen-transfer reactions 

that convert olefins into saturated compounds.  

By contrast, the results of PO hydrocracking show the opposite behavior. 

High temperatures involve an increase in the concentration of aromatics and olefins 

due to condensation reactions, as it has been previously reported by Palos et al. 

[109] and decrease the concentration of n-paraffins. This behavior can be due to the 

low concentration of aromatics in the feedstock, nevertheless, the A2 diminish when 

increase the temperature simplifying the complexity of aromatics. It is noticeable 

that in the case of Blend 1 the effect of the dehydrogenation reaction with 

temperature compensates the capacity of the catalyst to displace the 

thermodynamic equilibrium of hydrogenation reactions. Hydrocracking Blend 1, 

the concentration of n-paraffins barely change increasing the temperature but 

i-paraffins and the monoaromatic increases in detriment of A2, olefins and 

naphthenes. Thus, promoting again the reduction of the complexity of aromatics 

and increasing the paraffins concentration through hydrogenation and ring 

opening reactions. It has to be mentioned that in Blend 4 (PP/VGO) has been used 

other type of polyolefin (PP), less reactive than the HDPE, also obtaining naphtha 

with a suitable composition for its integration in the refinery pool. 

Comparing the composition of the naphthas obtained with the different 

feedstocks, the highest concentration of aromatics has been obtained in the 

hydrocracking of VGO, which goes from 35.3 wt% at 400 °C up to 33.2 wt% at 440 

°C. Concerning the different blends, in the hydrocracking of HDPE/VGO (Blend 2) 

it has been obtained the same trend but a slightly minor concentration of aromatics 

than that obtained with the VGO. On the other hand, in PO/VGO (Blend 1), 

HDPE/PO/VGO (Blend 3) and PP/VGO (Blend 4), the concentration of aromatics 

is notoriously reduced to values of 24.3, 23.6 and 23.4 wt%, respectively, at 440 °C. 

From these results it can be extracted that blend VGO with PO (either binary or 

ternary blended) and with PP have a direct positive effect, as the content of 

aromatics in the feedstock is in a certain way diluted given the different 

composition of the feedstocks (Table 2.1). Furthermore, the slight aromatic 

reduction in Blends 2-4 might come from the synergetic effect of the added aliphatic 

chains when plastic (HDPE or PP) is dissolved with VGO. The PIONA composition 

of naphtha from PP/VGO hydrocracking also depicted a lower aromatics 

concentration in comparison with HDPE/VGO for all temperatures studied. Similar 

results were found by Metecan et al. [375] comparing the naphtha composition 
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from HDPE and from PP hydrocracking at 425 ºC using Ni-Al as catalyst in a batch 

autoclave reactor. As in Blend 4 hydrocracking, they reported that naphtha from PP 

was less aromatic and more paraffinic (being the i-paraffins the main ones) than 

naphtha from HDPE hydrocracking [375]. 

Moreover, some positive synergies have been also observed comparing the 

composition of the naphtha lump obtained from PO/VGO hydrocracking than neat 

feedstocks (VGO and PO) hydrocracking. This is because the content of aromatics 

remains at levels close to those obtained from neat PO at high temperature but 

lower than obtained from VGO. In addition, this Blend 1 also achieves a high 

concentration of both types of paraffins are obtained. On the other hand, the 

concentration of 1-ring aromatics in naphtha is in all the cases higher that of 2-ring 

aromatics. Regarding the concentration of olefins in the naphtha lump, it can be 

seen that the higher concentrations are obtained with HDPE/VGO (Blend 2), 

HDPE/PO/VGO (Blend 3) and PP/VGO (Blend 4) at 400 and 420 °C, which are 

provided from the cracking of plastic chains. 

Making a global comparison of naphtha composition, it should be mentioned 

that the co-feeding effect in the PO/VGO blend promote the reduction of aromatic 

compounds according to the hydrocracking of VGO, being an interesting feature 

given the continuous tightening of gasoline environmental regulations. In the same 

line, blending VGO with plastics, or the ternary mixture, allow to obtain naphthas 

with a lower aromatic concentration than that corresponding to neat VGO 

hydrocracking. 

RON also is calculated to obtain an additional point of view concerning the 

naphtha quality and outcomes are displayed in Figure 4.6. In the hydrocracking of 

VGO this value decreases from 89.1 to 84.1 when temperature is increased from 400 

to 440 ºC. This result is a consequence of the reduction in aromatics concentration 

and the increase in n-paraffins concentration. On the contrary, the RON of naphtha 

from PO hydrocracking improves when temperature rises, from 77.5 at 400 ºC up to 

81.8 at 440 ºC, since aromatics and i-paraffins increase whereas n-paraffins decrease 

with temperature (Figure 4.4). Those RON values are lower but close to that 

obtained by Vasile et al. [367] and Joo and Guin [376], who hydrotreated plastic 

pyrolysis oil from electronic waste plastic and a mixture of plastic (HDPE, PP and 

PS), respectively. Both operated in different type of reactors (batch autoclave 

reactor and fixed bed reactor), but they obtained a similar value of RON for 

naphtha, i.e.: ~88 and ~87, respectively.  
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Figure 4.6 Effect of temperature in the research octane number (RON) of naphtha 

obtained for different feedstocks. Reaction conditions: NiW/HY catalyst; 80 bar; 

C/F ratio, 0.1; reaction time, 120 min. Key: Blend 1, PO/VGO; Blend 2, 

HDPE/VGO; Blend 3, PO/HDPE/VGO; Blend 4, PP/VGO. The data of the 

hydrocracking of neat VGO and HDPE/VGO (Blend 2) have been obtained from 

section 3.3. 

A decreasing tendency in RON from naphthas obtained in blends 

hydrocracking is observed in Figure 4.6 when temperature rises. The best results 

correspond to HDPE/VGO (Blend 2). This blend apparently pushes the 

hydrocracking mechanism to promote compounds with higher RON, i.e. i-P. The 

RON achieved for Blend 3 and 4 was poorer than that obtained with neat VGO as 

also observed Rodriguez et al. [125] in the catalytic cracking. Finally, although RON 

in naphtha from PO/VGO (~84) (Blend 1) was higher than that obtained with neat 

PO, the values are lower than that obtained with neat VGO. 

Consequently, according to the results of composition and RON of naphtha 

lump obtained with all the blends, they are suitable to be handled in refineries as is 

currently being managed the naphtha lump obtained from VGO hydrocracking. So, 

they can be added to naphtha pool where after its adequacy, can be marketed. It 

should be noted that the lower content of aromatics is an important advantage to 

reduce the severity in the hydroprocessing of these streams and the associated 

costs. In addition to the lower concentration of aromatics, the lower concentration 

of sulfur and nitrogen (not present in principle in plastics) is another favorable 

aspect of these naphthas. 
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4.1.4 LCO composition and cetane index 

Figure 4.7 collects the composition of the LCO lump obtained with each 

feedstock at the studied temperatures. The compounds detected have been grouped 

according to PIONA analysis. The composition of this lump is less influenced by 

temperature than that of naphtha lump (Figure 4.5), but there are still some 

differences that must be highlighted.  

 

Figure 4.7 Effect of temperature on LCO composition for different feedstocks. 
Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO hydrocracking (Blend 2) 
have been obtained from section 3.3. 

In all the feedstocks, an increasing concentration of 3+-ring aromatics when 

raising the temperature occurs. Although is interesting that the LCO product of PO 

hydrocracking has a low concentration in 3+-ring aromatics due to its nature, 

however, PP in Blend 4 repress its formation. This increase of the polyaromatic 

fraction when temperature rises is in concordance with the increasing content of 

solid coke observed in Figure 4.1, as coke is produced by the radical polymerization 

of these compounds [377].  

On the other hand, the total aromatics concentration does not follow the same 

tendency with temperature for pure feedstocks, as it decreases for the VGO (as 

dealkylation reactions are favored) and increases for the PO (as the condensation of 

the olefins is promoted) due to its low content in the feedstock. With regard to the 

blends, subtle modifications are observed in the aromatic concentration because of 

the contrary effect of the temperature in the hydrocracking of each components in 

the blends. 

Attending to the results of the effect of hydrocracking temperature in Figure 

4.7, neat feeds (VGO and PO) display opposite behaviors. For VGO hydrocracking 
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the total aromatic concentration in the LCO decreases when temperature rises, 

increasing the paraffin concentration. However, PO hydrocracking depicts a 

converse behavior. This different behavior can be explained by the different 

composition of VGO and PO (Table 2.1). When the feed has a high aromatic 

concentration (like VGO), this catalyst has good hydrodearomatization (HDA) 

performance reducing the total aromatic concentration. However, this behavior is 

not observed if the aromatic concentration is low (less than 15 wt% in PO). So given 

his low concentration and since dehydrogenation reactions are favored when the 

temperature increases, total aromatic concentration increases from 15.1 wt% up to 

29.6 wt% at 400 and 440 ºC, respectively. Nevertheless, it still far from 

concentrations achieved by VGO hydrocracking. For PO, both n-paraffins and i-

paraffins are reduced from 42.2 to 37.5 wt% and from 38.9 to 30.7 wt% at 400 and 

440 ºC, respectively.  

According to the results from blends hydrocracking, this catalyst, as for 

naphtha production, is also good for LCO production, because it supports a small 

variation in the composition of the different feed, maintaining a uniform 

composition of LCO, although with certain differences which will be discussed 

hereunder. Comparing the composition of the LCO lump obtained with the 

different blends, HDPE/VGO (Blend 2) offers a similar composition to that 

obtained for LCO from VGO hydrocracking, although the content of aromatics is 

even a bit reduced with the co-feeding of HDPE and also the impact of temperature 

on the composition is diminished.  

In the hydrocracking of PO/VGO (Blend 1) the effect of temperature has the 

same trend as for neat PO although the amount of PO in the Blend 1 is less than in 

the VGO (20 wt%). LCO is less aromatic than obtained by neat VGO in spite of total 

aromatic compounds increase with temperature from 43.3 up to 49.2 wt%. 

Furthermore, this blend has improved the partial hydrogenation of 2-ring aromatics 

to 1-ring aromatics, being higher at 440 ºC (9.4 wt%). In the same line, 

PO/HDPE/VGO (Blend 3) also pushes the 1-ring aromatic compounds in similar 

amount, being the maximum 9.6 wt% at 440 ºC. Nevertheless, this blend seems to 

neutralize both type of trends notice until now, showing no clear trend of the large 

groups of compounds. Nonetheless, increasing temperature from 400 to 440 ºC 

condensation reactions increase the concentration of A3+ compounds gradually 

from 2.5 up to 6.2 wt%. Furthermore, the concentration of n-paraffins almost 

remain constant (16.4 wt%).  

On the other hand, LCO from Blend 4 shows similar levels in aromatic 

concentration compared to LCO from VGO. The addition of PP looks like to inhibit 

the formation of A3+ (2.2 wt% at the maximum temperature) and promotes 1-ring 

aromatic compounds, achieving the greatest value at 440 ºC (10.6 wt%). Moreover, 
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the concentration of n-paraffins exhibits an increase while the i-paraffins are 

reduced. That happens from 8.7 to 12.5 wt% for the former and 32.8 to 30.9 wt% for 

the latter at 400 and 440 ºC, respectively. 

Cetane index is for LCO (diesel) one of the parameters that establish the 

quality of this lump which is related to the auto-ignition ability of fuel in diesel 

engines. The lowest value allowed is 46, defined in EN-590 (standard published by 

the European Committee for Standardization) for all diesel fuel commercialized in 

Europe. Results of this parameter are depicted in Figure 4.8 for the LCO lumps 

obtained hydrocracking the different blends. 

 

Figure 4.8 Effect of temperature on cetane index of LCO for different feedstocks. 
Reaction conditions: NiW/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of the hydrocracking of neat VGO and HDPE/VGO 
(Blend 2) have been obtained from section 3.3. 

When temperature raises, the cetane index decreases for all feedstocks. A 

cetane index of 49.5 is obtained at 400 ºC for LCO from VGO hydrocracking  and  

when the reaction temperature increases, this index downgrade up to 39.9 at 440 ºC. 

The LCO from pure PO hydrocracking also shows this trend, nevertheless, the 

cetane index is the highest for all the temperatures, 68.9 at 400 ºC and 54.4 at 440 ºC. 

These values are slightly higher than that obtained by other authors in the 

hydrotreating of postconsumer PP pyrolysis oil at 350 ºC, 70 bar of hydrogen 

pressure for 6 hour in a batch reactor [378]. Hydrocracking binary mixtures 

(PO/VGO (Blend 1), HDPE/VGO (Blend 2), and PP/VGO (Blend 4)), the 

downward tendency as the temperature increases is very evident. For Blend 1 is 

achieved the highest cetane index followed by Blend 2 and Blend 4. The values of 

Blend 1 are 58.3 and 43.4 obtained at 400 and 440 ºC, respectively, whilst, with 

Blend 2 and 4 the cetane index values are in a narrower range where the maximum 

are 49.2 and 47.7 and the minimum 38.9 and 35.2, respectively. Finally, for the 
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ternary mixture (HDPE/PO/VGO) the hydrocracking temperature has no clear 

effect on the cetane index, which has a value of ~ 45 for all the temperature range. 

To sum up, either the composition or the cetane index of the LCO lump 

obtained in the hydrocracking of all the unconventional feedstocks improve, even a 

bit, the results obtained with the VGO. In most of cases, cetane index is greater than 

that established in EN-590 (46). Therefore, the incorporation of the corresponding 

LCO to diesel pool in the refinery should not have a negative impact either. 
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4.2 PtPd/HY CATALYST 

4.2.1 Yields and conversion 

In Figure 4.9 yields and conversion from hydrocracking different feedstocks 

are collected. Reaction products have been lumped in six product lumps (gas, 

naphtha, LCO, HCO, wax and coke) and two conversions have been estimated 

(XHCO and XPlastic).  

 

Figure 4.9 Effect of temperature on the yields and conversions for different 
feedstocks. Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 
time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 
PO/HDPE/VGO; Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO 
hydrocracking (Blend 2) have been obtained from section 3.3. 

The increase in the temperature, and the consequent growth of both 

conversions, reflects a transition from heavier feeds to lighter ones. As general rule, 

with this catalyst a noticeable naphtha yield is produced and the conversions are 

higher than 60 wt% since 400 ºC. This outstanding performance is related with the 

physicochemical properties that are shown in section 3.1. According to textural 

properties, this catalyst exhibits a high BET surface area, which is consequence of 

the elevated micropore surface area. The limited mesoporosity justifies the high 

selectivity to naphtha at low temperature [379], but the mostly microporous 

structure promotes the gas production. Thus, the gas yield dramatically increases 

when temperature rises, due to the overcracking of the naphtha compounds [380]. 

On the other hand, it is well know that acid properties also play an important role 

in hydrocracking conversion, by favoring the extent of the cracking stage [381], 

favoring the displacement of the equilibrium of the hydrogenation stage 

[107,114,381]. This catalyst has a high total acidity with a predominance of Brønsted 

sites (Table 3.1), which are the most active ones in the carbenium ion mechanism in 

the cracking reactions [114]. As a result of good textural and acid properties, this 
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catalyst can achieve outstanding behavior even at lowest temperature. Although 

PO/HDPE/VGO get the lowest plastic conversion at temperatures below 420 ºC, 

with this catalyst, for HDPE/VGO, PO/HDPE/VGO and PP/VGO blends, at the 

maximum temperature is obtained a 100 wt% plastic conversion. Moreover, the 

plastic conversion has a similar behavior for HDPE and PP, and the refractivity 

character shown by PP with NiW/HY (Section 4.1.1) is not observed for this 

catalyst, that is more active. However, as with the NiW/HY catalyst, the presence 

of PP in the feedstock also improves the performance, minimizing gas yields.  

The results at 400 ºC depicted for VGO the highest XHCO (88.5 wt%), being 

naphtha the main product (65.6 wt%) followed far by gas (15.7 wt%) and LCO (6.4 

wt%). Unexpectedly, the hydrocracking of PO, in spite of it is the lightest feedstock, 

shows lower values of XHCO (68.2 wt%), being naphtha and gas the main lumps 

(41.5 and 40.2 wt%, respectively). For PO hydrocracking, LCO is the minority 

fraction (4.9 wt%).  

On the other hand, in the case of blends, the XHCO was not far between them. 

In the hydrocracking of HDPE/VGO (Blend 2) and PP/VGO (Blend 4) this 

conversion is ~75 wt% and blends which contain PO improve a little bit, being ~80 

wt% for PO/VGO (Blend 1) and PO/HDPE/VGO (Blend 3). It has to be pointed 

that even at the lowest temperature (400 ºC) the XHCO of PP/VGO is quiet similar to 

obtained by HDPE/VGO. This is a highlight event due to in section 4.1.1 the result 

was closer to Blend 3. The highest Xplastic is obtained for the PP/VGO hydrocracking 

followed by the conversions obtained for HDPE/VGO and PO/HDPE/VGO (50.1, 

46.7 and 24.5 wt%, respectively). In the hydrocracking of the ternary mixture 

(Blend 3), the HDPE conversion is low due to a competitive adsorption of PO in the 

catalyst active sites, persisting even with this catalyst the same problem than with 

the NiW/HY catalyst. Concerning the yields, in the hydrocracking of PO/VGO is 

achieved the best naphtha yield (62.7 wt%), decreasing for the other blends with the 

following trend: 

PP/VGO (47.7 wt%) > PO/HDPE/VGO (42.9 wt%) > HDPE/VGO (27.1 wt%) 

Furthermore, PO/VGO achieves the lowest gas fraction whereas the highest 

one is for HDPE/VGO, 12 and 35.3 wt%, respectively. It has to be said that for 

PP/VGO hydrocracking the gas yield is only 15 wt%. Consequently, both plastics 

denote different behaviors in gas production since the lowest temperature. This is 

because as is mentioned, PP contains branches along the structure. Thus, these 

branches boost β-scission, leading to a better composition of naphtha (branched 

molecules) compared to HDPE hydrocracking, and reducing the overcracking. It 

should be noted that the LCO yield is small for all the blends (~6.5 wt%) with this 

catalyst.  
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When the reaction temperature increases from 400 up to 420 ºC, for neat 

feeds, the naphtha yield decreases. In the hydrocracking of VGO, naphtha is the 

prevailing lump followed by gas, although there is a slight reduction in naphtha 

with this increase in temperature. For PO, the naphtha yield is reduced from 41.5 to 

34.4 wt% and gas yield is increased from 40.2 to 48.8 wt%, being now the gas 

fraction the main one. The increase of temperature has a positive effect in XHCO, 

reaching 74 wt% at 420 ºC, but continues being less than that obtained by VGO.  

In the case of blends, in the hydrocracking of PO/VGO is achieved a XHCO of 

89.6 wt%, where naphtha yield increases up to 66.8 wt%, maintaining a low gas 

yield (15.8 wt%). HDPE/VGO and PO/HDPE/VGO have a similar XHCO (~83 wt%), 

while Xplastic is very different between them (81.3 and 56 wt%, respectively). Besides 

the increase of the conversions as the temperature rise and naphtha is larger than 

gas yield. For PO/HDPE/VGO these yields are 45.2 and 29.8 wt%, respectively, 

and for HDPE/VGO 39.4 and 34.6 wt%, respectively. It is observed that with the 

ternary mixture the speed of the hydrocracking reactions is reduced, due to 

competition for active sites, obtaining less conversion and then lower overcracking. 

The overall effect is that the formation of naphtha is favored and the gas yield 

decreases. 

Finally, the hydrocracking of PP/VGO shows a similar behavior as well. The 

XPP is high (75.6 wt%) but lower than HDPE/VGO, though XHCO (77.7 wt%) is 

slightly improved when raises the temperature to 420 ºC. For this feed, the naphtha 

is the main lump (48.2 wt%) and gas yield, as in the hydrocracking de PO/VGO, 

not overcome 20 wt%. LCO lump remains low at 420 ºC, for all the feedstocks, 

though heavier fractions diminish when temperature increases from 400 ºC. Thus, 

this fraction seems to be an intermediate that as it is formed from heavy ones, 

rapidly is hydrocracked to generate lighter compounds when PtPd/HY catalyst is 

used. 

At the highest temperature (440 ºC), in general, gas becomes the main 

fraction. When neat VGO is fed, a dramatic increase of gas production was detected 

in detriment of naphtha fraction (44.6 and 34.9 wt%, respectively) in comparison 

with lower temperatures. For the hydrocracking of PO, although the XHCO is very 

high (82.1 wt%), gas yield is the more benefitted of this advance (56.8 wt%), 

whereas naphtha yield is reduced till 27.1 wt%.  This distribution of the yields 

denotes that the overcracking has been produced in an excessive way at this 

temperature and for this feedstock. Coke is the minority fraction of the products 

that should not be underestimated, as it reveals important information for 

reaction/regeneration cycles. In the case of VGO hydrocracking, the coke yield is 

1.3 wt% at 400 ºC increasing with temperature up to 1.9 wt% at 440 ºC. In contrast, 

for PO hydrocracking, the coke yield was the lowest (0.4 wt% at 400 ºC). But at 
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440 ºC, the coke yield drastically increases to 2.68 wt%, overcoming that produced 

by hydrocracking VGO. 

In the case of blends hydrocracking, at 440 ºC the XHCO overcomes more than 

90 wt% in comparison with neat VGO or PO. PP/VGO blend achieves the highest 

HCO conversion (93.3 wt%). It is noticeable that is the only feed for which at this 

temperature although the gas yield has increased considerably (34.9 wt%) is lower 

than naphtha, which continues being the main lump (47.1 wt%). Consequently, the 

addition of PP clearly improves the performance. The presence of PP boosts the 

carbocationic mechanism, limiting the gas formation, which is an interesting 

behavior at high temperatures. For this feed, the coke yield starts with 1.1 wt% at 

400 ºC and increases up to 3.1 wt% at 440 ºC, which is a higher coke yield than for 

both neat feedstocks.  

HDPE/VGO hydrocracking obtained close results: it has the second largest 

XHCO (91.2 wt%) but the gap with the yields is higher, especially because of high gas 

yield. Thus, the gas yield was the largest one at 440 ºC (49.6 wt%) with a high 

impact in naphtha yield (31.8 wt%). The coke yield obtained with this feedstock is 

the highest reported (1.6 wt%) for all blends at low temperature (400 ºC). However, 

at 440 ºC, the result is the opposite, being the 2.4 wt% the lowest coke yield 

obtained for blends hydrocracking under these conditions.  

The ternary mixture (PO/HDPE/VGO) hydrocracking has higher XHCO than 

neat feedstocks (VGO and PO) (90.5 wt%) and, opposite to with NiW/HY catalyst, 

the total plastics conversion is achieved. Furthermore, the apparent inhibition effect 

slightly improves the yields respect to HDPE/VGO hydrocracking, reducing gas 

yield and enhancing the naphtha yield (47.9 and 35.8 wt%, respectively). Regarding 

LCO yield, the changes in this lump are almost imperceptible for all the blends 

when temperature increases from 400 to 440 ºC, reaching the lowest values for 

PO/HDPE/VGO and the highest one for PP/VGO hydrocracking of 5.5 and 

9.8 wt%, respectively. The coke yield at 400 ºC is 1.5 wt% and at the highest 

temperature (440 ºC) the coke yield (3.1 wt%) is the same to the reported by 

PP/VGO blend.  

At the end, PO/VGO hydrocracking obtained the lowest XHCO of all the 

blends (87.1 wt%). However, it has surprisingly a low gas yield (38 wt%) with 

similar naphtha production to that obtained by PP/VGO (46.1 wt%). The coke yield 

for this feedstock comes from 1.2 wt% at 400 ºC up to 3.5 wt% at 440 ºC, being the 

latter the highest obtained for any feedstock tested. This coke yield reduces the 

catalyst activity and therefore, it would explain why a lower conversion is obtained 

at 440 ºC in comparison with 420 ºC for this feedstock. 
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PtPd/HY catalyst is more active than NiW/HY catalyst in the hydrocracking 

of different feedstocks due to its physicochemical properties, achieving higher 

conversions (XHCO and XPlastic) at 400 ºC. Generally, the XHCO is higher than 70 wt% 

for all the feedstocks when PtPd/HY is used. 

Regarding plastic conversion, appreciable differences are also observed 

between both catalysts since for PtPd/HY catalyst at 400 ºC the lower plastic 

conversion is 22 wt% for the ternary mixture and at 440 ºC the complete conversion 

(100 wt%) is reached for all feeds. On the other hand, the NiW/HY catalyst at 400 

ºC, the lower XPlastic is 3 wt% also for the ternary mixture and none of the feedstocks 

at 440 ºC achieves the complete conversion of plastic. 

But not all are positive results for the PtPd/HY catalyst. The yields analysis 

shows that the higher activity also has negative consequences. This catalyst 

overcracks the desired products to gas yield, thus reducing the naphtha and LCO 

yields. In addition, this higher activity entails a greater production of coke which 

would shorten the catalyst activity and therefore it will have to be regenerated 

more frequently in a hypothetical continuous process. Conversely, the NiW/HY 

catalyst, with a more moderate activity, reduces those problems with the 

aforementioned consequent reduction in HCO and plastic conversions.However 

PtPd/HY catalyst reported promising result which could be enhanced optimizing 

the operating conditions or moderating its physicochemical properties. 

After analyzing lump yields and conversions, it is important to analyze the 

selectivity to fuels (SF) achieved for each feed with this catalyst. This 

complementary information improves the knowledge about the performance of this 

hydrocracking catalyst at different temperatures. Results are shown in Figure 4.10 

and are argued below.  

In the hydrocracking of VGO, the SF index decreases with temperature, 

going from 2.6 at 440 ºC to 0.7 at 440ºC. According to product distribution, the 

exponential increase of gas causes this fall. In the case of PO hydrocracking, the 

overcracking trend, already shown, together with the higher activity of this catalyst, 

leads to have a low SF index even at low temperatures. For this feed, SF shows a low 

variation with a decreasing trend (0.9 and 0.5 at 400 and 440 ºC, respectively). On 

the contrary, in the hydrocracking of blends a maximum of SF at 420 ºC is obtained 

in all of them. In the case of Blend 1, the best value of SF for all the temperature 

range is achieved at 420 ºC (SF = 2.8). Nevertheless, Blend 3, which also contains PO, 

has much lower SF, being its maximum value 1.0 at 420 ºC. It should be noted that 

for these feeds, at 440 ºC, SF is even lower than at 400 ºC, being 0.9 and 0.7 

respectively, due to the increased gas yield. When HDPE is co-fed with VGO (Blend 

2), the selectivity is very poor, similar to that obtained for PO. The maximum value 

of SF is 0.8 at 420 ºC. Surprisingly, the SF of the PP/VGO (Blend 4) hydrocracking 
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has an increasing trend with temperature and denotes to be the third best mark. 

Nonetheless, results are far from those obtained with Blend 1. For this feed, the 

maximum SF is 1.3, achieved at 440 ºC. 

 

Figure 4.10 Effect of temperature on selectivity to fuel index for different 

feedstocks. Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 

time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 

PO/HDPE/VGO; Blend 4, PP/VGO. The data of the hydrocracking of neat VGO 

and HDPE/VGO (Blend 2) have been obtained from section 3.3. 

The extents of desires product (naphtha and LCO lumps) are calculated to 

assess if they came from the feedstock or are produced in the hydrocracking 

reactions. The results for the increment of naphtha and LCO yields (YNaphtha and 

YLCO, respectively) are collected in Table 4.2. Production of naphtha (YNaphtha) 

from neat VGO achieves its maximum at 400 ºC (65.5 wt%). The increase of 

temperature produces a reduction of this value (34.8 wt% at 440 ºC). Since PO is 

mainly formed by naphtha, at 400 ºC only 15.1 wt% of naphtha comes from 

hydrocracking and this value is reduced to 0.6 wt% at 440 ºC. As a result, the 

amount of naphtha obtained at 440ºC is almost the same (but with different 

composition) that it is present in the feed. In the case of blends hydrocracking, all of 

them depict a maximum of YNaphtha at 420 ºC. The highest index is obtained for 

PO/VGO at 420 ºC (61.4) and is very close to that obtained with VGO 

hydrocracking at 400 ºC (the highest one). The order in naphtha production 

(YNaphtha) continues as follows:  

PP/VGO (47.7 wt%) > PO/HDPE/VGO (42.4 wt%) > HDPE/VGO (39.2 wt%) 

It has to be pointed that for PP/VGO (Blend 4) a very low variation of 

naphtha fraction (less than 1 wt%) is observed when temperature is increased.  

0.5

1.0

1.5

2.0

2.5

3.0

VGO            PO            Blend 1      Blend 2       Blend 3       Blend 4

440 ºC

420

 

S
el

ec
ti

v
it

y
 (

a.
u

.)

400



 

157 

Table 4.2 Effect of temperature on the reaction index for different feedstocks, in 
wt%. Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 
120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of neat VGO and HDPE/VGO hydrocracking (Blend 2) 
have been obtained from section 3.3. 

Reaction index 400 °C 420 °C 440 °C 

ΔYNaphtha 
   

VGO 65. 5 59.5 34.8 

PO 15.1 7. 9 0.6 

PO/VGO 57.2 61.4 36.0 

HDPE/VGO 26.9 39.2 31.7 

PO/HDPE/VGO 40.2 42.4 33.1 

PP/VGO 47.6 47.7 46.9 

ΔYLCO 
   

VGO 1.9 3.8 1.6 

PO -28.1 -27.6 -26.9 

PO/VGO -2.5 -3.5 -4.1 

HDPE/VGO 2.7 2.6 5.8 

PO/HDPE/VGO 0.1 -1.1 -1.4 

PP/VGO 3.1 4.9 6.2 

 

On the other side, for this catalyst the production of LCO is very low. So, the 

increments of this fraction (YLCO) are very low or even negative. In the VGO 

hydrocracking, YLCO has a maximum value of 3.8 wt% at 420 ºC, whereas for PO 

has a negative balance which is less negative when increases the temperature. This 

fact reinforces the assumption that this catalyst turns the LCO fraction to lighter 

ones and is also linked to the increase in naphtha and especially gas fractions.  

On the other hand, when co-feeding plastics with VGO, YLCO increases with 

temperature, achieving the highest value for PP/VGO and HDPE/VGO at 440 ºC 

(6.2 and 5.8 wt%, respectively). Conversely, as it happens for hydrocraking of neat 

PO, blends with PO produce negative values for YLCO. The 10 wt% of PO 

contained in the ternary mixture (PO/HDPE/VGO) is enough to push the 

increment of LCO index to negative values at 420 and 440 ºC (-1.1 and -1.4 wt%, 

respectively). So, when increasing the amount of PO to 20 wt%, (PO/VGO) the 

increment of LCO reaction index (YLCO) becomes more negative, achieving a value 

of -4.1 wt% at 440ºC.  

To sum up, the complementary analysis of yields, conversion and selectivity 

points out that although this catalyst is very good for naphtha production, it is 
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mandatory to optimize the operation conditions and, if it would be necessary, the 

catalyst properties, to reduce the gas fraction and increase the selectivity to fuels. 

 

4.2.2 Gas composition 

The gas obtained in the hydrocracking reactions (Figure 4.11) is composed by: 

methane (CH4), ethane (C2H6), propane (C3H8), i-butane (C4H10) and n-butane 

(C4H10) (butane, C4).  

 

Figure 4.11 Effect of temperature on gas composition for different feedstocks. 
Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of the hydrocracking of neat VGO and HDPE/VGO 
(Blend 2) have been obtained from section 3.3. 

When VGO is hydrocracked at 400 ºC, the gas is fundamentally formed by 

C3H8 (52 wt%) and C4 (33.2 wt%). It  is noticeable that the amount of i-C4 is larger  

than n-C4, indicating that  the reactions are being conducted by hydrocracking on 

acid sites through carbenium ion mechanism [380]. This pattern is also shown by 

neat PO hydrocracking. For this feed, C4 are the main compounds (> 65 wt%), 

where i-C4 is the main one, and the lowest amount of dry gas (CH4 and C2H6) is 

obtained at 400ºC (5.1 wt%).  

On the other hand, the blends that contain PO (PO/VGO, Blend 1; 

PO/HDPE/VGO, Blend 3), likewise as PO, describe a similar behavior, with high 

production of C4 compounds being 53.4 and 53.3 wt% for Blend 1 and Blend 3 

respectively and with higher concentration of i-C4 than n-C4. On the other side, for 

HDPE/VGO (Blend 2) C3H8 is the main product (56.6 wt%), the highest at 400 ºC. 

Thus, the sum of C3H8 and C4 is 80.5 wt%. The main product in PP/VGO (Blend 4) 
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hydrocracking is C3H8 (37.5 wt%) and this blend fosters C4 (32.8 wt%) longer than 

Blend 2. Furthermore, it has to be pointed that the gas yield from PP/VGO 

hydrocracking has the highest amount of dry gas (CH4 and C2H6) (29.7 wt%) at 400 

ºC, due to its lower degradation temperature (section 2.1). 

When temperature is increased, thermal reaction gains relevance. The raising 

of temperature from 400 to 420 ºC fosters the concentration of dry gas (CH4 and 

C2H6) versus C3H8 and C4. For VGO hydrocracking, the concentration of the 

formers increases until 24.2 wt% in detriment of C4 (25.1 wt%) whereas C3H8 is still 

the main compound (50.5 wt%). However, the PO hydrocracking does not display 

the same behavior. Although dry gas (CH4 and C2H6) increase up until 12.2 wt%, 

the concentration of C3H8 also shows an increase of 5 wt%, being 31.5 wt% while C4 

fraction decreases to 56.2 wt%; nevertheless, even now they are the major 

compounds.  

On the other hand, in the case of HDPE/VGO (Blend 2) and PP/VGO (Blend 

4) hydrocracking, progressive changes are observed, and similar to those 

experimented in the VGO hydrocracking, when temperature rises. For each blend, 

the combination of dry gas compounds increases (26.7 and 33 wt%, respectively at 

420 ºC) while the reduction of C3H8 and C4 occurs (72.1 and 66.9 wt%, respectively). 

In both cases, and as was the case with VGO hydrocracking, C3H8 is the main 

compound at 420 ºC, with 52.2 and 37.2 wt%, respectively. This temperature 

increase has a higher impact on PO/VGO (Blend 1) and PO/HDPE/VGO (Blend 3) 

gas composition. For the former, dry gas concentration is twice higher at 420 than at 

400 ºC for both feeds, being ~33 wt% at 420 ºC. As was the case for PO 

hydrocracking, C3H8 concentration slightly increases with temperature, obtaining 

34.8 wt% at 420 ºC, and C4 concentration decrease seriously, being 32.1 wt%.  

In the case of ternary mixture (PO/HDPE/VGO, Blend 3) hydrocracking, as it 

happened with previous feeds containing PO, the CH4, C2H6 and C3H8 

concentrations increase with temperature, while C4 decreases, being 13.5, 22.5, 38.7 

and 25.3 wt% respectively, at 420 ºC, and becoming C3H8 the main compound. 

At the highest temperature (440 ºC), huge changes are observed in terms of 

composition, as it happened with the gas yield in Figure 4.9. This fact is due to the 

higher the temperature is, the stronger the thermal hydrocracking by radical 

mechanism, which promotes the production of low molecular weight compounds 

[114,382]. For VGO hydrocracking, dry gas concentration suffers an increment of 

more than 20 wt%, obtaining a value of 47.8 wt% at 440 ºC. Conversely, C3H8 

concentration is the one that decreases the most (until 38.4 wt% at 440 ºC) and C4 

concentration decreases as well (13.7 wt%). For PO hydrocracking, CH4, C2H6 and 

C3H8 concentrations increase, with a concentration of 36.4 wt% for dry gas whereas 
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the propane becomes the main compound (39.4 wt%). So, C4 compounds are 

reduced to a greater extent (24.2 wt%).  

According to the blends hydrocracking, gas obtained for PO/VGO shows the 

highest dry gas concentration (59 wt%). C3H8 concentration decreases until 

26.2 wt% and C4 concentration is only 14.7 wt%. PO/HDPE/VGO hydrocracking 

also produces an important amount of dry gas (CH4 and C2H6) (46.8 wt%). 

Therefore, the addition of PO, which contains lighter compounds in the boiling 

point of naphtha fraction, not only produces more gas but also produces more dry 

gases (CH4 and C2H6) at 440 ºC, since its easier thermal hydrocracking. The C3H8 

concentration has been reduced until 33.2 wt% and C4 concentration is only 17 wt%.  

For PP/VGO hydrocracking, the concentration of dry gas is lower than that 

obtained with other blends at 440 ºC (41 wt%). Moreover, it produces the largest C4 

concentration in the gas stream (23 wt%) and the C3H8 concentration is reduced 

until 35.9 wt%. For these reasons, the presence of PP in the feedstock looks like 

reduces thermal hydrocracking compared to PO containing feeds. 

 Finally, for the HDPE/VGO blend, dry gas concentration increases (36.3 

wt%) but C3H8 remains as the main compound (46.5 wt%). Furthermore, C4 

concentration continues the decreasing trend till values of 17.1 wt%. Rodriguez et 

al. [125] also reported that the  concentration of C3 is higher than C4 for the catalytic 

co-cracking of HDPE and VGO. Furthermore, both n-C4 and i-C4 compounds follow 

a decreasing trend when temperature increases (being i-C4 higher than n-C4). 

As a conclusion, the general trend shows some similarities with results in 

Section 4.1.2 for the NiW/HY catalyst. Generally speaking, at lower temperature, 

C3H8 and C4 are the main compounds (more than 70 wt%) but when temperature is 

raised, dry gas (CH4 and C2H6) increases. Furthermore, i-C4H10 is produced in 

larger amount than n-C4H10. But when temperature rises, C4 and C3 are the 

compounds that suffer a greater reduction. 
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4.2.3 Naphtha composition and RON 

The naphtha is one of the main products that this catalyst produces, so it is 

important to analyze its composition and the effect of temperature on this lump. 

The results are shown in Figure 4.12. The composition it has been grouped in 

PIONA compounds.  

 

Figure 4.12 Effect of temperature on naphtha composition for different feedstocks. 
Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of the neat VGO and HDPE/VGO hydrocracking 
(Blend 2) have been obtained from section 3.3. 

The composition of the naphtha clearly depends on feedstock load and the 

formation of some compounds is favored against others. As expected,  temperature 

also affects the naphtha composition promoting or depressing certain compounds 

as a result of the thermodynamics influence through hydrocracking route [109]. 

Generally speaking, temperature favors the aromatic concentration. Naphtha from 

neat VGO hydrocracking has more naphthenic and aromatic compounds, while 

naphtha from PO hydrocracking is more paraffinic, attending to the different 

composition of the feedstocks.  

However, when temperature rises, generally naphthenic compounds are 

reduced due to dehydrogenation reactions are favored, thus, increasing aromatic 

compounds, specially A1 [383]. In this way, for neat VGO hydrocracking, the A1 

concentration in naphtha increases from 16.9 wt% at 400 ºC up to 40.7 wt% at 440 

ºC. By contrast, A2 concentration is negligible but it also increases with temperature 

achieving a maximum concentration of 2.5 wt% at 440 ºC.  

Conversely to that, naphtha from PO hydrocracking is less aromatic for all the 

temperature range, showing A1 concentration smaller differences between 400 and 

440 ºC (11 and 21.7 wt%, respectively) with marginal A2 concentration (<1 wt%). 
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The concentration of naphthenic compounds is also higher for naphtha from VGO 

than PO (25.5 wt% and 11.4 wt% at 400 ºC, respectively) and diminishing when 

increasing the temperature (ought to the reduction of hydrogenation activity) 

achieving a 16.3 and 6.7 wt% at 440 ºC. Paraffins are the main compounds for both 

feedstocks at 400 ºC, with values of 56.6 and 76.9 wt%, respectively and reducing till 

40.3 and 50.8 wt% at 440ºC, respectively. Although total paraffin concentration 

decreases with temperature for both neat feeds, the evolution of n-paraffins 

displays an opposite behavior for PO. The concentration of n-paraffins increases in 

detriment of i-paraffins as the skeletal rearrange decreases with temperature as 

Weitkamp et al. obtained [114,384]. In this way, a maximum concentration of i-

paraffins is obtained at 400 ºC (51.9 wt%), which are desired compounds from a 

quality point of view. Notwithstanding, temperature reduces i-paraffins 

concentration, but at 440 ºC its concentration is still quite important (40.2 wt%). 

Besides, no olefins have been detected due to the great hydrogenation capacity of 

noble metals [21].  

The addition of PO to VGO (PO/VGO, Blend 1) improves the naphtha 

composition, diminishing the concentration of aromatics and increasing the 

concentration of paraffins. At 400 ºC, the main compounds are paraffins, which 

they account the 62 wt% and they diminish to 53.7 wt% at 440 ºC. Regarding to 

aromatics, A1 are the main aromatic compounds at 400ºC (13.1 wt%) which rapidly 

increase up to 32.6 wt% at 440 ºC, whereas A2 concentration is negligible for all 

temperature range (1.2 wt% at the highest temperature). On the other side, 

naphthenic compounds concentration is significant at 400ºC, conforming 23.9 wt%, 

but they are rapidly reduced to 13.9 wt% at 420 ºC with a subsequent slight 

decrease at 440 ºC (12.3 wt%). 

On the other side, naphtha from Blend 2 (HDPE/VGO) shows a higher 

aromatic concentration and less paraffin concentration than the naphtha from other 

blends. The paraffin concentration smoothly decreases with temperature. The 

concentration of A1 increases with temperature, rising up to 53.1 wt% at 440 ºC. The 

A2 concentration in naphtha is comparable to that obtained from VGO 

hydrocracking. It has to be pointed that olefins appear in small amount only at 400 

and 420 º C. Naphthenic concentration suffers a small reduction when temperature 

increases. 

For PO/HDPE/VGO (Blend 3), aromatics concentration in naphtha is 

comparable to that obtained from VGO hydrocracking. At 400 ºC, aromatics 

account the 26 wt% and they increase up to 40.2 wt% at 440 ºC, though A2 

concentration is similar for all the temperature range (~1.1 wt%). Naphthenic and 

paraffins decrease with temperature from 22.3 to 10.8 wt% and from 51.4 to 48.8 

wt%, respectively.  
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Finally, naphtha from PP/VGO (Blend 4) is the less aromatic one, with a 

concentration of 8.7 wt% for A1 at 400ºC and the highest naphthenic concentration 

at that temperature (30.5 wt%). However, the concentration of these groups changes 

drastically to values of 30.1 and 10 wt%, respectively, when temperature rises to 

420 ºC. A subsequent increase of temperature (440 ºC) hardly affects the 

concentration of these compounds as before, being 36 and 7.9 wt%, respectively. 

The paraffin concentration stood at similar levels to that of Blend 1, decreasing with 

temperature from 60.4 to 55.9 wt% at 400 and 440 ºC, respectively. The behavior 

shown at 400 ºC with Blend 4 is due to (i) the nature of PP (that has branches in its 

structure) which boosts the formation of secondary alkylcarbenium ions easing the 

β-scission and (ii) the low dehydrogenation reactions rate at this temperature.  

Consequently, the naphtha coming from this blend attains a high paraffin 

concentration, especially i-paraffins. Furthermore, although when temperature 

raises i-paraffins concentration diminishes, its concentration is higher than that 

obtained from HDPE/VGO hydrocracking at whatever temperature, producing 

also lower aromatic concentration. 

The evolution of naphtha RON with temperature for each feed is collected in 

Figure 4.13. This way, the quality of naphtha obtained from different feedstocks can 

be compared and the effect of temperature can be also studied. The results show 

that at 400 and 420 ºC, naphtha from VGO hydrocracking has the lowest RON (78.6 

and 79, respectively). However, for this feed a substantial RON increase (up to 84.1) 

is achieved when operating at 440 ºC. This trend of increasing RON with 

temperature is the same as in VGO catalytic cracking under the conditions of a FCC 

unit [125]. The trend of RON for naphtha from neat PO hydrocracking is similar to 

that shown in the case of VGO hydrocracking but with less slope, changing from 

81.3 to 82.7 between 400 and 440 ºC. Those values are very similar to those obtained 

by Joo and Guin [376], who hydrotreated plastic pyrolysis oil from a mixture of 

plastics at 435 ºC obtaining a RON of 84.7 for their naphtha, but lower than those 

obtained by Vasile et al. [367],who obtained a  naphtha with 87.9 RON 

hydrotreating plastic pyrolysis oil at lower temperature (350 ºC).  
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Figure 4.13 Effect of temperature on RON of naphtha for different feedstocks.  
Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of the hydrocracking of neat VGO and HDPE/VGO 
(Blend 2) have been obtained from section 3.3. 

Regarding the blends hydrocracking, addition of PO to VGO (Blend 1) depicts 

a synergy that increases RON values for all temperatures, with a value of 86.6 at 

400 ºC and 88.7 as the maximum value at 420 ºC. The highest RON values are 

achieved with HDPE/VGO (Blend 2), although depicted a drawdown, being 94.4 

and 91.6 at 400 and 440 ºC. This fact is in line with that observed by Rodriguez et al. 

[125] who obtained lower RON values for HDPE/VGO catalytic cracking. On the 

other hand, a low effect of temperature is observed for the ternary mixture 

(PO/HDPE/VGO) hydrocracking, but RON values are lower than that obtained for 

HDPE/VGO and more similar to that of the PO/VGO, being c.a. 88.7 at all 

temperatures. This trend may be due to the fact that ternary mixture carries PO and 

HDPE which display opposite trends. The addition of PP to VGO also has a 

positive effect in naphtha RON, with values of 83.7 at 400 ºC and 89.5 at 420 ºC, 

respectively. However, pushing the temperature to 440 ºC produces changes in the 

composition that harm the RON value a little bit (87.5).  

As a conclusion, the large amount of naphtha produced from hydrocracking 

of waste plastics has, in most cases, a composition similar to that obtained from 

neat VGO hydrocracking but with a higher quality (greater RON). As a 

consequence, it is proven that the addition of different polyolefinic wastes means 

an improvement to the process, since naphtha from their hydrocracking is suitable 

to be added to naphtha pool which after its adaptation will be marketed. 
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4.2.4 LCO composition and cetane index 

Although a small amount of LCO is produced by this catalyst, its composition 

(Figure 4.14) and cetane index (Figure 4.15) are analyzed. LCO composition seems 

to be related to the corresponding naphtha composition. Therefore, each feedstock 

promotes the formation of some preferred compounds over others and then 

temperature plays its role. For all the feeds, raising the temperature leads to:  (i) an 

increase of the total aromatic content (mainly A2 and A3+) (as the condensation of 

the olefins is promoted) and; (ii) a decrease of the i-paraffins concentration whereas 

n-paraffins increase. It is noteworthy that alternative feeds (PO, Blend 1, Blend 2, 

Blend 3 and Blend 4) denote a minor A3+ content in the LCO lump. Besides, no 

olefins are detected. 

 

Figure 4.14 Effect of temperature on LCO composition for different feedstocks. 
Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction time, 120 
min.  Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, PO/HDPE/VGO; 
Blend 4, PP/VGO. The data of the hydrocracking of neat VGO and HDPE/VGO 
(Blend 2) have been obtained from section 3.3. 

Attending to the results of Figure 4.14, the composition of LCO from VGO 

hydrocracking is mainly paraffinic (68 wt% at 400 ºC), although paraffin 

concentration diminishes a little when temperature rises (61.6 wt% at 440 ºC). 

Nevertheless, the evolution of the concentrations of n-paraffins and i-paraffins has 

opposite trend inside paraffin lump. When temperature goes up, n-paraffins 

concentration increases whereas i-paraffins concentration is lessens due to 

unfavorable skeletal rearrangement with temperature [385]. Meanwhile, the 

n-paraffins concentration is growing from 8.9 to 18.5 wt%, at 400 and 440 ºC, 

respectively. On the other side, aromatics are the second largest group. In the case 

of A2 they are the more abundant aromatics, which increase with temperature from 

23.3 to 29.7 wt% at 400 and 440 ºC, as well as poly-aromatics (A3+) comes from 1.2 to 

4.5 wt% whereas A1 decrease from 7.3 to 4.1 wt%, due to the boosting of 
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condensation reactions with temperature. It has to be considered that together with 

reduction in isomerization rate, the reduction of the hydrogenation when increase 

the temperature is a fact due to reaction thermodynamics [109]. On the other hand, 

LCO from neat PO hydrocracking depicted a more paraffinic nature. The total 

paraffin concentration goes from 76.8 wt% at 400 ºC till 70.2 wt% at 440 ºC. For this 

feed, naphthenic compounds appear which are less than 5 wt% at 400 ºC and this 

concentration decreases with temperature. The lowest aromatic concentration is 

observed for this feed. This way, A1 and A2 are observed in the same amount 

~9.2 wt% at 400 ºC, but temperature pushes upwards A2 concentration (21.9 wt%) 

and decreases A1 concentration (5.1 wt%) due to condensation reactions. Moreover, 

the concentration of A3 is negligible. 

According to the blends, the LCO from HDPE/VGO (Blend 2) hydrocracking 

is the one which share more similarities with the LCO obtained from VGO. 

However, this LCO was slightly less aromatic and more paraffinic due to the 

addition of HDPE. On the other hand, LCOs from PO/VGO and PP/VGO (Blend 1 

and 4, respectively) hydrocracking display similar composition. The maximum 

paraffin concentration is observed at 400 ºC (65.2 and 72 wt%, for the blends 1 and 

4, respectively) and diminish up to 440 ºC (51.1 and 47.5 wt%, respectively) with an 

abrupt drop at 420 ºC. Nevertheless, naphthenic compounds concentration does not 

change with temperature (~3.5 wt%). Finally, the ternary mixture 

(PO/HDPE/VGO, Blend 3) shows a particular behavior. Total paraffins 

concentration increases smoothly with temperature at expense of aromatics, which 

decreases from 45.2 to 43.7 wt%. However, A1 concentration is reduced from 14.4 to 

9.7 wt% whereas A2 cocentration increases from 30.3 to 32.7 wt% at 400 ºC and 

440 ºC, respectively. One more time, naphthenic compounds concentration does not 

change noticeably with temperature (~2.7 wt%). 

Cetane index of the LCOs has been calculated and results are depicted in 

Figure 4.15. The results unveil that in the case of neat VGO and PO hydrocracking, 

the maximum value of cetane index is achieved at the lowest temperature (400 ºC), 

being 62.9 and 69.9, respectively. The latter is close to the cetane index obtained by 

Bezergianni et al. [386] (71.5) in the pyrolysis oil hydroprocessing using a fixed bed 

reactor, at 375 ºC and 100 H2 bar. However, when temperature rises, cetane index 

decreases reaching values of 48.6 and 51.7 at 440 ºC for neat feedstocks.  

On the other hand, a negative synergy (opposite in comparison with the 

observed for the RON of the naphtha) is observed for LCO when PO/VGO (Blend 

1) is hydrocracked, as the cetane index decreases from 43.1 at 400 ºC to 35.2 at 

440 ºC. This decreasing trend is also seen for PP/VGO (Blend 4) hydrocracking. 

Nonetheless, for this feedstock a higher cetane index is obtained at 400 ºC (53.5), 

though at higher temperatures it decreases significantly (35.8 at 440 ºC). For the 
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HDPE/VGO (Blend 2) hydrocracking, cetane index of LCO improves with 

temperature with a maximum value of 55.7 at 440 ºC. On the other side, for 

PO/VGO/HDPE (Blend 3) hydrocracking, the cetane index shows a minimum at 

420 ºC (35) and a maximum at 440 ºC (42.2). This behavior is consequence of the 

different trend shown by the binary mixtures of PO/VGO and HDPE/VGO. 

 

Figure 4.15 Effect of temperature on the cetane index of LCO for different 
feedstocks. Reaction conditions: PtPd/HY catalyst; 80 bar; C/F ratio, 0.1; reaction 
time, 120 min. Key: Blend 1, PO/VGO; Blend 2, HDPE/VGO; Blend 3, 
PO/HDPE/VGO; Blend 4, PP/VGO. The data of the hydrocracking of neat VGO 
and HDPE/VGO (Blend 2) have been obtained from section 3.3. 

To conclude, although a low yield to LCO is achieved with this catalyst, the 

quality of LCO is enough good (proper composition and cetane index). On one 

hand, the composition depicted low concentration of polycyclic aromatics and on 

the other hand the cetane index values are closed or greater than those established 

by regulations (46 in EN-590). As a result, it is suitable to be added at diesel pool in 

refineries to be commercialized. 
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4.3 PtPd/HY CATALYST MODIFICATION BY ALKALINE 

TREATMENT OF THE ZEOLITE  

The PtPd/HY catalyst has shown generally a good performance in 

hydrocracking of alternative feedstocks (Section 4.2). However, when a high 

temperature is used and at long reaction times, it has been observed an important 

limitation in the selectivity to LCO and naphtha fractions, as a consequence of their 

undesired hydrocracking to gas. In this section we have studied the modification of 

the properties of the HY support zeolite to minimize this problem. The strategy 

used has been the desilication by means of a controlled alkali treatment. It is well 

established that this treatment results in the attenuation of acidity and the 

generation of mesopores in zeolites. In this way, the extent of undesirable reactions 

are limited, such as overcracking of desired products and the coke formation. These 

undesired reactions are hydrogen transfer and aromatics condensation, catalyzed 

by strong acid sites and favored by the density of acid sites [387–389]. In addition, 

the ability of the mesopores to retain the coke formed reduces the blocking of the 

pore of the zeolites [211,388,390–393]. The procedure and the results are presented 

along this section, the alkaline treatment of the catalysts in section 4.3.1, its effect on 

the properties of the catalyst in section 4.3.2 and its behavior in HDPE/VGO 

hydrocracking in section 4.3.3. 

 

4.3.1 Desilication procedure 

It is a fact that the generation of mesoporosity through desilication produces 

very heterogeneous results. This is due to the fact that many changes can be made 

in the desilication process to innovate in the results obtained, thus creating an 

infinite number of possible results. Figure 4.16 is a scheme that sums up the 

variables that affect the desilication and hence the modification of catalyst 

properties and how these ones together with other factors have an effect over 

reaction products. The desilication variables are: (i) the zeolite chosen; (ii) the 

alkaline metal hydroxide or the organic hydroxide chosen; (iii) the different 

desilication conditions to generate mesoporosity; and (iv) in the case of alkaline 

metal hydroxide, the addition or not of an organic hydroxide as a pore directing 

reagents to control pore growth, such as tetramethylammonium hydroxide 

(TMAOH), tetrapropylammonium hydroxide (TPAOH), tetrapropylammonium 

bromide (TPABr), tetrabutylammonium hydroxide (TBAOH), among others [394–

401]. These variables act over (i) chemical composition, (ii) textural and (iii) acidic 

properties which conforms the catalyst properties.  

The reaction products can depend on (i) catalyst properties, (ii) reaction 

system, (iii) feedstock chosen and (iv) the operating conditions. Nevertheless, in the 
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present study, the operating conditions, the feed used and the reaction system have 

been kept constant, thus making it possible to assess the changes in the catalyst 

properties throughout the desilication process.  

 

Figure 4.16 Effect of desilication over catalyst properties and reaction products.  

As it has been mentioned in section 1.4.4.2, some authors [206–208] carried 

out experiments in a fixed-bed reactor, working continuously by several hours. 

Their feedstocks did not contain complex aromatic compounds. However, it has 
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been proven that if feedstock is changed from simple or model compounds, like 

methanol, 1-hexene or n-C16, to complex mixtures like bio-oil, pyrolysis oil or LCO 

among others, even in a continuous fixed-bed reactor coke is produced in similar or 

slightly higher yields than parent catalysts. Tarach et al. [402] studied the catalytic 

conversion of LCO in a fixed-bed reactor using two alkaline agents to carry out the 

catalyst desilication. For the same conversion, they obtained a similar or higher 

coke yield than with the parent catalyst when used NaOH as alkaline agent and 

lower coke yield when added tetra-butylammonium hydroxide (TBAOH) to the 

desilication treatment as a pore growth moderator. Nevertheless, they also 

achieved greater gas yield than with parent catalyst. In the same line, Kim et al. 

[388] hydrocracked pyrolysis fuel oil to BTX compounds in a fixed-bed reactor 

using Ni2PB/β-zeolite and its desilicated version using NaOH and 

tetrapropylammonium bromide (TPABr) as a pore directing agent which moderate 

pore growth. They reported that higher conversions were obtained for longer time 

with the desilicated catalyst. Furthermore, the coke yield for the same reaction 

length it is much lower. According to stirred batch reactor runs, Munir et al. [373] 

developed an in-house prepared zeolite beta based on a desilication technique 

through alkaline treatment with NaOH. They studied the performance of those 

catalysts in comparison with parent zeolite beta and reported that the desilicated 

zeolite reduced the gas yield in the waste plastic hydrocracking. Nevertheless, the 

conversion was also reduced. 

Given the scarcity of papers that study the effect of desilication on the 

HDPE/VGO hydrocracking in a stirred batch reactor, it has been decided to 

approach the subject taking NaOH as the alkaline metal hydroxide reagent to carry 

out the desilication treatment over the PtPd/HY catalyst. In addition, the detailed 

analysis of the products will provide information on their quality (RON and cetane 

index), pushing the knowledge beyond the yields and the conversion achieved. In 

addition, the nature and location of the coke deposited on the desilicated catalyst 

will be studied, comparing them with the coke deposited on the parent catalyst. 
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The alkaline treatment method of HY zeolite has been established following 

the description in literature [211,373,395,396,402,403], with the next steps: 

- 10 g of a commercial zeolite Y (Zeolyst CBV 712) were suspended in 300 mL of 

0.1 M aqueous NaOH solution (Sigma-Aldrich) and kept under stirring for 15 

min at room temperature.  

- The suspension was neutralized with an equivalent amount of 1.0 M HCl 

solution (Sigma-Aldrich) to stop the desilication process. This is because using 

NaOH, most of the mesoporosity is developed in the first 15 min of the 

treatment [394,404]. 

- The desilicated zeolites were filtered and washed with deionized water. 

- The zeolites were subjected to two ion exchanges with aqueous solutions of 

NH4Cl (Sigma-Aldrich, 99.5%) 0.50 M for 24 h at room temperature with a 

zeolite/solution ratio of 1 g/5 mL, in order to remove the Na introduced 

during the leaching stage. 

- The samples were filtered, washed with deionized water, dried in an oven at 

110 °C for 16 h and calcined in a muffle with a ramp of 12 °C min-1 up to 

550 ºC and kept at that temperature for 4 h. 

After this process, the desilicated zeolite support is impregnated with 1 wt% 

of Pt and 0.5 wt% of Pd following the procedures described in section 2.3 and then 

the catalyst obtained is called Cat-B.  

Furthermore, the above desilicated procedure was carried out completely two 

times before loading the noble metals in the same amounts, resulting on a catalyst 

that it was named Cat-C. 
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4.3.2 Catalysts properties 

The modified catalysts were characterized by several techniques previously 

used for the characterization of the parent catalyst and described in section 2.3 ((i) 

N2 adsorption-desorption isotherms, (ii) ICP-AES, (iii) TPD of t-BA, (iv) FTIR of 

pyridine, (v) XRF, (vi) XRD and (vii) TEM).  

4.3.2.1 N2 absorption-desorption isotherm 

The N2 adsorption-desorption isotherms of parent (Cat-A) and modified 

catalysts (Cat-B and Cat-C) are displayed in Figure 4.17. The three catalysts show 

hybrid isotherms type I-a and type IV according to microporous and mesoporous 

materials, respectively, as IUPAC nomenclature establishes [315]. Furthermore, all 

the catalysts also exhibit a hysteresis loop that, in concordance with IUPAC, they 

are the results of controlled cavitation of N2 evaporation when it is desorbed in 

pores whose neck diameter is smaller than a critical size (estimated in 5-6 nm). 

These phenomena can be found in the multi-layer of micro-mesoporous silica, 

zeolites and some active carbons. On the other hand, the morphology of these 

hysteresis loop resembles with H4 type and is related with slit-like pores [389,405]. 

Nevertheless, some differences can be found between N2 adsorption-desorption 

isotherms as result of the desilication treatment. It can be seen a reduction of 

adsorbed volume in where plateau appears, which is correlated with a reduction of 

microporous surface [396]. Therefore, micropore area is reduced from Cat-A to 

Cat-B and Cat-C stepwise due to the destruction of zeolite crystal, which is studied 

using XRD in Figure 4.21. Moreover, a change in the hysteresis loop can be 

appreciated where the difference between adsorbed and desorbed volume becomes 

greater when the severity of the alkali-treatment increases. 
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Figure 4.17 N2 adsorption-desorption isotherms of parent and desilicated catalysts.  
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4.3.2.2 Transmission electron microscopy (TEM) 

Figure 4.18 depicts the images from high resolution transmission electron 

microscopy of parent and desilicated catalysts. The parent catalyst (Figure 4.18a 

and Figure 4.18b) shows a smooth surface with an excellent dispersion of PtPd 

particles (small dark dots). However, since the first desilication treatment the TEM 

image of Cat-B (Figure 4.18c) displays a clear degradation of the surface due to the 

alkali-treatment with NaOH, emerging ‘craters’. Nevertheless, the Figure 4.18d 

shows that the metal dispersion keeps being very good. The mesoporous formation 

was also observed in the SEM and TEM photographs reported by Sree et al. [406] 

who also carried out a HZSM-5 zeolite desilication and they reported that the 

mesopores emerge with different diameters appreciated through high angle 

annular dark field (HAADF) in STEM image. Moreover, Tarach et al. [402] used 

different alkali-agents and discovered that with NaOH the mesoporosity is located 

in the more external surface of the particle while the inner part almost remains 

unmodified. Figure 4.18e shows the results after two desilication cycles (Cat-C). As 

reported in the literature Su et al. [206], the more severe the desilication conditions, 

the greater the degradation of the catalyst. In this case, it can be seen that although 

the degradation is harder with bigger craters (Figure 4.18e), the dispersion of the 

metal remains being successful (Figure 4.18f). 
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Figure 4.18 Transmission electron microscopy (TEM) of Cat-A (a and b), Cat-B 
(c and d) and Cat-C (e and f). 
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e) f)
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4.3.2.3 Temperature programmed desorption (TPD) of tert-butylamine 

The analysis of total acidity by TPD of tert-butylamine (t-BA) has higher 

sensitivity than that NH3 TPD [303] and is used to quantify the acidity of the 

catalysts. In Figure 4.19 it can be seen the profile of released butane for parent 

(Cat-A) and desilicated catalysts (Cat-B and Cat-C). Comparing temperatures at 

which butane is released, there are small differences between Cat-A, Cat-B and 

Cat-C, and the peaks are at 283, 286 and 285 ºC respectively. Therefore, there is a 

slight increase in acidic strength of the catalysts which also can be related to the 

number of Brønsted sites with respect to Lewis (section 4.3.2.4). Gayubo et al. [407] 

obtained a reduction of acidic strength of desilicated HZSM-5 zeolites when using 

TPD-NH3, but the conditions of the desilication treatment (temperature, time and 

NaOH concentration) and the zeolite type lead to obtain very varied results with 

different properties and behaviors [394–396]. Furthermore, Figure 4.19 shows that 

TPD signals are attenuated from Cat-A to Cat-B and Cat-C. The reduction on TPD 

signal is lower for Cat-B than for Cat-C, depicting that two desilication steps on 

Cat-C harm in larger extent the acidity of the catalyst. These results are in line with 

those obtained by Li et al., [396], who compared the acidic properties of parent 

HZSM-5 and alkali-treated with NaOH. Using TPD of NH3, they observed that the 

temperature maximum of TPD profiles did not change but they show an 

attenuation of the signal.  

 

Figure 4.19 TPD-tBA analysis of parent catalyst (Cat-A), those undergoing to one 
desilication stage (Cat-B) and two stages (Cat-C).  
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4.3.2.4 Fourier-transform infrared spectroscopy (FTIR) of adsorbed pyridine 

The FTIR of pyridine profiles have been used to identify the nature of the 

acidic sites. The FTIR analysis of pyridine profiles in Figure 4.20 shows that the 

peak related with Lewis sites is taller than Brønsted ones for Cat-A. Nevertheless, 

the deconvolution of these peaks in Table 4.3 shows the concentration of the 

Brønsted sites, which is represented in µmol of adsorbed pyridine per g of catalyst, 

is greater than the area of Lewis sites, and the calculated B/L ratio is 1.53. However, 

after the first desilication step (Cat-B), Lewis sites are more affected than Brønsted 

sites. This is clearly identifiable through the results from Table 4.3 and the change 

between the slope of line A and the slope of line B in Figure 4.20. These results are 

in line with those reported by Gil et al. [391] in the desilication of HZSM-5, who 

obtain a higher reduction in Lewis sites. Finally, the two desilication steps in Cat-C 

describe a further reduction in both Brønsted and Lewis sites. Nonetheless, the 

latter are reduced again in a greater extent. Furthermore, the slope of line C even 

changes (Table 4.3).  

Table 4.3 Pyridine adsorbed on acidic sites from FTIR. 

Catalyst Brønsted (µmol/g) Lewis (µmol/g) B/L 

Cat. A 726 476 1.525 

Cat. B 643 332 1.937 

Cat. C 137 57 2.404 

 

 

Figure 4.20 FTIR-pyridine profiles of parent (Cat-A) and desilicated catalysts (Cat-B 

and Cat-C). 
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4.3.2.5 X-ray fluorescence (XRF) 

Table 4.4 shows the chemical composition of the three catalysts obtained from 

X-ray fluorescence technique. Regarding to metal content, results obtained are quite 

different to those obtained with ICP/AES (Table 4.6) and quite far from nominal 

values (specially for Cat-A). As is mentioned, this technique only can provide a 

semi-quantitative analysis of these metals.  

As it can be seen, Al2O3 content shows a slight decreasing trend with 

desilication treatment, increasing the total Si/Al ratio, but contrary to expectations, 

no clear decreasing trend is observed for SiO2 content. However, as Qin et al. [408] 

mention, XRF measures not only the amount of SiO2 and Al2O3 in the zeolite 

framework, but also in the amorphous phase; so, it is necessary to use other 

techniques to identify the Si and Al in the crystalline phase, like X-ray diffraction 

(XRD) [408,409] or nuclear magnetic resonance (NMR) [391].  

Table 4.4 XRF results of parent (Cat-A) and modified catalysts (Cat-B and Cat-C). 

Catalyst  Cat-A Cat-B Cat-C 

SiO2 (wt%) 87.15 87.35 86.91 

Al2O3 (wt%) 12.06 11.13 10.90 

Pt (wt%) 0.48 1.08 1.45 

Pd (wt%) 0.31 0.45 0.74 

Si/Al 6.38 6.93 7.05 

 

4.3.2.6 X-ray diffraction (XRD) 

Analyzing the XRD patterns in Figure 4.21, the alkaline attack reduces the 

crystallinity diminishing the intensity of peaks in XRD pattern and increases the 

amorphous phase raising the background from 20 to 30 2  degrees. The loss in the 

crystallinity is associated to the extraction of Si from the framework [409]. 

However, the increase in the amorphous phase means a rearrangement of Si, thus, 

changes in total content of Si are almost negligible as XRF report. This behavior is 

also reported by Qin et al. [408] in TEM images or by Gackowski et al. [409] in XRD 

spectra. 
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Figure 4.21 XRD pattern of parent (Cat-A) and modified catalysts (Cat-B and 
Cat-C). 

When Si is removed from the framework, the crystalline structure changes 

due to greater bond length of Al-O compared to Si-O bond, modifying the unit cell 

size of zeolite [410]. Based on this principle the Si/Al ratio can be estimated using 

the Breck-Flanigen correlation, according to Ferdov et al. [411]: 

/
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 (4.1) 

where UCS  is the average of UCS for each plane. 

The unit cell size (UCS) (Å) of the zeolitic materials can be determined from 

XRD following the procedure described in the ASTM-D 3942 standard, by applying 

Bragg's Law, according to: 

/[( ) ( )]hklUCS d h k l  2 2 2 2 1 2  (4.2) 

where h, k, and l are Miller indexes of catalysts (Table 4.5), which are correlated 

with reflection planes detected at different 2  for each catalyst, and dhkl (Å) is the 

distance between the crystalline planes obtained as follows: 
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where λ (Å) is the wavelength of the X-ray source (1.5418 Å for the CuKα radiation 

source used in this work), and θ (°) the half angle of reflection where a certain peak 

is observed.  

Table 4.5 Planes and reflections degree (2 ) in XRD of the catalysts used to calculate 

the unit cell size. 

Planes (h,k,l) Cat-A Cat-B Cat-C 

533 (5,3,3) 24.18 24.15 24.13 

642 (6,4,2) 27.62 27.62 27.54 

555 (5,5,5) 31.40 31.40 31.34 

 

4.3.2.7 Properties Comparison 

Table 4.6 shows the main physicochemical properties of the parent catalyst 

(Cat-A), and after one desilication cycle (Cat-B) and after two desilication cycles of 

the zeolite support (Cat-C).  

Table 4.6 Physicochemical properties of alkali-treated catalysts and the parent 
catalyst.  

Physical Properties PtPd/ZY-A PtPd/ZY-B PtPd/ZY-C 

SBET (m2 g-1) 620 535 478 

Smicro (m2 g-1) 543 448 377 

Smeso (m2 g-1) 77 87 101 

Vmicro(cm3 g-1) 0.24 0.20 0.17 

dP (nm) 8.44 9.56 10.24 

Composition       

Pt (wt%)a 1.19 1.13 1.11 

Pd (wt%)a 0.53 0.49 0.47 

Si/Al ratiob 11.44 10.83 8.01 

Acidic Properties       

Total Acidity (mmoltba g-1) 1.69 1.18 0.96 

AS (KJ moltba-1)c 135  147  150 

Brønsted/Lewis ratio 1.53 1.93 2.40 
aICP/AES 
bcalculated from XRD 
caverage value from calorimetric analysis 

 

The comparison of surface area values reflects a reduction of SBET and Smicro 

when alkaline treatment is applied. The parent catalyst is mainly microporous (543 

of 620 m2 g-1) but the catalysts after the NaOH treatments show less microporous 
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area (377 of 478 m2 g-1 on Cat-C), increasing the mesoporous area. This leads to a 

reduction in the micropore volume (Vmicro) of the catalysts, going from 0.24 to 0.17 

cm3 g-1 for Cat-A and Cat-C, respectively. Furthermore, since the mesopore area 

increases, the mean pore diameter (dp) also does so, increasing from 8.4 to 10.2 nm 

for Cat-A and Cat-C, respectively. These changes in physical properties are in line 

with reported by other authors for other zeolites [211,389,409]. 

Regarding chemical composition, the results in Table 4.6 show that metallic 

content of the catalysts is close to the nominal one (1 and 0.5 wt%, respectively) 

which reveals that impregnation has been carried out successfully. About Si/Al, 

this ratio decreases stepwise from Cat-A to Cat-C, 11.4 to 8, respectively. The Si/Al 

ratio has been estimated from XRD spectra using the Breck-Flanigen correlation 

[411] due to XRF technique cannot distinguish between the Si on the crystalline 

structure of the zeolite and in the amorphous phase, showing negligible changes in 

Si and Al composition for the different catalysts (Table 4.4).  

The results of the acidity collected in Table 4.6 display a reduction in the total 

acidity after desilication treatments from 1.7 to 0.9 mmoltba g-1 in Cat-A (parent) and 

Cat-C, respectively. Furthermore, the acidic strength slightly increases for 

desilicated catalysts in comparison with parent one. But this is not due to an 

increase in Brønsted sites (Table 4.3), but to a greater loss of Lewis sites than 

Brønsted [391]. 
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4.3.3 Effect of the alkaline treatment on hydrocracking performance 

The modified catalysts have shown interesting changes in their 

physicochemical properties as a reduction of micropore area, total acidity, increase 

in B/L ratio and loss of crystallinity of the zeolite support. Therefore, in this section, 

the catalysts will be tested in the hardest operating conditions in which gas and 

coke yields are highly favored. In this way, it can be studied how these catalyst 

modifications contribute to improve its behavior. The reaction conditions have 

been: 

- Feedstock: HDPE/VGO (20 wt%) 
- Temperature: 440 ºC 
- Pressure: 80 bar H2 
- Catalyst to Feed ratio: 0.1 (in mass) 
- Stirrer speed: 1300 rpm 
- Reaction time: 120 min 
 

Thus, an extensive analysis of reaction indicators (product yield, conversion, 

product composition and fuel quality) has been accomplished to assess the 

behavior of the catalysts. Besides, these analysis help to understand the catalyst 

performance regarding to the catalyst properties. 

 

4.3.3.1 Hydrocracking yields and conversion  

The effect of catalyst modifications on catalyst performance in terms of 

product yields and conversion are collected in Figure 4.22. As it has been done in 

previous sections, products are divided into 6 lumps (with their corresponding 

yields) and it has been taken into account the conversion of both HCO and HDPE 

separately (XHCO and XHDPE, respectively).  

Although Cat-A achieves the greater XHCO (91.1 wt%) with interesting 

naphtha and LCO yields (31.3 and 9.3 wt%, respectively), gas yield overcomes them 

(49.6 wt%). Besides, there are no waxy compounds in the product. Consequently, 

there is a complete HDPE conversion. The coke yield for this catalyst is 3.1 wt%, 

being the highest yield for all the catalysts, what can be attributed to the fact that it 

is the most acidic one, with higher number of Brønsted sites (Table 4.3 and Table 

4.6).  
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Figure 4.22 Effect of catalyst desilication on yields and conversions. Reaction 
conditions: 440 ºC; 80 bar of H2; C/F, 0.1; 120 min. 

When Cat-B is tested under the same operating conditions, the HCO lump is 

higher than Cat-A (14.1 wt%) with the consequent reduction in XHCO (81.5 wt%). 

Nevertheless, naphtha yield rises and LCO yield is almost the same, 42.9 and 

8.9 wt%, respectively. This increase means a reduction of gas yield to 28.2 wt%, 

which is a good improvement. However, the XHDPE is not complete as before, 

although it is still high (86 wt%). In the same line, Munir et al. [373] report that 

there is no significant change in LCO yield using desilicated catalysts (with beta 

zeolite) and also report the reduction in the plastic conversion. On the other side, 

the coke yield diminishes up to 3 wt%, being slightly lower than that of Cat-A due 

to the reduction in the acidic properties of desilicated catalyst (Table 4.3 and Table 

4.6). Similar results were reported by other authors working with a wide variety of 

feedstocks: hydrocracking of n-C16 [412]; catalytic pyrolisis of biomass [413]; 

cracking of 1-Butene [389]; co-pyrolysis of oil sludge with HDPE [414]. 

On the other hand, the Cat-C achieves a slight reduction in HCO lump (13.7 

wt%) and comparing with Cat-B it improves the conversion (82.1 wt%) while 

producing greater naphtha yield and slightly higher LCO yield (47.9 and 9.6 wt%, 

respectively) in detriment of gas yield, which decreases (22.5 wt%). However, the 

Cat-C also obtains larger wax yield than Cat-B (3.3  vs. 2.8 wt% respectively) which 

means of slight reduction in XHDPE (83.5 wt%). Besides, as was expected, a harder 

alkali-treatment also has an effect over coke yield. In this case, the coke yield 

decreases up to 2.9 wt%, being the lowest obtained. This result is due to Cat-C has 

the lowest acidity (Table 4.6), and hence, a significant reduction of both Brønsted 
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and Lewis acidic sites (Table 4.3). This effect also was reported by other authors 

who increased the severity of the treatment increasing the concentration of the 

alkaline metal hydroxide, thus, reducing the coke yield [389,412–414]. 

Generally speaking, the desilicated catalysts (Cat-B and Cat-C) are less active 

due to their lower acidity (Table 4.3, Table 4.6 and Figure 4.19) which implies a 

reduction in both conversions (XHCO and XHDPE). However, the overcracking of 

naphtha is reduced, with the subsequent gas yield reduction. However, the changes 

in the acidity and textural properties do not have a significant effect over LCO 

yield. This behavior is reflected in the SF of parent and modified catalysts depicted 

in Figure 4.23. It can be seen that desilications have a positive effect on the SF, which 

is 0.7 for parent catalyst, which means that the higher conversion produces more 

undesired sub-products as gas and coke at the same time that minimize the yield of 

desired products (naphtha and LCO). However, after the first and second 

desilications (Cat-B and Cat-C, respectively) the SF increases stepwise to 1.1 and 1.4, 

respectively, maximizing the production of naphtha and LCO. It has to be 

mentioned that as yields shows, the enhancement of SF is because of naphtha yield 

increase. 

 

Figure 4.23 Effect of catalyst desilication on selectivity to fuel index (SF). Reaction 

conditions: 440 ºC; 80 bar of H2; C/F, 0.1; 120 min.  
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4.3.3.2 Gas composition 

The gas composition is shown in Figure 4.24 for each catalyst, where the 

identified compounds are CH4, C2H6, C3H8, i-C4H10 and n-C4H10. 

For Cat-A the main components are C3 and C4 (LPG), with concentrations of 

46.5  and 17.2 wt%, respectively. Regarding C4 compounds, the percentage of i-C4 is 

slightly higher than that of n-C4, 9.9 and 7.2 wt%, respectively. The concentration of 

dry gas, i.e., CH4 and C2H6 (minority fraction) is 36.3 wt%, where the main 

compound is C2H6 (25.5 wt%).  

 

Figure 4.24 Effect of catalyst desilication on gas composition. Reaction conditions: 
440 ºC; 80 bar of H2; C/F, 0.1; 120 min.  

For Cat-B, the concentration of the components in dry gas increases to 19.1 

and 28.2 wt% for CH4 and C2H6, respectively. The desilication also provokes the 

diminishing of LPG compounds, but they still account for more than half of the 

composition (52.6 wt%). Within LPG fraction, the C3H8 and n-C4H10 concentration 

diminishes whereas the i-C4H10 slightly increases (34.7, 6.6 and 11.2 wt%, 

respectively). Therefore, desilication treatment not only causes a reduction of gas 

yield but also changes the composition of gas fraction, increasing the amount of dry 

gas in detriment of LPG fraction. This result can be explain because since the 

reduction of cracking activity of the catalyst, thermal cracking (radicalary 

mechanism) is favored with preferential formation of dry gas to the detriment of 

LPG [114,374,415]. 

Finally, the gas obtained with catalyst subjected to two desilication cycles 

(Cat-C) displays small changes in composition comparing with Cat-B. Continuing 
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with previously observed trend, the LPG concentration slightly diminishes, 

representing almost half of the gas (50.6 wt%). Within LPG fraction, C4 grow 

stepwise (both i-C4H10 and n-C4H10 are slightly higher than those obtained with 

Cat-B) meanwhile C3H8 decreases, being these concentrations 19.3 and 31.3 wt%, 

respectively.  

4.3.3.3 Naphtha composition and RON  

The effect of catalyst modification trough desilication on the composition of 

naphtha is depicted in Figure 4.25, where compounds from naphtha fraction have 

been grouped in six lumps: paraffins (n-P and i-P), naphthenes (N), olefins (O) and 

aromatics (one ring A1, and two rings A2).  

 

Figure 4.25 Effect of catalyst desilication on naphtha composition. Reaction 
conditions: 440 ºC; 80 bar of H2; C/F, 0.1; 120 min.  

Desilication affects to naphtha composition. While the olefin content is almost 

negligible, always below 0.1 wt%, as desilication increases, both paraffin 

concentration (n-P and i-P) increases, going from 27.6 wt% for Cat-A to 58.5 wt% 

for Cat-C, and the naphthene concentration decreases, going from 16.6 wt% for 

Cat-A to 8 wt% for Cat-C. Besides, the increase in paraffins is in detriment of 

aromatics (both 1-ring and 2-ring). Thus, aromatics go from 55.5 wt% with Cat-A to 

33.3 wt% with Cat-C. In line with these results, Garcia et al. [211] report an increase 

in the aliphatic compounds whilst aromatics are reduced in naphtha lump when 

desilicated catalysts are used in the catalytic cracking of bio-oils. 

In this case, we can see that the reduction of acidity (Table 4.6 and Figure 

4.19) and the modification of the acidic sites type by desilication (Table 4.3 and 
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Figure 4.20) have a stepwise reduction of aromatics and naphthenic whereas 

paraffins increase. This change in the catalysts performance can be due to an 

alteration of the reaction mechanism pathway as a consequence of the decrease in 

acidity. It seems that the hydrodearomatization reaction (HDA) of polyaromatics to 

A1 occurs to a lesser extent, reducing A1 concentration. Moreover, the reduction of 

catalyst activity and the overcracking suppression of naphtha lump revert mainly 

over paraffins lumps, since they can go faster through β-scission (producing gas) 

than aromatics or naphthenic compounds which firstly need to be saturated and 

pass through ring opening and skeletal rearrangement before the β-scission takes 

place [114,416]. 

Small variations are observed in RON values for each catalyst (Figure 4.26), 

although there is a slight decreasing trend whilst desilication cycles are increased in 

Cat-B and Cat-C. In that way, the RON value achieved by Cat-A is the highest one 

and then decreases for Cat-B and Cat-C stepwise in such a way that RON is 91.6, 

89.6 and 88.5, respectively. Both the reduction of aromatics and the increase of n-P 

concentration play in detriment of RON. 

 

Figure 4.26 Effect of catalyst desilication on RON. Reaction conditions: 440 ºC; 80 
bar of H2; C/F, 0.1; 120 min.  
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4.3.3.4 LCO composition and cetane index 

Figure 4.27 shows the composition of the LCO fraction obtained with 

different catalysts. The compounds have been grouped into six lumps according to 

its nature (PIONA).  

 

Figure 4.27 Effect of catalyst desilication on LCO composition. Reaction conditions: 
440 ºC; 80 bar of H2; C/F, 0.1; 120 min.  

Desilication of the catalysts provokes the aromatization of the LCO fraction 

while the concentration of saturate compounds diminishes. The concentration of 

paraffins (n-P and i-P) decreas, going from 67.1 wt% for Cat-A (43.8 wt% of i-P) to 

41.5 wt% (25.5 wt% of i-P) for Cat-C. The concentration of naphthenes increases, 

going from less than 0.1% for Cat-A to 1.6 wt% for Cat-C. The concentration of 

aromatics increases (all of them), going from 32.9 wt% for Cat-A to 56.9 wt% for 

Cat-C. In line with the obtained results, Tarach et al. [402] reported that LCO 

composition turns to greater aromatic and less saturated compounds for catalyst 

treated with NaOH in comparison with parent catalyst when VGO is hydrocracked. 

This increase in aromatic compounds is also related to the reduction of the 

HDA activity, which is closely related to the cracking activity of the catalysts and 

therefore the attenuation of the hydrogenation equilibrium displacement. All this 

leads to the no hydrocracking of aromatics present in the VGO. Furthermore, these 

results reinforce the arguments given before about the reduction of aromatics in 

naphtha yield when desilicated catalysts are used. Naphtha and LCO yields are 

interrelated and thus, aromatic compounds in naphtha come from LCO yield 

according HDA reaction pathways explained by Karakhanov et al. [416] and 

summed up in Figure 5.7. 
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Figure 4.28 collects the cetane index of LCO fraction obtained with the parent 

catalyst (Cat-A) and with both modified catalysts (Cat-B and Cat-C). The proper 

analysis depicts a decreasing trend where the maximum cetane index is achieved 

by Cat-A and then drops stepwise for Cat-B and Cat-C, being 55.7, 43.1 and 37.9, 

respectively. The cetane index is inversely correlated with the aromatic compounds 

and branched hydrocarbons [186,417]. However, the values of CI obtained for all 

the catalysts are higher than those obtained by Gutierrez et al. [142] in the LCO 

hydrocracking with PtPd/HY in a fixed-bed reactor, who report values of cetane 

index lower than 30. Nevertheless, Escola et al. [417], obtained higher cetane index 

(above 70) in neat plastic hydrocracking since their LCO lump had a low aromatic 

concentration which enhance the cetane index. 

 

Figure 4.28 Effect of catalyst desilication on cetane index. Reaction conditions: 
440 ºC; 80 bar of H2; C/F, 0.1; 120 min.  

 
4.3.3.5 Coke deposition 

The modification of the catalyst through basic desilication of the support has 

displayed to have an impact on the acidity of the catalyst (sections 4.3.2.3 and 

4.3.2.4) and on the textural properties (section 4.3.2.1). These properties have shown 

to be highly relevant in the coke nature and location [387,418]. This effect has been 

studied in the literature by TPO analysis of the spent catalysts [418–422].  

The TPO results for the spent parent and modified catalysts are plotted on 

Figure 4.29. Moreover, results from deconvolution (TMax and percentage of each 

coke type) and coke content per 100 g of catalyst are shown on Table 4.7. 
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Figure 4.29 TPO profiles of parent catalyst (Cat-A) and modify by one (Cat-B) and 
two desilication treatments (Cat-C). Reaction conditions: 440 ºC; 80 bar H2; C/F, 0.1; 
120 min. 

Table 4.7 Deconvolution results of TPO profiles from parent and modify catalysts. 

Catalyst Cat-A Cat-B Cat-C 

Coke content (wt%) 28.7 27.2 24.7 

Peak 1 
   

Temperature (ºC) 457 449 438 

Fraction (wt%) 48.27 74.78 77.39 

Peak 2 
   

Temperature (ºC) 500 500 500 

Fraction (wt%) 51.7 25.2 22.6 

 

For the three catalysts, the signal from TPO can be deconvoluted into two 

peaks, peak 1, at lower temperatures and peak 2, at higher temperatures. For Cat-A, 

although both peaks have similar height, the peak 2 is slightly higher. Peak 1 

appears at TMax of 457 ºC and it can be associated with medium developed coke, 

burned in the meso and macropores due to its facility to be burned without 

diffusional limitations. Furthermore, its proximity to metallic sites can catalyze its 

combustion. Nevertheless, its nature is non-filamentous or amorphous coke, 

presumably composed of macromolecular chains of HDPE located on the outside of 

the catalyst particles, which facilitates their combustion at low temperatures. For 

those reasons, peak 1 is classified as coke-type I [423]. On the other side, peak 2 has 

the TMax at higher temperature, 500 ºC. Its combustion temperature can be 

correlated with well-developed coke, with low H/C ratio and mainly made from 

the condensation of aromatic structures [421]. It is located in the micropores of the 
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zeolite, away from metallic sites, hence, it requires greater temperatures to be 

burned [108]. Consequently, this coke is correlated with coke-type II. In addition, 

the high amplitude of both peaks reveals the heterogeneity in the composition of 

both external and internal coke [108]. 

On the other hand, the deconvolution of derivative weight signal for Cat-B, 

that has only one desilication cycle, has a different peak distribution. The first peak 

(peak 1), which appears in the first range of temperature at 449 ºC, is the most 

relevant one. Hence, the major coke produced during the reaction is less developed 

coke. This coke typically grows in the external surface of the zeolite. It can be 

encapsulated coke with amorphous structure (mainly macromolecular chains of 

HDPE) and close to metallic sites which promotes its combustion [418,424]. 

Therefore, according to its nature and location it can be associated with coke-type I. 

The peak 2 is placed at 500 ºC located is in the inner of zeolite crystal (micropores), 

close to acidic sites which have hydrogen-transfer capacity and promoting its 

growth [108]. The nature of this coke is highly aromatic with low H/C ratio. This 

description of coke fits with coke-type II proposed by Bauer and Kargue [423].  

Finally, Cat-C, which has two desilication cycles, displays a similar derivative 

weight signal than Cat-B. The first peak, which is the major one, has its TMax at 

438 ºC. The nature of this coke is non-developed with amorphous structure, 

developed in the proximity of external active sites where metallic sites catalyze its 

combustion. The second peak appears at 500 ºC (peak 2) and is even smaller than 

the analogous peak of Cat-B. Nonetheless, it has a complex polyaromatic nature, 

where the H/C ratio is low, forming filamentous/condensed coke. It is associated 

with part of the coke placed in the zeolite channels where there may be diffusional 

mass/heat limitations [418,425,426]. 

It is observed that as desilication degree increases, the first peak grows while 

the second decreases. Furthermore, the temperatures corresponding to the first 

peak decrease with desilication which reveals that desilication, and so, higher 

mesoporosity and lower acidity, favors the formation of less developed coke in 

macro and mesopores. These results are in line with the data obtained by Garcia et 

al. [211] in the catalytic cracking of bio-oil. They report that when mesoporosity is 

increased, lower condensation level is achieved by coke. The reduction of the 

second peak is linked with the micropores reduction in Cat-B and Cat-C (Table 4.6). 

The coke content on the catalysts is shown in Table 4.7 and goes from 28.7 to 

27.2 wt% for Cat-A and Cat-B, respectively, and continues diminishing to 24.7 wt% 

for Cat-C. The decrease in coke content when desilication is done (Cat-B and Cat-C) 

can be attributed to (i) the increase of mesoporosity that enhance the diffusional 

limitations of the zeolite and the accessibility of large molecules to active sites 

promoting its hydrocracking [388], which facilitates the access of polyaromatics 
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from VGO and other coke precursors to active sites, and (ii) the decrease in the 

acidity of the catalyst diminishing both Lewis and Brønsted sites, which the latter 

are the acidic sites responsible for the formation of coke [388,427–430]. 

On the other hand, Cat-A has the more developed coke compared with 

desilicated catalysts, as it can be deduced from the higher TMax of peak 1. 

Furthermore, peak 2 (more developed coke) is the main type of coke, 51.7 wt%, 

compared with 48.3 wt% of peak 1. So, for this catalyst, the main type of coke is 

coke-type II which cause more severe deactivation and also requires higher 

temperatures to its combustion [108,421]. However, desilication treatment not only 

achieves a reduction in TMax for peak 1 but also changes the coke distribution 

becoming peak 1 the main type of coke and coke-type I is the predominant coke 

nature in desilicated catalyst. Therefore, peak 1 is 74.8 and 77.4 wt% for Cat-B and 

Cat-C, respectively. Thus, the more developed and internal coke is reduced in 

comparison with parent catalyst (Cat-A).  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

 

 

  



 

 

 

 

 

 

 

 

 

 

 

 

 

 

CHAPTER 5 

EFFECT OF OPERATING CONDITIONS 
ON HYDROCRACKING OF HDPE/VGO 
OVER PtPd/HY CATALYST 

 

 

 



 

 

 

 

 

 

 

 

  



 

195 

5 EFFECT OF OPERATING CONDITIONS ON HDPE/VGO 

HYDROCRACKING OVER PtPd/HY CATALYST

The HDPE/VGO hydrocracking has been chosen as model feed to study the 

effect of operating variables. This section collects the main results from an extensive 

parametric study (yields, conversion, naphtha and LCO composition, RON, cetane 

index, and coke analysis) with the PtPd/HY catalyst under the following operating 

conditions:    

- Feedstock: HDPE/VGO (20 wt%) 
- Temperature:  400 - 440 ºC 
- Pressure: 20 - 110 bar H2 
- Catalyst to Feed (C/F) ratio: 0.05 – 0.1 (in mass)  
- Stirrer speed: 1300 rpm 
- Reaction time: 15 - 120 min 
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5.1 EFFECT OF THE REACTION TIME 

5.1.1 Hydrocracking yields and conversion 

Figure 5.1 depicts the evolution of component distribution (yields) and both 

HCO and HDPE conversion (XHCO and XHDPE, respectively) with time. 

 

Figure 5.1 Effect of time on yields and conversions. Reaction conditions: 420 ºC; 80 
bar H2; C/F, 0.075.  

Attending to the results in Figure 5.1, VGO reacts very quickly. Within 15 min 

of reaction length the HCO yield decreases until 33.6 w%t (XHCO of 55.9 wt%) and 

continues decreasing gradually up to 90 min (20.4 wt%) when it reaches a pseudo-

steady value. So, at 90 min and 120 min the same XHCO value of 73.2 wt% is 

obtained. Naphtha yield displays a continuous progress with reaction time, from 

20.9 to 36.9 wt% at 15 and 120 min, respectively while LCO yield slightly decreases 

from 13.7 wt% at 15 min to 8.7 wt% at 120 min. In the case of gas, its yield increases 

continually as the reaction time growths, from 10.9 to 25 wt% at 15 min and 

120 min, respectively. A similar behavior was reported by Pan et al. [431] for HDPE 

hydrocracking at 400 °C, 1 MPa H2, and with a Ni/Al2O3 catalyst. Finally, coke 

yield increases with reaction time, from 1.1 to 1.6 wt% at 15 min and 120 min, 

respectively. 

On the other side, the initial rate of HDPE hydrocracking is low. XHDPE is 

almost negligible at 15 min but slightly raises at 30 min (XHDPE 9.2 wt%). After that, 

the XHDPE increases drastically to 28.2 wt% at 60 min and it continues rising up to 

120 min (63.9 wt%). These results agree with those obtained by Ali et al. [312] who 

reported an increase in the conversion from 30.9 to 86.9 wt%, in the 30-60 min range 

for the hydrocracking of  LDPE/petroleum resid  at 430 ºC and 1200 psi H2 using 
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NiMo/γ-Al as catalyst. Joo and Curtis [432] also obtained a qualitatively similar 

evolution of the conversion of plastic when hydrocracking a ternary blend of 

LDPE/coal/petroleum resid at 430 ºC, 8.3 MPa of H2 and a NiMo/Al2O3 catalyst, 

for 360 min. 

It has to be mentioned that the reason why the HCO conversion is settled at 

120 min is a result of abrupt increase in HDPE conversion. This is because, as 

reported by Pan et al. [431] and Artetxe et al. [433], the decomposition of HDPE 

takes place in compounds C13+, so it would increase the concentration of LCO and 

HCO. Therefore, this increase in HCO lump leads to a decrease in its apparent 

conversion. 

The different hydrocracking rates of HDPE and VGO can be due to a 

combination of two events: (i) there is preferential adsorption of the VGO 

compounds in the active sites and (ii) the limitations to the catalytic cracking of 

HDPE by the previous stage of thermal cracking of the HDPE macromolecules to 

others with suitable size for their diffusion in the porous structure of the catalyst. 

Figure 5.2 displays the evolution with time of the selectivity to fuel (SF) for 

different C/F ratios. The results show that SF grows stepwise for 0.05 and 0.075 C/F 

ratios with reaction time. In the first case, SF grows from 0.46 at 15 min until 0.67 at 

120 min, and in the second case from 0.53 until 0.84 in this time range. However, for 

0.1 C/F ratio the SF goes through a maximum at 30 min (SF = 1), decreasing up until 

0.5 at 120 min. Considering these results, for the range of studied operating 

conditions, with the perspective of maximizing this index, working with a reaction 

time of less than 90 min, a C/F ratio of 0.1 is adequate, while with a reaction time of 

120 min, the highest fuel selectivity corresponds to an intermediate ratio (C/F = 

0.075). 

 
Figure 5.2 Effect of time on selectivity to fuel index (SF) for different C/F ratios. 

Reaction conditions: 420 ºC; 80 bar H2. 
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5.1.2 Gas composition 

The evolution with time of gas composition is collected in Figure 5.3. The 

results depict a clear predominance of C3 and C4 compounds for all reaction times. 

Hence, the mechanism with carbenium ion as intermediate is the predominant 

[114]. 

 

Figure 5.3 Effect of time on gas composition. Reaction conditions: 420 ºC; 80 bar H2; 
C/F, 0.075. 

At 15 min, gases are mainly formed by C3H8 (73.6 wt%), dry gas (CH4, 3.7 

wt% and C2H6, 9 wt%) and small amounts of C4 paraffins (13.7 wt%). Both dry gas 

and C4 compounds show an increasing trend but C3H8 decreases when time rises. 

So, at 120 min, dry gas increases but is the minor fraction (28.7 wt%) and i-C4H10 

concentration is  higher than that of n-C4H10 (24.4 and 14.2 wt%, respectively). The 

C3H8 concentration (32.6 wt%) is still the highest one.  

It is noticeable that at 60 min and henceforth the i-C4H10 concentration 

increases noticeable, as a consequence of the remarkable HDPE conversion (see 

Figure 5.1). So, the free radicals formed by thermal cracking of dissolved HDPE 

macromolecules suffer not only β-scission but also isomerization in the acidic sites 

of the catalyst.   
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5.1.3 Naphtha composition and RON 

Figure 5.4 shows the effect of reaction time on the composition of naphtha 

fraction (according to its PIONA nature).  

 

Figure 5.4 Effect of time on naphtha composition. Reaction conditions: 420 ºC; 80 
bar H2; C/F, 0.075. 

At 15 min, the paraffin concentration is slightly higher than the other 

components (with a i-P concentration of 33.7 wt% and n-P of 7.2 wt%), followed by 

aromatics (concentrations of A1 and A2 are 33.7 and 3.1 wt%, respectively) and with 

a remarkable naphthenic concentration (20.9 wt%) and a negligible olefin 

concentration (1.3 wt%), due to the high hydrogenation performance of the catalyst.  

As reaction extent increases, the changes in composition follow a shallow 

decreasing trend in paraffin, naphthenics and olefins concentration meanwhile 

aromatic fraction rises (A2 is reduced meanwhile A1 is increased), with a 

concentration of paraffins, naphthenic and olefin compounds of 37.3, 13.9 and 

0.6 wt%, respectively at 120 min. At this reaction time, aromatics are the major 

lump with a corresponding 48.1 wt% of the naphtha (1.8 wt% of A2 and 46.3 wt% of 

A1). Nonetheless, although the paraffins concentration diminish, n-P concentration 

increases slightly (from 7.2 wt% at 15 min to 9.7 wt% at 120 min) whereas i-P 

concentration decreases (from 33.7 wt% to 27.6 wt%). The same tendencies were 

observed by Pan et al. [431] in liquid-product composition in neat HDPE 

hydrocracking at 400 ºC, 1 MPa using Ni/Al2O3 catalyst.  

The increase with time in A1 fraction concentration and the reduction of A2 in 

naphtha can be attributed to the hydrodearomatization (HDA) of A2 compounds of 

naphtha and, specially, polyaromatic compounds of LCO, since the main products 
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from HDA reactions are A1 compounds (Benzene, Toluene and Xylenes) [416]. In 

the mechanism of these HDA reactions, the Brønsted acid sites of the catalyst play 

an important role, whose polarity favors the strong adsorption of the highly polar 

A2 and A3+ compounds [171]. Another possibility is that these aromatics are formed 

by cyclization of olefins from the degradation of HDPE. These reactions are favored 

by temperature and time [417]. 

 

Figure 5.5 Effect of time on RON of naphtha fraction. Reaction conditions: 420 ºC; 
80 bar H2; C/F, 0.075. 

The evolution of RON of naphtha fraction with time is collected in Figure 5.5. 

The results show a good value of RON even at lower hydroprocessing time, 89.9 at 

15 min, which increases until 92.5 at 120 min. This tendency is mainly due to the 

increase of aromatics in the naphtha fraction (Figure 5.4), which has a positive 

impact over RON. Besides, as reaction time goes by, the chain length diminishes 

and branching number increases, encouraging both the RON number [434]. Vasile 

et al. [367] obtained 90.9 as his greatest value of RON in the hydrocracking of oil 

from pyrolysis of plastic electronic devices, at 350 ºC, 6.5 MPa and 120 min reaction 

length with a DHC-8 commercial catalyst. Their lower values maybe are due to a 

significant difference in feed composition. In their case, the i-P concentration in 

naphtha is almost negligible in comparison with n-P, which plays in detriment of 

the RON.  

According to the RON and composition, the naphtha obtained has quality 

enough to be added to gasoline pool in refineries. This naphtha, blended with other 

naphthas from different refinery units can be treated and adequate to fulfill the 

European policies before its commercialization as gasoline. 
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5.1.4 LCO composition and cetane index 

The evolution of LCO composition with reaction time is collected in Figure 

5.6. It is noticeable that inverse tendency is observed between naphtha (Figure 5.4) 

and LCO (Figure 5.6) composition when time rises. Similar composition of LCO at 

15 and 30 min is obtained. This LCO is mainly aromatic, where A2 is the main 

fraction (43.4 wt%) followed by A1 and A3 (8 and 6.9 wt%, respectively). Paraffins 

account around 40 wt% of the LCO. In this case, i-P are predominant versus n-P 

(33.8 and 7.9 wt%). Naphthenic compounds were not detected. 

 

Figure 5.6 Effect of time on LCO composition. Reaction conditions: 420 ºC; 80 bar 
H2; C/F, 0.075. 

According to the effect of reaction time on yields (Figure 5.1), the XHDPE 

undergoes a drastic change at 60 min. In Figure 5.6 is observed that for this time 

LCO composition (with a paraffin concentration of 46.74 wt% and aromatic 

concentration of 53.18 wt%) begins to change, becoming more paraffinic and less 

aromatic (although aromatics continue being the main products). At 120 min, the 

LCO is mainly paraffinic (paraffin concentration is 56.6 wt% while aromatic 

concentration is 43.1 wt%). Contribute to these results: (i) the activity of the catalyst 

by the LCO hydrodearomatization [106,145,186,416], and (ii) the conversion of 

HDPE chains to lighter compounds which are long lineal paraffins that are in LCO 

boiling point range [21,435,436]. In addition, under the same operating conditions, 

when the extent of hydrocracking pathway is higher, the long n-P formed from 

depolymerization are isomerized through skeletal rearrangement and then 

hydrocracked in Brønsted acid sites [114] following the steps mentioned in Figure 

4.2 and described in section 4.1.1. 
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The HDA pathway is shown in Figure 5.7, taking methylnaphthalene as a 

model compound representing A2 aromatics (the main aromatic fraction in LCO) 

[416]. HDA mechanism implies a complex reaction system that can be simplified in: 

(i) hydrogenation reactions (reversible), also called saturation reactions; (ii) 

isomerization reactions (reversible), also called skeletal rearrangement; (iii) 

hydrocracking reactions, which are the C-C bond break reactions for the formation 

of new C-H bonds (opening of naphthenic rings reactions are also considered); and 

(iv) dealkylation reactions, which are the C-C bond break reactions between 

benzene ring and alkyl chain result in removal of the alkyl substituent.  

Thus, the aromatics from the LCO fraction of the feed (like 

methylnaphthalene, benzodicycloparaffin, acenaphthylene and pyrenes, among 

others) are degraded to simpler aromatics (like alkylbenzene and 

benzocycloparaffin, among others) which some of them are in the naphtha boiling 

point range. Then, these aromatics can undergo deeper conversion through the 

previously mentioned reactions to simple non-aromatic compounds (naphthenic, 

olefins, paraffins and gas) [106,145,186]. Besides, the monoaromatics and non-

aromatic compounds also can interact with polyaromatics to produce well-

structured coke [437]. 

 

Figure 5.7 Hydrodearomatization (HDA) pathway of methylnaphthalene (complex 

aromatic). Yellow arrows, hydrogenation reactions; red arrows, hydrocracking 

reactions; blue arrows, isomerization reactions; green arrows, dealkylation 

reactions. Adapted from Karakhanov et al. [416]. 
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On the other hand, to explain the conversion of HDPE, melted plastic 

undergoes depolymerization reactions towards long chain hydrocarbons. Some 

authors [435,436] who studied the polyethylene (HDPE and LDPE) degradation, 

reported that depolymerization of polyethylene chains by random scissions 

produces long alkenes (olefins) in LCO range. In the presence of high H2 pressure 

the olefins are converted to paraffins through the carbocationic mechanism [114]. 

So, attending to the mechanisms of the HDA of the VGO and wax 

depolymerization and subsequent hydrogenation reaction, the longer reaction time 

has as a consequence on LCO fraction being more paraffinic and less aromatic.  

The results of the cetane index of the LCO fraction versus reaction time are 

collected in Figure 5.8. In a way, results are related to LCO composition, since 

cetane index is inversely proportional to aromatics concentration [139]. Hence, the 

cetane index shows a clear trend to increase from 33.3 at 15 min to 43.7 at 120 min, 

exhibiting an abrupt change at 60 min reaction length as a result of remarkable 

increase in XHDPE (Figure 5.1). Nevertheless, the cetane index growing trend is 

smoothed between 90 and 120 min (43 and 43.7, respectively) as a result of aromatic 

decrease in that time range. Therefore, after 90 min reaction, the LCO composition 

and quality is appropriated to be added to the diesel pool in refineries.  
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Figure 5.8 Effect of time on cetane index of LCO fraction. Reaction conditions: 420 
ºC; 80 bar H2; C/F, 0.075. 
 

5.1.5 Coke deposition 

The study of the coke deposited on the catalyst has been carried out by means 

of temperature programmed oxidation (TPO) analysis, whose methodology has 

been explained in detail in section 2.5.4. The relation of combustion temperature 

with coke nature and its location is based on the literature about hydrocracking of 

LCO with HY zeolite catalysts [108], polyolefins cracking using HZSM-5 catalysts 
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[418,433], conversion of crude bio-oil to hydrocarbons on HZSM-5 catalyst [422], 

pyrenes hydrocracking on NiW/Al catalyst [437] and steam reforming of bio-oil on 

Ni/La2O3- Al2O3, [421,424]. Those authors complement TPO analysis with other 

techniques such as FTIR-TPO, TPO-MS and Raman spectroscopy to a more accurate 

identification of coke compounds. 

Figure 5.9 shows TPO profiles of the catalysts used in the HDPE/VGO 

hydrocracking at 420 ºC for reaction times of 15, 60 and 120 min. The profiles has 

been deconvoluted (total deconvolution, black dot line) in two Gaussian peaks 

(gray line) corresponding to coke burning at low temperature range (375-440 ºC) 

and coke burning at higher temperatures (440-475 ºC). The results are summarized 

in Table 5.1: (i) total coke content per 100 g of catalyst, (ii) the burning maximum 

temperature (TMax) for deconvoluted peaks and (iii) percentage of each coke type.  

The evolution of total coke content with reaction time (Table 5.1) depicts that 

almost all of the coke is formed in the first 30 min of the reaction, increasing notably 

from 15.9 wt% at 15 min to 19.3 wt% at 30 min. Then, it continues growing at a 

slower pace from 30 to 120 min. 

 

Figure 5.9 TPO profiles of coke for different reaction times. Reaction conditions: 

420 ºC; 80 bar H2; C/F, 0.075. 
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Table 5.1 Deconvolution results of Gaussian peaks from TPO profiles of spent 
catalysts for different reaction times. 

Reaction time (min) 15 30 60 90 120 

Coke content (wt%) 14.86 19.30 18.83 19.43 21.20 

Peak 1 
     

TMax (ºC) 415 407 435 430 423 

Fraction (wt%) 33.90 26.53 47.32 40.30 31.79 

Peak 2 
     

TMax (ºC) 453 446 470 464 460 

Fraction (wt%) 66.10 73.47 52.68 59.70 68.21 

The results on Figure 5.9 depict that coke deposited at 15 min have the first 

peak of combustion at 415 ºC (peak 1) and the second one at 453 ºC (peak 2). The 

peak 1 can be attributed to the combustion of bulky molecules with higher H/C 

ratio and low aromaticity nature retained on the surface of the catalyst particles 

[421]. This coke is made up presumably by the depolymerization of HDPE chains 

and with the possible contribution of very heavy components in the VGO adsorbed 

on the catalyst surface. In addition, peak 1 is lower than peak 2, so the amount of 

this type of coke is lower. The higher temperatures of peak 2 are associated with the 

combustion of coke with lower H/C ratio and is highly probable to be placed inside 

of the porous structure of the catalyst [108]. Moreover, its TMax (< 480 ºC) is also 

moderate, which indicates that also is amorphous coke [438]. Also noteworthy is 

the amplitude of the two peaks, which is associated with the heterogeneity of its 

composition and its location regarding to the metallic sites [108].  

On the other side, Bauer and Karge [423] grouped the coke in two types: (i) 

the hydrogen-rich species with amorphous structure (called in advance coke-type I) 

and (ii) the highly condensed coke formed by polyaromatic and therefore lower 

H/C ratio (called in advance coke-type II). Hence, according to the properties 

above mentioned of both peaks, they can be correlated with coke-type I according 

to that classification. The absence of coke-type II can be attributed to the 

hydrogenation of the intermediates coke precursors, which will limit their 

condensation towards polyaromatic structures [387]. 

In the TPO profile for the spent catalyst at 60 min, peak 1 is higher than that 

obtained for 15 min and both peaks are shifted towards higher temperatures; peak 

1 burns at 435 ºC and peak 2 at 470 ºC, which can be related with the more 

condensed coke and with its greater presence in the catalyst micropores [418–

422,437]. For this reaction time, coke under peak 2 continues being the main one. 

Equally to coke deposited at 15 min, both peaks of coke denote coke-type I behavior 

[423]. 
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At 120 min, the total content of coke is higher than for the shorter reaction 

times. However, comparing its TPO profile with the corresponding to 60 min, the 

increasing reaction time reduces the TMax for both peaks: peak 1 has its TMax at 

423 ºC and peak 2 at 460 ºC. Therefore, from 60 min on coke is not more and more 

condensed and instead of that, coke precursors are hydrogenated. This fact can be 

due to HDPE hydrogen donor character [155] that can reduce the aromaticity of 

coke and increase its H/C ratio. Although these peaks are sharper which indicate 

that the coke is more homogeneous. Peak 2  is probably located partially in the 

micropores of the zeolite where there are some diffusional mass and/or heat 

limitations [421,439]. The reduction of TMax and the properties that entail make that 

coke-type of both peaks still being correlated with coke-type I [423].  

To explain the commented effect of the reaction time on the content and 

characteristics of the coke, the change in the composition of the reaction medium 

must be taken into account. According to yields and conversion evolution with time 

(Figure 5.1), the coke formed until 30 min comes from VGO hydrocracking since the 

XHDPE is very low. Due to the aromatic nature of the VGO (Table 2.1) its 

hydrocracking produces more developed coke [437] reported as the shifting of the 

peaks to greater temperatures at 60 min. For higher reaction times, when HDPE 

conversion is significant, the composition of coke starts to change reducing its 

combustion temperature (Table 5.1). This behavior also was reported by Guisnet 

and Magnoux [387], increasing the H/C ratio in the coke. Moreover, according to 

the results of Table 5.1 when XHDPE is low (up to 60 min) the fraction of coke 

corresponding to peak 1 increases with higher time meanwhile the fraction of peak 

2 decreases, being almost equal both fractions at 60 min (47.3 and 52.7 wt%, 

respectively). However, from 60 to 120 min, the trend is reverse and the percentage 

of peak 2 increases. Nevertheless, their aromaticity is reduced since lower TMax. 
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5.2 EFFECT OF THE TEMPERATURE 

The effect of temperature, which is one of the most influential operating 

variable in hydrocracking reactions, has been already studied along the present 

work in sections 3.3, 4.1 and 4.2 for different feeds and catalysts. Thus, in this 

section the effect of temperature will be studied under the standard conditions in 

which the parametric study is being carried out. 

 

5.2.1 Hydrocracking yields and conversion 

The product yields and conversions (XHCO and XHDPE) at 120 min are collected 

and shown in Figure 5.10.   

 

Figure 5.10 Effect of temperature on product yields and conversions. Reaction 
conditions: 80 bar H2; C/F, 0.075; 120 min. 

The temperature greatly affects the yields and conversions, so, with an 

increment of 20 ºC, both parameters suffer from a remarkable increase. At the 

lowest temperature (400 ºC) the conversion of HCO is noticeable (XHCO of 

60.7 wt%). Naphtha is the main product (yield of 24.3 wt%) followed by gas and 

LCO (14.1 and 11.9 wt%, respectively). At this temperature the XHDPE is very low 

(7.8 wt%), as indicates the high wax yield. This HDPE conversion is lower than that 

obtained by Palos et al. [156] who obtained a XHDPE of 30 wt% in a HDPE/LCO 

hydrocracking in a batch autoclave reactor at 400 ºC and using even lower C/F 

ratio (0.05). They achieved greater results due to: (i) their reaction time was longer 

(180 min) and (ii) they conducted the experiment with lower HDPE/LCO ratio 

(0.1). The differences on HDPE/Oil ratio are crucial as Siddiqui and Redhwi [154] 
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reported that the lower plastic content the higher XHDPE achieves in 

LDPE/Petroleum Resid hydrocracking.  

When temperature rises to 420 ºC, the HCO apparent yield is reduced to 

20.5 wt% increasing the XHCO up to 73.1 wt%. Naphtha yield increases up to 36.9 

wt%, being the main product followed by gas (yield of 25 wt%). However, LCO 

yield decreases to 8.7 wt%. XHDPE increases significantly from 400 to 420 ºC (until 

63.9 wt%) with its corresponding wax yield decrease. Likewise, Ali et al. [312] 

obtained similar behavior for LDPE/petroleum resid hydrocracking at 8.3 MPa of 

hydrogen. They had an improvement in the conversion from 17.6 to 86.9 wt% at 400 

and 430 ºC, respectively, and gas yield increased as well as liquid products yields. 

At the highest temperature studied (440 ºC), the HCO apparent yield is the 

lowest one and hence, the highest XHCO (93.5 wt%) is achieved. Naphtha yield 

increases drastically up to 54.8 wt%, while gas yield increases up to 29.7 wt% and 

LCO diminishes up to 6.2 wt%. At this temperature, however, a small amount of 

unconverted HDPE (wax yield) is obtained, with a corresponding XHDPE of 

87.2 wt%. As it has been observed by other authors [153,440] when hydrocracking 

PE/VGO, coke yield increases with temperature from 1.1 to 1.8 wt% at 400 and 

440 ºC, respectively, but the catalyst has not shown signs of deactivation.  

Figure 5.11 displays the effect of temperature on the values of selectivity to 

fuel for 120 min of reaction time with different C/F ratios. 

  

Figure 5.11 Effect of temperature on selectivity to fuel (SF) for different C/F ratios. 
Reaction conditions: 80 bar H2; C/F, 0.05, 0.075 and 0.1; 120 min. 
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temperature to 440 ºC the SF improves vastly (until 1.39) due to the high XHCO and 

XHDPE conversions and low gas yield. When increasing the C/F ratio to 0.075, a 

better performance on SF is achieved when temperature rises and the highest value 

of SF, 1.56, is obtained at 440 ºC. For even higher C/F ratio, 0.1, the lowest values of 

SF are obtained at 400 ºC. Nevertheless, arousing the temperature from 400 to 

420 ºC, SF increases from 0.5 to 0.83, but the increase in temperature up to 440 ºC 

reduces the SF to 0.7, obtaining the lowest value at this temperature. So, 0.075 C/F 

ratio seems to be the optimal due to greater SF values are obtained, achieving the 

biggest value (1.56) at 440ºC under the experimental conditions used.  

In conclusion, the low XHDPE at 400 ºC denote that it is not an appropriate 

temperature to conduct the HDPE/VGO hydrocracking, with also poor SF. Working 

at higher temperature is a key factor to achieve interesting HCO and HDPE 

conversion. However, although desired products increase at 420 ºC, this 

temperature is not good enough to overcome the SF = 1. At the end, 440 ºC has 

become the more interesting temperature using 0.075 in mass C/F ratio to 

maximize the desired products yield. 

 

5.2.2 Gas composition 

The effect of temperature on the composition of gas fraction is shown in 

Figure 5.12. 

 

Figure 5.12 Effect of temperature on gas composition. Reaction conditions: 80 bar 
H2; C/F, 0.075; 120 min. 
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At 400 ºC, dry gas (CH4 and C2H6) is the minor lump (14.9 wt%) indicating a 

minimal activity of the radical mechanism at this temperature [140]. On the other 

side, C3H8 is the main compound followed by i-C4H10 and n-C4H10 (37.8, 30.8 and 

16.4 wt%, respectively). This results are in agreement with the results from Metecan 

et al. [375], who reported that the main compound in the gas stream was C3H8 

hydrocracking HDPE in a shaking type batch reactor at 400 ºC, 5.0 MPa of H2 and 

60 min reaction time.  

Temperature favors the radical mechanism and also cracking reactions, 

increasing the yield of light gas products (dry gas fraction) in detriment of propane 

and C4 compounds [375]. So, when temperature rises to 420 ºC, the dry gas fraction 

(CH4 and C2H6) increases up to 28.9 wt% while the yield of C3H8, i-C4H10 and n-

C4H10 are reduced to 32.6, 24.4 wt% and 14.1 wt%, respectively. At even higher 

temperature (440 ºC), the dry gas fraction accounts for almost the half of gas lump 

(49 wt%), as a result of naphtha overcracking by means of cracking with a radical 

mechanism. C3H8 continues being the main compound (27.6 wt%) while the 

concentration of C4 compounds, i-C4H10 and n-C4H10, diminish (to 14.6 wt% and 8.9 

wt%, respectively). 

 

5.2.3 Naphtha composition and RON 

The temperature has a clear effect on the composition of naphtha fraction as it 

is shown in Figure 5.13. 

 

Figure 5.13 Effect of temperature on the composition of naphtha fraction. Reaction 
conditions: 80 bar H2; C/F, 0.075; 120 min. 
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At 400 ºC, the main compounds are paraffins (6.5 wt% n-P and 36.7 wt% i-P) 

and aromatic concentration are slightly lower (32.8 and 1.2 wt% for A1 and A2, 

respectively). The naphthenic compounds account for the concentration of 20.5 wt% 

and small olefin concentration is detected, being only the 2.4 wt%. 

Raising the temperature, paraffins, naphthenics and olefins decrease 

meanwhile aromatics became the most abundant fraction. Nonetheless, n-P fraction 

increases with temperature, not following the trend shown by i-P due to the 

inhibition of hydrogen transfer reactions. As a result, at 440 ºC, n-P concentration 

increases up to 11.2 wt% and i-P fraction diminishes until 25 wt%. In the same way, 

naphthenic compounds decrease until 11.3 wt% and olefinic compounds are almost 

negligible (0.3 wt%). On the other hand, arousing the temperature promotes 

condensation reactions, due to thermodynamic limitations of the hydrocracking 

[109], favoring the formation of aromatics and especially A1 aromatics [368]. The 

aromatics concentration of the naphtha fraction at 440 ºC accounts for more than 50 

wt%, being 49.8 wt% A1 fraction and 2.4 wt% A2 fraction.  

These changes in the composition affect the RON as it is shown in Figure 5.14. 

RON at 400 ºC has a value of 93 and it diminishes up to 90 at 440 ºC, due to the 

reduction of i–P and the increase of n-P. The RON values obtained for all 

temperature range are, however, high enough to add the naphtha obtained to the 

gasoline pool in refinery.  

 

Figure 5.14 Effect of temperature on RON values of naphtha fraction. Reaction 
conditions: 80 bar H2; C/F, 0.075; 120 min. 
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5.2.4 LCO composition and cetane index 

Figure 5.15 displays the changes on the composition of LCO fraction when 

temperature rises. 

 

Figure 5.15 Effect of temperature on the composition of LCO fraction. Reaction 
conditions: 80 bar H2; C/F, 0.075; 120 min. 

At 400 ºC, the LCO is mainly paraffinic and the less aromatic one, being i-P 

the main compounds with the lowest content of n-P (56.9 and 9 wt%, respectively). 

Regarding the aromatics, A2 are the most abundant ones followed by A1 and A3 (23, 

9.6 and 1.5 wt%, respectively). The increase of temperature favors the aromatic 

formation in detriment of alkanes [431]. Specifically from 400 to 440 ºC, i-P 
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up to 12.5 wt%. On the other hand, A2 and A3+ compounds increase (37.8 and 

4.4 wt%, respectively) while A1 fraction is reduced (3.2 wt%).  

Furthermore, temperature has a positive effect on LCO cetane index, as it can 

be seen in Figure 5.16. Increasing the temperature from 400 to 440 ºC, the cetane 

index goes from 38.4 to 61.4, overcoming the minimum value required for diesel to 

be commercialized in Europe (46). Commercial diesel has a minimum cetane index 

of 52 and contains aromatics in more than 50 wt% [378], so the LCO obtained at 

440 ºC is suitable to be added to the diesel pool in refineries.  
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Figure 5.16 Effect of temperature on cetane index of LCO fraction. Reaction 
conditions: 80 bar H2; C/F, 0.075; 120 min. 

 

5.2.5 Coke deposition 

The results of the TPO analysis are depicted in Figure 5.17. The Tmax 

(maximum combustion temperature of different peaks), the total coke content and 

the percentage of each coke type are collected in Table 5.2, for three hydrocracking 

temperatures (400, 420 and 440 ºC). 

 

Figure 5.17 Effect of temperature on TPO profiles of coke. Reaction conditions: 80 
bar H2; C/F, 0.075; 120 min. 
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Table 5.2 Deconvolution results of Gaussian peaks from TPO profiles of spent 
catalyst for different reaction temperatures. 

Reaction 
Temperature (ºC) 

400 420 440 

Coke content (wt%) 15.34 21.20 23.97 

Peak 1    
Temperature (ºC) 408 423 - 

Fraction (wt%) 28.81 31.79 - 

Peak 2   
 Temperature (ºC) 447 460 461 

Fraction (wt%) 71.19 68.21 25.67 

Peak 3    
Temperature (ºC) - - 509 

Fraction (wt%) - - 74.33 

 

At 400 ºC the coke combustion describes two peaks. The first peak, peak 1, 

has the TMax at 408 ºC. The coke associated to peak 1 is less developed coke (with 

high H/C ratio), probably placed on external sites of zeolite and constituted by 

macromolecular chains of HDPE located on the outside of the catalyst particles, 

which ease their combustion at low temperatures. The second peak, peak 2, 

corresponds to another fraction of the coke that burns with a maximum velocity at 

447 ºC. This coke is probably placed in the inner of catalyst particle. The high 

amplitude of both peaks reveals the heterogeneity in the composition of both the 

external and internal coke. The external one suffer a faster combustion and at a 

lower temperature since presumably this coke is deposited close to metallic sites, 

which catalyze the combustion. The slower and prolonged combustion at higher 

temperatures in the TPO analysis will correspond to the coke inside the crystalline 

channels of the HY zeolite, which is a condensed coke (with a reduced H/C ratio) 

and whose formation (by condensation of aromatic structure) is catalyzed by the 

strong acid sites in the zeolite [108,438]. As a result of their low combustion 

temperatures, peak 1 and 2 are related with coke-type I or unstructured coke [423]. 

Reaction temperature highly affects to coke nature and sometimes to its 

location [387,441] since the increasing the hydrocracking temperature, reduces the 

hydrogenation reactions and the cracking and condensation reactions are more 

favored. When the hydrocracking temperature is raised to 420 ºC, TPO profile can 

be also deconvoluted into two peaks (peak 2 is bigger than peak 1) which are in the 

same range of temperatures than before but with the maximum shifted towards 

higher temperatures: 423 and 460 ºC for peaks 1 and 2, respectively, which must be 

attributed to a higher condensation degree of carbonaceous structures. Therefore, 
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according to their TMax, both peaks (peak 1 and 2) also are categorized as coke-

type I. 

At the highest hydrocracking temperature, 440 ºC, the TPO profile also has 

two peaks, but increasing to higher range of temperature: TMax 461 ºC for peak 2 

and 509 ºC for peak 3. Thus, the complexity of the coke has increased. As has been 

mentioned, the peak 2 is associated with external coke derived from HDPE, with 

low H/C ratio attending to the speed of maximum combustion temperature. The 

peak 3 (the greatest peak) can be related with condensed and well-structured coke, 

with the lowest H/C ratio, and placed in the micropores and inside the HY zeolite 

crystals where it can suffer from diffusional limitations that hinder its combustion, 

requiring higher temperatures [424,442]. Therefore, according to the combustion 

temperatures, peak 3 can be correlated with coke-type II whereas the peak 2 is 

correlated with coke-type I [423].  

Total coke content in the catalyst (Table 5.2) changes from 15.3 wt% up to 

23.9 wt% from 400 to 440 ºC. So, coke content grows with increasing the 

temperature, favoring the condensation reactions of aromatics [441]. On the other 

hand, the effect of the reaction temperature on the distribution of coke fractions is 

relevant. At 400 ºC, the coke distribution is 28.8 wt% for peak 1 and 71.2 wt% for 

peak 2. For 420 ºC, the percentage of peak 1 grows up to 31.8 wt% while peak 2 

diminishes to 68.2 wt%. At the highest hydrocracking temperature (440 ºC), the 

content of peak 2 diminish (25.7 wt%), whereas peak 3, associated with more 

developed coke,  accounting the 74.3 wt%, which corresponds to the greatest 

fraction of the coke. Therefore, the second peak (peak 3) not only reflects more well-

structured coke but also in a greater extent.  
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5.3 EFFECT OF THE CATALYST/FEED RATIO 

5.3.1 Hydrocracking yields and conversion 

In Figure 5.18 the conversions of VGO and HDPE in the blend and yields are 

depicted for different C/F ratios.  

 

Figure 5.18 Effect of C/F ratio on conversions and yields. Reaction conditions: 
420 ºC; 80 bar H2; 120 min. 

Attending to Figure 5.18, with 0.05 C/F ratio, the HCO yield is reduced from 

76.3 wt% (feed content) to 27.9 wt%, which corresponds to XHCO of 63.3 wt%. 

Therefore, naphtha became the major product with a yield of 25.9 wt% followed by 

gas and LCO with a yield of 15 and 14.4 wt%, respectively. On the other hand, the 

XHDPE has a reduced value (20.9 wt%). The gas yield is similar to that obtained by 

Munir and Usman [443] when hydrocracking a plastic mixture at 425 ºC, 20 bar H2, 

0.05 C/F ratio and 60 min. They report that gas yield was around 17 wt% and the 

liquid yield achieved 60 wt%. Furthermore, also for these authors, the main fraction 

in the liquid phase is the naphtha followed far by LCO (C13-C18) and C19+ (HCO), 

with yields of 65, 22 and 13 wt%, respectively. Their higher conversion can be due 

to they use neat plastic mixture which does not have some refractive compounds of 

VGO.  

Increasing the C/F ratio has a positive effect [154,432], as a consequence of the 

greater availability of active sites. Hence, a greater conversion is achieved at the 

same reaction time [431,435]. As a result, the increase of C/F ratio to 0.075 produces 

a decrease in HCO apparent yield, rising up XHCO to 73.1 wt%. The naphtha yield is 

36.9 wt%, being the greater yield. This is followed by an increase of gas yield up to 
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25 wt%. However, opposite to that, the LCO yield diminishes (8.7 wt%). 

Nevertheless, the most remarkable change is the sharply increase in XHDPE up to 

63.8 wt%.  

At the highest C/F ratio (0.1) the HCO yield diminishes up to 13.8 wt%, 

pushing the XHCO to 81.9 wt%. Naphtha yield continues growing (39.4 wt%) and 

still being the greatest one, but closely followed by gas yield (34.6 wt%). 

Furthermore, as before, LCO yield drops to 6.2 wt%. On the other side, the increase 

in C/F ratio also improves XHDPE which is 81.3 wt% (almost equal to XHCO). Those 

results are in agreement with similar results obtained by Uçar et al. [440] 

hydrocracking PE/VGO at 425 and 450 ºC, 6.5 MPa of hydrogen and 120 min 

reaction time. Regarding to coke, the larger the C/F ratio, the bigger the coke yield 

is. Thus, the coke yield is 0.9 and 2.5 wt% for 0.05 and 0.1 C/F ratios, respectively. 

In Figure 5.19 the effect of C/F ratio on fuel selectivity is analyzed at different 

reaction temperatures. Increasing C/F ratio causes different trends, depending on 

the temperature. At low temperature (400 ºC), the lesser C/F ratio, the higher SF is 

reached. Thus, SF is 0.7 for 0.05 C/F ratio, that is reduced to 0.5 for 0.1 C/F ratio. 

This behavior is due to (i) the conversions, especially of HDPE, are low-moderate 

for all C/F ratios at this temperature, and (ii) gas yield increases when C/F ratio 

rises [417]. 

At 420 ºC, different behavior is observed. At 0.05 C/F ratio is obtained the 

lowest SF (0.67) and when C/F ratio is increased SF rises up to 0.8 and it remains 

constant for 0.1 C/F ratio, revealing that the sum of naphtha and LCO yields are 

almost the same and also the divisor in ec. (2.6) (section 2.5.5) despite of HCO and 

wax yields decrease in favor of gas yield. 

  

Figure 5.19 Effect of C/F ratio on selectivity to fuel (SF) for different reaction 
temperatures. Reaction conditions: 80 bar H2; 120 min. 
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At 440 ºC, a maximum value of SF is observed for 0.075 C/F ratio. There is an 

increase in SF from 1.4 to 1.6 when C/F ratio rises from 0.05 to 0.075, due to the 

extent of cracking reactions are favored, that becomes more relevant at higher 

temperatures. Consequently, XHCO and XHDPE improve producing lighter products. 

However, for 0.1 C/F ratio, SF significantly diminishes reaching a value of 0.7 

(lower that that obtained at 420 ºC). The reason is the overcracking of naphtha and 

LCO to gas. In that way, 0.075 C/F ratio seems to be the best one when 

temperatures higher than 400 ºC are used, achieving the greatest SF (1.56) at 440 ºC. 

 

5.3.2 Gas composition 

Figure 5.20 displays the change in the composition of gas yield with C/F 

ratio, which provides useful information about not only the product distribution 

but also the reaction mechanism. 

  

Figure 5.20 Effect of C/F ratio on gas composition. Reaction conditions: 420 ºC; 80 
bar H2; 120 min. 

When C/F ratio of 0.05 is used, the concentration of dry gas (CH4 and C2H6) is 

30.2 wt% and C3H8, i-C4H10 and n-C4H10 are 26.7, 26.2 and 16.9 wt%, respectively. 

Similar results are reported by Metecan et al. [375] hydrocracking a blend of 

polyolefin plastics (HDPE, LDPE and PP) in the range of 400 - 450 ºC, 5.0 bar of H2, 

and 60 min reaction time in a shaking batch reactor. They report that dry gas was 

37.2 wt%, 37.6 wt% of C3H8 and 16.1 wt% of C4 paraffins. Their lower C4 

concentration can be due to the different feedstock used and the different properties 

of the catalyst. 
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When C/F ratio is increased, the C3H8 concentration rises while the i-C4H10 

and n-C4H10 concentrations are reduced. Furthermore, the CH4 concentration 

slightly diminishes whereas the C2H6 concentration remains almost constant. Thus, 

for 0.1 C/F ratio, the gas composition is: 26.8 wt% of dry gas (CH4 and C2H6), 

52.2 wt% of C3H8 and 13.1 and 8.1 wt% of i-C4H10 and n-C4H10, respectively. The 

trend shown by the composition can be due to (i) the increase in C/F ratio 

promotes the overcracking of light products releasing C3H8 [444] (ii) the 

carbocationic mechanism is favored by higher C/F ratios regarding to thermal 

cracking, which  reduces the formation of the dry gas fraction. 

 

5.3.3 Naphtha composition and RON 

The composition of naphtha fraction in the liquid product at three C/F ratios 

is depicted in Figure 5.21.  

   

Figure 5.21 Effect of C/F ratio on the composition of naphtha fraction. Reaction 
conditions: 420 ºC; 80 bar H2; 120 min. 

For 0.05 C/F ratio, more than 50 wt% of the naphtha is composed by aliphatic 
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concentration and lower of alkanes. So, the increase in C/F ratio provokes the 
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20.2 wt% of naphthenic compounds and 47.9 and 2.1 wt% of A1 and A2, 

respectively. This behavior of increasing A1 and decreasing A2 was already seen in 

section 5.1.3 and it was attributed to hydrodearomatization (HDA) of the LCO 

fraction. Hence, it is likely that the main reason of A1 increases in naphtha fraction 

comes from polyaromatics decomposition in LCO through HDA, releasing 

alkylbenzenes compounds as byproduct [416] (Figure 5.7).  

Moreover, cyclization of olefins and hydrogen transfer reactions of 

naphthenes to aromatics take place in the micropores of zeolite [435,436,445]. These 

reaction and the HDA reactions before mentioned are likely to form benzene, 

toluene and especially xylenes (BTX) among other alkylbenzenes compounds [436]. 

These assumptions are supported by studing the main compounds in naphtha. 

Thus, for 0.05 C/F ratio, the BTX concentration in naphtha is 20.6 wt% (Xylenes, 

13.2; Toluene, 4.9, and; Benzene, 2.5 wt%). The BTX concentration in naphtha 

increases sharply to 27.6 wt% when C/F ratio rises to 0.075. For 0.1 C/F ratio, the 

highest concentration of BTX is obtained (29.2 wt%), being 16.2, 8.3 and 4.7 wt% for 

Xylenes, Toluene and Benzene, respectively.  

The effect of C/F ratio on RON is depicted in Figure 5.22. At the lowest C/F 

ratio (0.05) RON is 94. When C/F ratio is increased to 0.075, RON shows a 

decreasing value (92.5). This is associated with the change in the composition, since 

i-P are reduced in a greater extent than n-P, which provokes a decrease of the RON 

value [417]. At the highest C/F ratio (0.1), the RON hardly changes (92.3). In spite 

of this, all the naphthas are suitable to be added to the naphtha pool in refinery 

  

Figure 5.22 Effect of C/F ratio on RON of naphtha fraction. Reaction conditions: 
420 ºC; 80 bar H2; 120 min. 
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5.3.4 LCO composition and cetane index 

In this section, the effect of C/F ratio on LCO composition is studied under 

the standardized conditions and results are depicted in Figure 5.23.  

  

Figure 5.23 Effect of C/F ratio on LCO composition. Reaction conditions: 420 ºC; 80 
bar H2; 120 min. 
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Therefore, for 0.1 C/F ratio, the paraffins are more than 70 wt% where i-P 
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to 22.9, 4.8 and 1.7 wt% for A2, A1 and A3+, respectively. For all C/F ratios the 

concentration of naphthenic compounds is negligible (< 1 wt%). This effect of 

increasing C/F ratio is due to: (i) the increase of acidic sites, in particular those 

present on the outside of zeolite crystals, which are essential for primary 

degradation of HDPE to hydrocarbons in LCO range [435], and (ii) the increase of 

HDA capability of LCO fraction (section 5.1.4), reducing the aromatics in LCO 

fraction.  

Cetane index was calculated following the procedure described in Section 

2.5.2 and the values are displayed in  

Figure 5.24. The composition is closely related to cetane index, so, the lower 
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there is a direct correlation between cetane index and C/F ratio [383]. Thus, for 0.05 

C/F ratio, the lowest cetane index is achieved (40.5) since the more aromatic LCO is 

obtained. Increasing the C/F ratio, and therefore reducing the aromatic 

concentration, cetane index also increases and for C/F = 0.1 cetane index enhances 

up to 54.9.  

 

Figure 5.24 Effect of C/F ratio on cetane index in LCO fraction. Reaction conditions: 
420 ºC; 80 bar H2; 120 min. 

 

5.3.5 Coke deposition 

In Figure 5.25 the TPO profiles corresponding to spent catalysts at different 

C/F ratios are compared. The results of the deconvolution such as TMax, the 

percentage of each type of coke and total coke content are collected in Table 5.3. 

The TPO profile can be deconvoluted into three peaks in the following 

temperature ranges: (i) 375–435 ºC; (ii) 435–490 ºC; and (iii) 490–538 ºC. For 0.05 C/F 

ratio, two peaks are detected: (i) the smallest one with TMax at 404 ºC and (ii) the 

biggest one with TMax at 444 ºC. The coke that burns at the lowest temperature (peak 

1) can be associated with amorphous coke with higher H/C ratio [387] presumably 

deposited on the outside of the catalyst particles, and constituted by HDPE (which 

undergoes a primary cracking process on the surface of the particles) [424]. On the 

other hand, the second peak (peak 2) corresponds to a more developed coke (lower 

H/C ratio) placed mainly in the mesopores and also micropores of the zeolite. The 

presence in the micropores, and the partial block of the pores, can delay the 

combustion of coke as a result of diffusional limitations [108,446]. Nevertheless, the 

temperature to burn the coke under both peaks can be correlated with coke-type I 

according the classification proposed by Bauer and Karge [423]. 
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Figure 5.25 Effect of C/F ratio on el TPO profile of coke. Reaction conditions: 
420 ºC; 80 bar H2; 120 min. 

Table 5.3 Deconvolution results of Gaussian peaks from TPO profiles of used 
catalyst at different C/F ratios. 

C/F ratio (in mass) 0.05 0.075 0.1 

Coke content (wt%) 18.58 21.20 26.73 

Peak 1 
   

TMax (ºC) 404 423 436 

Fraction (wt%) 24.98 31.79 28.61 

Peak 2 
   

TMax (ºC) 444 460 469 

Fraction (wt%) 75.02 68.21 53.53 

Peak 3 
   

TMax (ºC) - - 502 

Fraction (wt%) - - 17.86 

 

When C/F ratio increases to 0.075, the deconvolution of weight derivative 

shows the same distribution than before but the signal is shifted toward higher 

temperatures: the TMax of peak 1 is at 423 ºC and of peak 2 at 460 ºC. This 

displacement of the peaks toward higher temperatures is associated to a greater 

condensation of the components of the two types of coke. However, both peaks are 

associated with coke-type I [423]. 
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At the largest C/F ratio (0.1), the TPO profile has deconvoluted into three 

Gaussian peaks. The first peak is correlated with more external coke, which burns 

at 436 ºC and it can be classified as coke-type I. The second peak (peak 2) has the 

TMax at 469 ºC and can be related with more developed coke, located in meso- and 

mainly micropore. Nevertheless, although peak 2 has higher TMax, this temperature 

also represents coke-type I with amorphous structure [108,446,447]. The peak 3 

(TMax 502 ºC) fits to condensed coke, with higher content in aromatics and hence 

with low H/C ratio. The location of this coke is on the crystalline channels of the 

zeolite where polyaromatics and other molecules condense to structured coke 

promoted by hydrogen-transfer ability of acid sites [108,446,448]. It can be 

associated with coke-type II according to the classification of Bauer and Kargue 

[423].   

On the other hand, summarizing the deconvolution results like total amount 

of deposited coke. At 0.05 C/F ratio, the amount of coke is the lowest one (18.6 

wt%) and this content increases stepwise when the C/F ratio raises, attaining 26.7 

wt% at 0.1 C/F ratio. Regarding to coke distribution, increasing C/F ratio, the 

portion of coke regarding peak 1 grows while peak 2 decreases. In this way, for 0.05 

C/F ratio, the percentage of peaks 1 and 2 is 24.9 and 75 wt%, respectively, but for 

0.075 C/F ratio is 31.8 and 68.2 wt%, respectively. Nonetheless, as has before been 

analyzed, the TMax of each peak rises, increasing the complexity of the coke. 

However, for 0.1 C/F ratio the distribution changes from two to three peaks. The 

percentage of coke under each peak is as follows: 28.6, 53.5 and 17.9 wt% for peaks 

1, 2 and 3, respectively. Hence, the 82.1 wt% is associated with amorphous coke 

(cokes 1 and 2) whereas 17.9 wt% is well-developed and condensed coke (coke 3). 

Attending to these results, coke content and its development (well-developed 

coke with low H/C ratio) increase when C/F ratio is raised. The greater amount of 

catalyst implies that the catalytic reactions are enhanced compared to the thermal 

ones and also the reactions which produce coke-precursors are favored as well as 

their condensation to generate catalytic coke (or internal coke). Wang et al. [437] 

studied the coke precursors formation by thermal and deep hydroprocessing of 

vacuum residue. They reported that thermal reactions produce less coke with also 

lower condensation level (higher H/C ratio) compared to catalytic reactions. This 

fact is because if polyaromatics within the feed (i.e. VGO) are less or not 

hydrocracked, they will conform a bulky agglomeration with slight condensation 

level in the external surface of the catalyst. However, when those polyaromatics are 

hydrocracked and produce lighter aromatics and other aliphatic compounds, the 

simple compounds condense together with polyaromatics in the feed, achieving 

complex polyaromatics hydrocarbons (PAH). Therefore, the resulting coke requires 

higher temperatures to be burned as a result of its greater condensation level.  
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5.4 EFFECT OF PRESSURE 

The hydrogen partial pressure is a relevant parameter in hydrocracking 

reactions of heavy feedstocks in order to promote some reactions like polyaromatics 

hydrogenation, heteroatoms removal, incorporation of H2 when a C-C bond is 

broken, and reducing/retarding coke formation. So, the effect of H2 pressure over 

the yields, conversion and products composition for HDPE/VGO hydrocracking 

has been studied in this section. The total pressure has been varied from 20 to 110 

bar, using hydrogen to pressurize.  

5.4.1 Hydrocracking yields and conversion 

The effect of pressure on yields and conversion is depicted in Figure 5.26.  

  

Figure 5.26 Effect of pressure on yields and conversions. Reaction conditions: 
420 ºC; C/F, 0.075; 120 min. 

Attending to the results in Figure 5.26, at 20 bar of H2 pressure, the yield of 

HCO is 25.2 wt%, which is a considerable reduction from HCO in the feedstock, 

involving a 67 wt% of XHCO. Regarding to lighter lumps, the naphtha yield is the 

highest one with 23.3 wt% followed by LCO and gas (17.6 and 16.3 wt%, 

respectively). In accordance to plastic conversion, the yield of wax is 15.2 wt%, 

involving a 24 wt% of XHDPE. Finally, the coke yield is 2.4 wt%.  

The yields of light products (naphtha and gas) increase with pressure, as well 

as hydrocracking and plastic conversion, while coke yield decreases 

[21,154,444,449]. So, when the pressure increases up to 50 bar, although similar 

XHCO is obtained (67 wt%), different products distribution is obtained, rising 

naphtha and gas yields in detriment of LCO yield (30.9, 17.3 and 12.3 wt%, 
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respectively). Besides, XHDPE increases to 38.1 wt% and a reduction of coke yield (1.9 

wt%) is observed. At 80 bar, still under mild-hydrocracking conditions, HCO yield 

decreases pushing upward the XHCO to 73.1 wt%. Naphtha and gas yields continue 

growing, whereas LCO yield diminishes (36.9, 25 and 8.7 wt%, respectively). XHDPE 

continues its vigorous increase with a value of 63.9 wt% at this pressure. Coke yield 

also gets lower (1.6 wt% yield). Finally, the highest working pressure (110 bar) 

corresponds to real hydrocracking conditions. The HCO yield reaches its minimum, 

achieving the greatest XHCO (94.4 wt%), mainly producing naphtha (53.4 wt% yield) 

while gas yield slightly rises (29.9 wt%).  

Selectivity to fuel has been calculated in order to quantify the quality of the 

achieved conversion and results are depicted in Figure 5.27. 
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Figure 5.27 Effect of pressure on selectivity to fuel index (SF). Reaction conditions: 
420 ºC; C/F, 0.075; 120 min. 

The evolution of selectivity to fuel index (SF) (Figure 5.27) shows that when 

pressure is increased from 20 to 80 bar the SF rises stepwise from 0.7 to 0.8 since 

although LCO yield decreases, the naphtha yield raises progressively meanwhile 

HCO and wax yields are reduced. The sharp change in yields from 80 to 110 bar 

(naphtha lump increases while gas yield remains almost constant and HCO and 

wax yields reduce drastically) pushes upward SF, achieving the biggest value for 

this index (1.5). Thus, it is clear that increase the pressure has a positive effect on SF. 

Moreover, the most interesting operating conditions are over 80 bar in the severe 

hydrocracking conditions. 
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5.4.2 Gas composition 

The effect of the pressure on gas composition is shown in Figure 5.28. The gas 

fraction is composed of hydrocarbons between one and four carbon atoms (CH4, 

C2H4, C2H6, C3H6, C3H8, i-C4H10, C4H8 and n-C4H10). C1–C2 compounds are 

considered as dry gas (DG) and C3-C4 as LPG.  

 

Figure 5.28 Effect of pressure on gas composition. Reaction conditions: 420 ºC; C/F, 
0.075; 120 min. 

The results in Figure 5.28 depict that at the lowest pressure (20 bar), although 

being under a hydrogen atmosphere, it is not high enough to saturate all the 

gaseous compounds in the reaction media. Thus, there are olefins in low 

concentration in both dry gas and LPG. On the one hand, dry gas is the lowest 

fraction (DG 31.1 wt% and LPG 68.9 wt). The CH4 and C2H6 compounds are the 

major ones in dry gas, being C2H4 negligible (13.5, 17.1 and 0.4 wt%, respectively). 

On the other hand, LPG is composed mainly by n-C4H10 and C3H8 (25.5 and 

23.6 wt%, respectively). At this pressure, i-C4H10 is in low concentration followed 

by the olefins C3H6 and C4H8 (8.2, 6.9 and 4.7 wt%, respectively).  

It is noticeable that at 50 bar, there is a noticeable difference in gas 

composition: olefins almost disappear and isomerization gains relevance. Besides, 

increasing the pressure produces a reduction in DG fraction while C4 and C3 

become the main products [450]. So, at 50 bar a lower DG fraction is obtained 

(20.8 wt%). Regarding, LPG, the concentration of C3H8 increases, being the main 

compound closely followed by the concentration of i-C4H10 which also increases 

while that of n-C4H10 diminishes, obtaining concentrations of 34.5, 27.3 and 

16.9 wt% for each of them.  
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When pressure is raised up to 80 bar, DG concentration increases moderately 

in detriment of C4 compounds; nevertheless, C3H8 grows slightly, still being the 

main compound. Furthermore, no olefins are detected at this pressure. At the 

highest pressure (110 bar), DG concentration grows up to 30.9 wt% (C2H6 and CH4, 

are 16.2 and 14.7 wt%, respectively). On the other side, C3H8 has the largest 

concentration of LPG followed by i-C4H10 and then n-C4H10, 35.9, 21.4 and 11.8 wt%, 

respectively.  

 

5.4.3 Naphtha composition and RON 

The composition of naphtha lump for the pressure range studied is shown in 

Figure 5.29.  

 

Figure 5.29 Effect of pressure on the composition of naphtha fraction. Reaction 
conditions: 420 ºC; C/F, 0.075; 120 min. 

According to Figure 5.29, at 20 bar of H2 pressure paraffins account for almost 

30 wt% of naphtha, being i-P the main component (21.9 wt%). Naphthenic 

compounds are in low amount (10.5 wt%) and despite working at the lowest 

pressure, the olefin concentration is very low, with a concentration of 0.7 wt%. 

Therefore, aromatics are the predominant compounds 59.3 wt%: Alkylbenzenes 

(A1) are the most abundant compounds followed by 2-ring aromatics (56.2 and 

3.1 wt%, respectively).  

When pressure is increased, aromatics are reduced in detriment of saturate 

compounds since hydrogenation reactions are favored [417]. Therefore, when the 

pressure is increased up to 80 bar, stepwise changes are observed in the 
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composition: i-P, n-P and naphthenes increase (27.6, 9.7 and 13.9 wt%, respectively) 

to the detriment of aromatics (46.3 and 1.8 wt% for A1 and A2, respectively) and 

olefins disappear. The effect of pressure increase is much more noticeable at 110 

bar. Hence, paraffins become the predominant compounds in naphtha, having a 

concentration of 43.7 wt% of i-P and a 22.5 wt% of n-P. Naphthenic compounds are 

boosted up to 20.4 wt% whereas aromatics are reduced to just alkylbenzene 

compounds (A1, 12.9 wt%). Olefins concentration is negligible (< 0.5 wt%). The 

observed non-lineal trend is also reported by other authors [141,450]. 

A positive effect of pressure has been reported by some authors in the 

hydrocracking of oil-derived streams regarding to RON of naphtha when work at 

pressure lower than 75 bar [141], which has been also observed in the 

hydrocracking of HDPE/VGO (Figure 5.30) but at 80 bar. At 20 bar, RON is 89.9 but 

it does not change significantly up to 50 bar (90.2). However, at 80 bar there is a 

noticeable enhancement of RON, being 92.5. This performance can be due to the 

increase in i-P and the aromatics concentration, which also improves RON. Finally, 

at the highest pressure (110 bar), due to the low aromatics concentration and 

increase in n-P concentration, RON slightly decreases to 91.5. 

 

Figure 5.30 Effect of pressure on RON of the naphtha fraction. Reaction conditions: 
420 ºC; C/F, 0.075; 120 min. 
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5.4.4 LCO composition and cetane index 

The effect on the composition of LCO fraction for the different H2 pressures 

studied is displayed in Figure 5.31. Compounds are grouped according to its 

nature: n-P, i-P, N, A1, A2 and A3+. 

 

Figure 5.31 The effect of pressure on LCO fraction composition. Reaction 
conditions: 420 ºC; C/F, 0.075; 120 min. 

At 20 bar of H2 pressure a low concentration of paraffins is obtained 

(30.4 wt%).  Its composition clearly shows that i-P are in greater amount than n-P, 

24.2 and 6.2 wt%, respectively. Naphthenic concentration is 1.9 wt%. Therefore, 

aromatics are the predominant group with a concentration close to 70 wt%, being 

A2 the main compounds, representing the 51.9 wt% of the LCO, followed far behind 

by A3+ and A1, 10.1 and 5.6 wt%, respectively.  

When the pressure is increased, the composition shows a clear trend where an 

increase of paraffins concentration and the reduction of aromatics are observed, as 

it has been previously observed for naphtha composition (Figure 5.29). In paraffins, 

the increase is mainly in i-P concentration whereas n-P concentration rises stepwise 

with pressure. Furthermore, naphthenic compounds depict a reduction but increase 

significantly at 110 bar. Regarding aromatic compounds, A2 and A3+ show a 

reduction whereas A1 depicts an increase. Pan et al. [431], for HDPE hydrocracking 

between 1 to 4 MPa , reported an increase in alkanes whereas there was a reduction 

in cycloalkanes (naphthenic compounds) and aromatics which almost disappeared. 

This fact confirms that the increase in pressure discourages the formation of 

aromatics and naphthenic compounds and enhances the paraffin content. 

Nevertheless, at 110 bar naphthenic compounds appears again. In the same line, 
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Gutierrez et al. [141] studied the effect of pressure on hydrotreating LCO and show 

that it not only discourages aromatic formation but also promotes HDA of 

aromatics within the feedstock to paraffinic compounds. 

According to the described trend, at 110 bar, i-P concentration corresponds to 

more than half of LCO (53.3 wt%) whereas n-P concentration increases up to 12.3 

wt%. At this pressure, the naphthenic compounds achieve its highest concentration 

(4.4 wt%). In terms of aromatics, the concentration of A2 and A3+ become 17.8 and 

0.9 wt%, respectively, whereas the A1 is 11.4 wt%. 

The accurate study of the composition enable to calculate the cetane index of 

the LCO fraction when pressure is increased and results are depicted in Figure 5.32.  

There is a clear effect on cetane index when the pressure is varying due to there is a 

correlation with the composition. As noted, at the lowest pressure (20 bar of H2 

pressure), the LCO fraction has the poorest cetane index (31.6). However, when 

pressure rises, the cetane index also increases, achieving its maximum of 53.1 at 110 

bar. This result can be correlated with the content of aromatics and paraffin, thus, 

the greater the paraffin concentration, the higher the cetane index. However, at 50 

and 80 bar, the composition and quality (cetane index) of LCO are high enough to 

add the LCO to the diesel pool in refinery.   

 

Figure 5.32 The effect of pressure on cetane index of LCO fraction. Reaction 
conditions: 420 ºC; C/F, 0.075; 120 min. 
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5.4.5 Coke deposition 

The effect of pressure on coke deposition on the catalyst is studied by TPO analysis 

and results are depicted in Figure 5.33. The results of the deconvolution such as 

TMax, the percentage of each type of coke and total coke content are collected in 

Table 5.4. 

 

Figure 5.33 Effect of pressure on the TPO profile of coke. Reaction conditions: 
420 ºC; C/F, 0.075; 120 min. 

Table 5.4 Deconvolution results of Gaussian peaks from TPO profiles of spent 

catalyst at different pressure. 

Pressure (bar) 20 50 80 110 

Coke content (wt%) 32.06 25.59 21.20 15.04 

Peak 1 
    

Temperature (ºC) 437 428 423 379 

Fraction (wt%) 31.52 30.86 31.79 24.77 

Peak 2 
    

Temperature (ºC) 469 455 460 411 

Fraction (wt%) 53.28 53.28 68.21 75.23 

Peak 3 
    

Temperature (ºC) 497 483  
 

Fraction (wt%) 15.20 15.86  
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The deconvolution can be found in four ranges of temperature: (i) 350-390 ºC; 

(ii) 390–437 ºC; (iii) 437–475 ºC; and (iv) 475-525 ºC. At 20 bar, there are three 

Gaussian peaks, with TMax at 437, 469 and 497 ºC, corresponding, from lower to 

higher combustion temperature, to the coke fractions deposited outside the catalyst 

particles, in the mesopores and in the micropores of the zeolite, as previously 

considered and in accordance with the criteria established in the literature to assess 

the TPOs of deactivated catalysts [108,421,424]. According to the classification of 

Bauer and Kargue [423], the first two peaks correspond to coke-type I, while the 

temperature of peak 3 fits to coke-type II. 

At 50 bar of H2, there are also three peaks in the TPO profile with slight 

reduction in TMax of each peak (428, 455 and 483 ºC) regarding to peaks at 20 bar. 

Therefore, the peaks 1 and 2 are correlated with coke-type I and the peak 3 is a 

coke-type II [423]. 

At 80 bar the deposition of coke has been attenuated, which can be related to 

a greater extent of the hydrocracking reactions of the components in HDPE/VGO 

blend. Likewise, at this high H2 pressure, the hydrocracking reactions of the coke 

precursors are favored and the condensation reactions towards coke structures are 

greatly attenuated. Thus, the formation of coke inside the micropores of the zeolite 

is negligible (peak 3 observed at lower pressure). Presumably, the catalyst will 

maintain a high residual activity under these reaction conditions. However, the 

hydrocracking of the precursors of cokes under peak 1 and 2 explains that those 

cokes have a lower degree of condensation than at lower pressure and therefore 

their combustion takes place at lower temperatures. Consequently, both fractions of 

the coke resemble with coke-type I as a result of their TMax and nature [423]. 

At the highest pressure (110 bar), the trend of decreasing deposition and 

condensation of coke is more pronounced. At this pressure, a clear decrease in TMax 

can be seen for both peaks (379 and 411 ºC). According to their TMax and nature, 

both peaks 1 and 2 can be classified as coke-type I. 

The results of the deconvolution such as TMax, the percentage of each type of coke 

and total coke content are collected in Table 5.4. 

 Table 5.4 shows that the highest total coke content is at 20 bar (32.1 wt%) and 

when pressure is increased the coke content decreases stepwise until reaching a 

minimum value of 15 wt% at 110 bar. Comparing the amount of different coke 

fractions, it can be appreciated that at 20 and 50 bar the distribution is almost the 

same (~31, 53 and 15 wt% for peaks 1, 2 and 3, respectively). From 50 to 80 bar, the 

most developed coke, internal coke placed in the micropores of the zeolite and 

corresponding to peak 3, disappears. Therefore, 80 bar is the threshold pressure to 

inhibit the well-structured internal coke, which is presumably primarily responsible 
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for the deactivation of the catalyst. At this pressure, peak 1 is 31.8 wt% whereas 

peak 2 is 68.2 wt%. Hence, comparing with previous pressures, the percentage of 

coke under peak 1 does not change too much, being the second peak the one that 

only increases. Finally, at the highest pressure (110 bar), the TMax of both peaks 

highly decreases and coke under peak 1 is reduced, 24.8 wt%, whereas coke under 

peak 2 increases to 75.2 wt%. The lower content of coke under peak 1 can be 

attributed to the increase in HDPE conversion, decreasing the presence of its 

adsorbed chains on the catalyst surface, which are the precursors of this fraction of 

coke. 

Attending to the aforementioned results it can be seen that the greater the 

pressure, the lower temperatures are required to burn the coke on the spent 

PtPd/HY catalyst, preventing its development and consequently attenuating the 

catalyst deactivation. Obviously, this situation delays the need for the regeneration 

step. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

CHAPTER 6 

KINETIC MODELING 

 

 



 

 

 

 



 

237 

6 KINETIC MODELING 

6.1 REACTION SCHEME FOR HDPE/VGO HYDROCRACKING 

Based on all the previously mentioned studies (section 1.5), a kinetic model of 

6 lumps and 19 reactions, shown in Figure 6.1, is proposed to illustrate the reaction 

mechanism of HDPE /VGO hydrocracking. 

 

Figure 6.1 Proposed reaction scheme for HDPE/VGO hydrocracking based on 
literature review, where black arrows are catalytic reactions and red arrows are 
thermal reactions. 

In this reaction scheme, the 6 lumps are named as follows: wax, heavy diesel 

(HCO, > 350 °C), light cycle oil (LCO, 216–350 °C), naphtha (35–216 °C), gases and 

coke. It should be noted that the lump of HDPE is called wax, since in this way the 

coherence with the reaction mechanism previously explained is maintained. Thus, 

it is a series-parallel reaction scheme where all the lumps are cascading cracked: the 

wax cracks to LCO, naphtha and gases; HCO cracks into LCO, naphtha, and gases; 

LCO cracks into naphtha and gases; and naphtha cracks into gases. Furthermore, 

the probability of coke formation from light products (LCO, naphtha and gases) is 

considered to be negligible according to the literature [242,283,284]. It is also stated 

that the formation of coke from HCO can be reversible. 
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6.2 METHODOLOGY 

The runs in chapter 5, conducted to study the effect of the operating 

conditions, will be taken as the basis for developing a lumps based kinetic model 

following the reaction scheme shown in Figure 6.1. 

The conservation equations for each lump can be classified as a system of 

ordinary differential equations (ODEs). The ODEs have been integrated using an 

implicit Runge-Kutta method based on numerical differentiation formulas of orders 

1–5 (Matlab® command ode15s) following the flow chart displayed in Figure 6.2.  

The procedure for estimating and optimizing the kinetic parameters through 

Matlab® consists essentially of three iteratively repeated steps: (i) an initial set of 

kinetic parameters is supplied to solve the differential equations that define the 

reaction rates; (ii) the sum of the square of the difference between the theoretical 

results and the experimental data is calculated; and (iii) this difference is minimized 

to obtain optimal values of kinetic constants. 

 

Figure 6.2 Flow chart for the computation of the kinetic parameters in the lumps 
based kinetic modeling. 
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As with any ODE, integration requires that boundary conditions have been 

established which allow finding the characteristic solution. In the case of study, the 

boundary conditions (eq. (6.1)) are those corresponding to the initial composition (t 

= 0) of 40 g of feed (HDPE 20 wt%; VGO 80 wt%, VGO composition: naphtha 0.1 

wt%, LCO 4.5 wt% and HCO 95.4 wt%). 

  
     

     
     

     
     

    
   (6.1) 

The fit of the conservation equations to the experimental data has been 

carried out by minimizing the sum of errors (objective function), defined as follows: 

           
   

   
     

 

  

   

  

   

 (6.2) 

where nt is the total number of reaction times for all operating conditions, nl is the 

number of lumps used in model, wi is the weighting factor for each lump, miexp is the 

experimental yield of lump i in mass and micalc is the model computed yield of lump 

i in mass. 

To find the kinetic parameters that minimize the objective function and 

therefore fit the experimental values in the best way, two Matlab® commands have 

been used. These are, on the one hand, the lsqnonlin command, capable of solving 

nonlinear regression problems [244] and, on the other hand, the fminsearch 

command, which uses the Levenberg-Marquardt algorithm. This algorithm is the 

result of the combination of the descending gradient and Gauss-Newton methods 

for finding the extremes of functions, frequently used to solve problems of 

nonlinear least-squares minimization [451]. 

It should be noted that the optimization algorithms require initial values of 

the variables to be optimized. If these initial estimates of the variables, which in this 

case are the kinetic parameters, are very far from an optimal result, it is possible 

that the resolution will converge towards a local minimum that does not necessarily 

result in a satisfactory fitting. Furthermore, estimates cannot be obtained from an 

external source since no model for HDPE/VGO hydrocracking has been proposed 

in the literature. 

Therefore, the optimization has been carried out in steps, solving the 

adjustment for 9 simplified models of the original model that have progressively 

acquired complexity. The intermediate models are shown in Figure 6.3. Thus, these 

have been successively resolved where the optimal parameters of each model have 

been used as initial estimates for the next model, until ending up in the model 

originally described in Figure 6.1. For model 1 (2L-M1), the initial parameters were 

estimated in the range of the typical kinetic constants for VGO hydrocracking 
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reactions, assuming a similar behavior of the wax. This resolution technique has 

been widely described by Ancheyta and Sotelo-Boyás [452]. 

 

Figure 6.3 Simplify schemes from original reaction scheme (Figure 6.1). 
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6.3 KINETIC EQUATIONS 

The conservation equations for each pseudo-component in the proposed 6-

lump reaction scheme (Figure 6.1) are shown below: 

  

     

  
                                      

                       
(6.3) 
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As can be seen, those equations correspond to a semi-continuous reactor, and 

are formulated considering the yields of each lump (mi) in mass, the catalyst/feed 

ratio W, the total feedstock F, the kinetic constants for each reaction stage (kij), the 

efficiency factor (ηij) and catalytic activity (φ). 

The kinetic constants are temperature dependent, as stated by the Arrhenius 

equation in its modify form [242,283]: 

               
   

 
 
 

 
 

 

  
   (6.9) 

where kij is the kinetic constant of the formation of j from i to the temperature T, kij,0 

is the kinetic constant of the formation of j from i to the reference temperature Tm, 

Eij is the apparent activation energy of the formation of j starting from i, R is the 

universal gas constant and Tm is the central reference temperature located in the 

middle range of the reaction temperatures used. 

The efficiency factor of the reaction of formation of j from i, ηij, is evaluated by 

means of its corresponding Thiele modulus, Φij. Since the Thiele modulus 
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represents the relationship between the kinetics of side reaction and the diffusion 

rate of reactants, the equation of the efficiency as a function of the Thiele modulus 

depends on the reaction order. Thus, an expression is obtained for the 

disappearance of the second order HCO and another for the rest of the first order 

stages, taking the catalyst particles as if they were completely spheres [453]: 

 
    

 

      
 

 
(6.10) 

     
                 

     
  

(6.11) 

Similarly, the expression of Thiele's modulus is different if it is a second order 

reaction or if it is a first order reaction. Thus, and assuming that the catalyst is 

completely spherical, it has been defined as follows [453]: 

     
 

 
 
 

 

        

  
 (6.12) 

     
 

 
 
     

  
 (6.13) 

where r is the average catalyst particle radius, W is the mass of catalyst, mi is the 

yield of reactant i in mass and Di is the diffusivity of reactant i. It should be noted 

that equations (6.10) and (6.12) correspond to second-order reactions, while 

equations (6.11) and (6.13) correspond to first-order ones. 

Given the complexity of determining the diffusivity of each lump, it was 

decided to include it together with the kinetic constants and activation energies 

among the variables to be optimized. Thus, the dependence of diffusivity with the 

temperature is given by the Erying equation [454]: 

             
    
 

 
 

 
 

 

  
   (6.14) 

where Di,0 is the diffusivity of i at the reference temperature Tm and Ed,i is the 

activation energy of the diffusivity of i. 

Regarding the catalyst activity, in the review of hydrocracking models, two 

main types of deactivation functions have been identified. On the one hand, 

functions of exponential decrease in activity are commonly used to model units on 

an industrial scale [265,283]. On the other hand, for laboratory-scale research, 

hydrocracking models usually characterize the fall in activity over time through the 

following hyperbolic function [269,270]: 
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 (6.15) 

where kd is the deactivation constant and m the deactivation order. Likewise, the 

deactivation constant also follows the Arrhenius equation.The deactivation constant 

is defined as a function of temperature as follows [145]: 

            
   
 

 
 

 
 

 

  
   (6.16) 

where kd0 is the kinetic constant at the reference temperature Tm and Ekd is the 

activation energy. 

The proposed model assumes that all reactions are of the first order except the 

disappearance of HCO due to the excess of H2 present in the reactor. In this way, in 

the conservation equations (eqs.(6.3)-(6.8)) all concentrations (except that of HCO) 

are raised to 1 and are independent of both partial pressure of H2 and its 

stoichiometry [244–246,276,281,282]. 

Regarding the reaction order of the heaviest fraction (HCO), several authors 

used order 1 [241,243,253,263,268,271,455]. For example, Sánchez et al. [268] 

reported that for the hydrocracking of a Maya vacuum residue at 70 bar and 380-

420 ºC, there was no significant improvement in the prediction of the results when 

establishing a higher reaction order. However, later, these same authors analyzed 

the effect of pressure on hydrocracking by carrying out the same runs at different 

pressures (69-98 bar) and  they determined that a second order for the rate of 

disappearance of the feeding fitted better the experimental data at pressures higher 

than 70 bar [271]. Specifically, they reported that a second order accurately 

represented the different reactivity of the great variety of compounds present in the 

residue fraction. In fact, this second order reflected that the more reactive 

compounds disappear first and quickly, leaving the more refractory compounds in 

the residue. Other subsequent studies of hydrocracking of heavy fractions have also 

followed this criterion regarding a second order of reaction [269,270]. 

So the second order is considered to be more representative for the case 

study, following the analogy with the vacuum residue. In fact, Al-Attas et al. [242], 

Al-Rashidy et al. [283] and Bdwi et al. [284], which are the ones that most closely 

resemble the reaction scheme proposed in this study, reported second order for 

their feed (VGO) in their models. Other authors, such as Sadighi et al. [265], also 

used the second order model of 6-lumps and 5 reactions to model an industrial 

hydrocracker of VGO (LSHV 0.53 h-1, 410-425 ºC, trilobular Ni-W and high 

pressure). Consequently, the second reaction order is more accurate due to (i) it has 

worked at high pressure and (ii) it has used a hydrotreated VGO (remove the sulfur 

compounds increase the reactivity of the VGO). 
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6.4 RESULTS 

The kinetic equations have been solved stepwise following the simplified 

schemes (Figure 6.3) until reaches the scheme in Figure 6.1, increasing the number 

of parameters and hence the difficulty. The kinetic constants are summarized in 

Table 6.1. It should be noted that this fitting provides an SSE of 259 following the 

definition of equation (6.2), which is equivalent to an SSE of 0.16 if the model was 

defined in mass fractions. Thus, it can be considered that the model fits satisfactory 

with the experimental data.  

Table 6.1 Kinetic parameters for the proposed hydrocracking model.  

Parameter  Reaction Value Conf. L. Value Conf. L. 

kWL Wax → LCO  1.55E-01 ± 4.63E-02 48.58 ± 7.29 

kWN Wax → Naphtha  7.02E-02 ± 1.56E-02 46.13 ± 12.11 

kWG Wax → Gas  1.13E-05 ± 2.78E-06 37.48 ± 10.61 

kHC HCO → Coke 1.62E-03 ± 3.91E-04 27.45 ± 3.13 

kHL HCO → LCO  2.20E-02 ± 4.77E-03 20.09 ± 2.39 

kHN HCO → Naphtha  2.37E-02 ± 4.03E-03 33.36 ± 4.82 

kHG HCO → Gas 9.34E-03 ± 2.19E-03 29.07 ± 7.54 

kLN LCO → Naphtha  9.75E-01 ± 2.28E-01 13.78 ± 1.41 

kLG LCO → Gas 1.08E-05 ± 2.82E-06 9.27 ± 2.47 

kNG Naphtha → Gas 3.33E-01 ± 5.06E-02 1.24 ± 0.15 

kCH Coke → HCO  1.01E-04 ± 2.88E-05 0.00 ± 0.00 

ktWL Wax → LCO  3.54E-02 ± 5.64E-03 50.89 ± 8.14 

ktWN Wax → Naphtha  9.72E-03 ± 1.28E-03 69.83 ± 16.93 

ktWG Wax → Gas  1.51E-04 ± 2.09E-05 68.57 ± 11.34 

ktHL HCO → LCO  1.33E-05 ± 1.03E-06 49.56 ± 6.08 

ktHN HCO → Naphtha  4.02E-03 ± 6.49E-04 64.62 ± 13.26 

ktLN LCO → Naphtha  4.18E-03 ± 8.36E-04 26.24 ± 2.90 

ktLG LCO → Gas 1.11E-05 ± 1.48E-06 30.99 ± 7.85 

ktNG Naphtha → Gas 1.01E-04 ± 2.18E-05 38.96 ± 9.77 

DW 

 

4.04E-07 ± 7.49E-08 32.54 ± 9.04 

DH 

 

1.32E-06 ± 2.90E-07 11.12 ± 1.34 

DL 

 

1.47E-05 ± 3.24E-06 6.55 ± 0.66 

DN 

 

7.49E-04 ± 8.40E-05 4.51 ± 0.75 

DC   4.25E-08 ± 1.24E-08 12.11 ± 1.30 

Kd0 

 

8.51 ± 2.29 8.48 ± 2.53 

m   0.60 ± 0.12     
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As it was observed by Pham et al. [277], higher kinetic constants are achieved 

for the catalytic reactions than for thermal ones. According to the values obtained, it 

is evident that the most important reactions for each lump are those that represent 

the serial conversion with contiguous lumps (for example, kHN < kLN). This 

reinforces the idea, broadly reported in literature, that  conversion of heavy 

fractions occurs through a cascade mechanism and mainly through series reactions 

[268,271]. In that way, wax is mainly converted to LCO (kWL), LCO to naphtha (kLN) 

and naphtha to gas (kNG). Nevertheless, the HCO lump is converted to naphtha and 

LCO at similar ratio (kHN and kHL, respectively).  

Despite this, the importance of serial conversion reactions from the heaviest 

fractions such as wax and HCO to LCO is less than the formation of naphtha from 

LCO and the formation of gases from naphtha (kHL or kWL are lower than kLN or 

kNG). This fact is contrary to the observations reported in the literature where in 

series reaction the importance of reaction decrease from the heavier to the lighter 

(kHL > kLN > kNG) [270,273]. This is due to the low yields obtained by LCO compared 

to the yields of naphtha and gases. Thus, the LCO formed from both wax and HCO 

tends to produce mainly naphtha, which is also the most important reaction that 

occurs among those shown in Table 6.1. These results are due to the high 

hydrocracking activity depicted by the catalyst, which is highly selective towards 

naphtha and gas and differs from the literature, given that no case above mentioned 

has a catalyst with similar properties to this PtPd/HY catalyst. 

Furthermore, the deactivation order (m = 0.60) is greater than that obtained by 

Martinez and Ancheyta [270] which means that a higher deactivation is obtained 

maybe due to the catalyst used (pure Y zeolite). Nevertheless, the deactivation rate 

constant is slightly lower, so it takes place at lower pace. 

Regarding the behavior of wax lump, it should be noted that, as expected, 

HDPE degrades mainly to LCO, through both catalytic and thermal routes, which 

subsequently continues its conversion. Likewise, the formation of naphtha from 

plastic is a reaction to taken into account but the production of gases from plastic is 

practically negligible. In somehow, these results support that in HDPE 

hydrocracking the most important reactions are those that generate middle 

distillates and light distillates and to a lesser extent the production of gases [21,288]. 

In the same line, the kinetics of thermal degradation corroborates the data reported 

by the literature on the thermal decomposition of this plastic to >C16+ (ktWL and 

ktWN) [431,435,456]. 

HCO is converted to a greater extent to naphtha and LCO and to a lesser 

extent to gases, according to the values of the kinetic constants obtained in Table 

6.1. These results are in line with  the reported by Martinez and Ancheyta [268] 

where they mentioned that the priority conversion of heavy oil fractions (both 
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vacuum residue and VGO) are toward naphtha and LCO. However, the thermal 

reactions not fulfill this decomposition trend for HCO because kHG > kLG. This fact is 

maybe due to the thermal reactions follow a different reaction mechanism pathway 

in comparison with catalytic ones. Nevertheless, there are some authors who 

support the trend describes by thermal reactions, pointing to HCO as the main 

source of gases [243]. 

As it has been shown along the chapter 5, LCO yield was much lower than 

naphtha or gas yields, decreasing when reaction time increase. With the kinetic 

model, it can be seen how the consumption reaction for LCO (kLN, and kLG) is 

higher than its formation (kWL, kHL, ktWL and ktHL). Therefore, it is an intermediate 

product, which explains why its dynamics is characterized by a maximum. This 

behavior has been contrasted in the literature for other intermediate products such 

as heavy oil yield for Ramdoss and Tarrer [288] and gas oil for De Almeida and 

Guirardello [287]. Moreover, thermal parameter (ktLN, ktLG, ktWL and ktHL) also 

encourages this behavior since thermally LCO is consumed faster (ktLN and ktLG,) 

than it is produced (ktWL and ktHL), reinforcing the trend of the maximum observed. 

This performance was also reported by Pham et al. [277] on maltene lump, which is 

an intermediate lump in the thermal hydroconversion of asphaltenes. 

Taking into account the values of the kinetic constants in Table 6.1 comes 

mainly from LCO hydrocracking. This route is highly favored as has been 

explained above. However, it is a component whose formation is also conditioned 

by the conversion of wax and HCO. Specifically, the formation of naphtha from 

HCO is slightly more favored than LCO production by either thermal or catalytic 

pathway. Thus, this fact is consistent with the experimental results obtained, 

indicating that the low yields of LCO are due to both its cracking and the fact that 

the heavier fractions are more likely to form naphtha. 

According to where the gases come from, there is no unanimity. There are 

works that obtain most of the gas from the heaviest products (i.e. kVG > kNG) 

[243,270,284] and others from the lightest fractions (kNG > kVG) [278,288,457]. This 

disparity in results can be due to multiple factors such as the feedstock and, of 

course, the activity of the catalyst among others. In the present case, the kinetic 

results in Table 6.1 reveal that gas is more prone to be formed from naphtha 

hydrocracking than from HCO and LCO hydrocracking, especially at higher 

catalyst/feed ratio. These results are associated with the characteristics of the 

bifunctional catalyst used, which is very different compared with any other study 

done before. However, for the thermal reaction pathway, the kinetic constants show 

a contrary performance. In that case, most of the gas comes from LCO and HCO 

than from naphtha. This behavior also was reported in some thermal kinetic studies 

[277,285]. 
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The rate constant values of coke formation from HCO (kHC) are one order of 

magnitude higher that the value obtained for the reverse reaction of disappearance 

of coke towards HCO (kCH). This fact resembles with considerations made by Purón 

at al. [244], who take into account the existence of a reverse reaction from coke to 

HCO, attributed to the reactivity of the coke. Thus, they explain that part of the 

coke is related with soft coke, which can be hydrogenated again to give polyaromatic 

hydrocarbons (PAHs), thus, decreasing the coke deposits. Despite this, the increase 

in coke yield with reaction time is due to both the adsorption of polymerized PAHs 

on the acid sites of the catalyst and the reduction of the H/C ratio that form the 

called hard coke, which is very stable. This effect also was observed and analyzed on 

section 5.2.5. 

Regarding the activation energies, it can be seen that the production of LCO 

from wax has the highest one while the lowest one is for the production of HCO 

from coke, being therefore the latter less affected by temperature. Furthermore, 

reactions that implies the hydrocracking of LCO or naphtha to lighter products 

have lower activation energies than the production of LCO because are secondary 

hydrocracking reactions [244,458]. The activation energies of HCO to produce LCO, 

naphtha and gas are very similar to those reported by Martinez and Ancheyta [270] 

and Sanchez and Ancheyta [271], requiring the LCO production (HCO → LCO) 

lower activation energy than naphtha and gas, which have similar activation 

energies. However, these authors did not study the formation of coke in their 

reaction scheme. Nevertheless, Al-Attas et al. [242] contemplated formation of coke 

from VGO, reporting an activation energy of 35.9 kcal/mol for this pathway, being 

very similar to the value of the present work. On the other hand, the activation 

energies for reactions from middle distillates (LCO) to naphtha and gas 

(LCO → Naphtha; LCO → Gas) are lower than from the VGO to LCO and naphtha, 

which is also supported by other authors [270,271,278]. As mentioned above, few 

authors consider the formation of gas from naphtha. Of those who consider this 

reaction pathway [278,281,457], the values reported by Hassanzad and Abedi [457] 

are the most closely results in comparison with this study (1.24 kcal/mol), reporting 

an activation energy of 6.6 kcal/mol. In general, it is observed that the lighter the 

products from hydrocracking each lump, the lower the activation energy. This 

behavior is observed when light reaction products are obtained and the reactions 

have been carried out at high temperatures (> 380 ºC) [458]. 

There are few studies about thermal kinetic modeling of [277,285–287] and 

only De Almeida and Guirardello [287] take into account thermal and catalytic 

reactions simultaneously. In the same line of the results obtained in the present 

work, Pham et al. [277] have reported an increase in activation energies for thermal 

reactions compared to catalytic ones separately. On the other hand, De Almeida 

and Guirardello [287], who jointly evaluated the thermal and catalytic reactions, 
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have chosen to give the same values of activation energies for catalytic reactions 

and their thermal homology. The scarcity of studies of this type highlights the need 

to continue developing the model here presented. 

On the one hand, with regard to the estimated values of the diffusivities, the 

low diffusivity value of coke stands out (one order of magnitude lower) regarding 

the remaining lumps. This observation is consistent with the fact that the diffusivity 

of solids is usually significantly lower than that of liquids. 

The good fitting of the model can be proved from the comparison of 

experimental yields vs. the calculated yields (parity diagram) displayed in Figure 

6.4, and, as well as through Figure 6.5, Figure 6.6 and Figure 6.7 where are plotted 

the experimental yields (dots) and the calculated yields by the kinetic model (lines) 

for three C/F ratio (0.05, 0.075 and 0.1).  

 

Figure 6.4 Parity diagram for the proposed hydrocracking kinetic model. 

Therefore, this kinetic modeling is presented as a first approach to tackle the 

complex reaction mechanism behind HDPE/VGO hydrocracking with satisfactory 

results. Nevertheless, it is aware that it is necessary a further work to continue its 

development and improvement. 
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Figure 6.5 Experimental yield versus calculated yields at (a) 400 ºC; (b) 420 ºC; 
(c) 440 ºC. Reaction conditions: 80 bar H2 and 0.05 C/F ratio.  
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Figure 6.6 Experimental yield versus calculated yields at (a) 400 ºC; (b) 420 ºC; 
(c) 440 ºC. Reaction conditions: 80 bar H2 and 0.075 C/F ratio. 
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Figure 6.7 Experimental yield versus calculated yields at (a) 400 ºC; (b) 420 ºC; 
(c) 440 ºC. Reaction conditions: 80 bar H2 and 0.1 C/F ratio. 
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6.5 SIMULATION AND OPTIMAL OPERATING CONDITIONS 

Using the lumps based model proposed in this chapter and the corresponding 

computed kinetic parameters, a simulation of conversion and the selectivity to fuel 

has been carried out with temperature (400 - 440 ºC) and reaction time (0 - 120 min) 

for three C/F ratios (0.05 - 0.1). Results are depicted from Figure 6.8 to Figure 6.10. 

The different values of conversions and selectivity to fuel are displayed as a color 

gradient, from the lowest value (blue) to the highest one (yellow). 

6.5.1 Conversion of HCO and HDPE 

Figure 6.8 shows that for the three C/F ratios simulated there is an enhancing 

effect of both temperature and reaction time, as both favor the XHCO to lighter 

products. When C/F ratio is increased, higher conversion is achieved for the same 

operating conditions. In that way, the XHCO reaches values greater than 80 wt% for 

temperatures higher than 435 ºC and 120 min reaction length or 440 ºC and 95 min 

with 0.05 C/F ratio (Figure 6.8a). Nevertheless, increasing the C/F ratio, the area in 

which this conversion values are achieved increases progressively (Figure 6.8b and 

Figure 6.8c). Thus, this mean that less severe operating conditions are required to 

reach conversion values higher than 80 wt%.  

 

Figure 6.8 Conversion of HCO vs. time and temperature for different C/F ratios: 
a) 0.05, b) 0.075 and c) 0.1. 

a) b) 

c) 
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As it happens with HCO conversion, the HDPE conversion is also favored for 

greater values of both temperature and reaction time, as it is shown in Figure 6.9. 

Furthermore, it can be seen the relevance of the C/F ratio, achieving higher XHDPE 

with higher C/F ratios for the same operating conditions. When 0.05 C/F ratio is 

used (Figure 6.9a), few operating conditions reach XHDPE higher than 60 wt%, being 

61.2 wt% the maximum conversion value achieved at 440 ºC and 120 min. 

Nevertheless, an increase in the C/F ratio to 0.075 (Figure 6.9b) enhances the 

performance of the reaction, reducing the requirements in the operating conditions 

to achieve 60 wt% of XHDPE and the maximum XHDPE achieved is 73 wt% at 440 ºC 

and 120 min. Finally, with 0.1 C/F ratio (Figure 6.9c) a HDPE conversion of 60% or 

higher is achieved with soft temperature (lower than 430 ºC) and shorter reaction 

length (lower than 30 min). 

 

Figure 6.9 Conversion of HDPE vs. time and temperature for different C/F ratios:  
a) 0.05, b) 0.075 and c) 0.1. 

 

6.5.2 Selectivity to fuel (SF) 

The selectivity to fuel depicts different behaviors with temperature and 

reaction time when C/F ratio changes (Figure 6.10). For 0.05 C/F ratio (Figure 

6.10a), selectivity to fuel increases with both temperature and reaction time. 

a) b) 

c) 
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However, the selectivity to fuel increases with temperature but not always with 

time when 0.075 and 0.1 C/F ratios are used (Figure 6.10b and c, respectively). The 

highest selectivity value (1.24) is achieved with 0.05 C/F ratio (Figure 6.10a), at 

440 ºC and 120 min. However, for 0.075 C/F ratio (Figure 6.10b), the maximum 

selectivity diminishes up to 1.13 and it is achieved at 67 min and at 440 ºC. Finally, 

with the highest C/F ratio (0.1) (Figure 6.10a), the maximum SF reached is 1.09 (at 

440 ºC and at 41 min). Furthermore, the area corresponding to SF values higher than 

1 is also depicted in Figure 6.10. It can be seen that when the C/F ratio is increased, 

the area, like it happens with the SF maximum value, also shifts toward lower time 

values.  

 

Figure 6.10 Selectivity to fuel vs. time and temperature for a) 0.05, b) 0.075 and c) 
0.1 C/F ratio. 

Based on these expected results according to the kinetic model, it can be 

concluded that the optimal operating conditions for hydrocracking of HDPE/VGO 

within the range of conditions studied in this Thesis are: 0.075 C/F ratio, 

temperatures between 433-440 °C and reaction times of 67-120 min. These operating 

conditions achieve a commitment between XHCO, XHDPE and SF, obtaining a XHCO 

higher than 80 wt%, with good XHDPE (greater than 60 wt%) and a SF greater than 1.

 

a) b) 

c) 
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7 SUMMARY

This thesis is focused in hydrotreating and hydrocracking secondary refinery 

streams that have been previously hydrotreated (drastically reducing their 

heteroatom content) for their valorization both, alone and co-processed with 

alternative feeds from consumer waste such as HDPE and PP (since polyolefins 

represent the majority fraction of plastics in municipal solid waste, MSW) or plastic 

pyrolysis oil (PO) (in this case from HDPE waste). The challenge of the study has 

been to progress towards the Waste Refinery, obtaining high quality fuels (naphtha 

and diesel) as a product with the appropriate composition for their incorporation 

into the fuel pools in refinery, thus contributing to intensify the recovery of oil and 

the recycling of a fraction of municipal solid waste. 

The reaction equipment used has been designed for the hydroprocessing of 

heavy feeds. The hydroprocessing of VGO, PO and the mixtures of PO/VGO, 

HDPE/VGO, PO/HDPE/VGO and PP/VGO, has been carried out in a totally 

automatized stirred tank batch reactor with a volume of 100 mL in a semi-

continuous regime. The analysis of the liquid products has been carried out with 

different chromatographic techniques, highlighting that of two-dimensional gas 

chromatography to measure the concentration of the fractions (n-paraffins and 

i-paraffins, naphthenes and aromatics of 1, 2 and 3 rings). The bifunctional catalysts 

used (commercial and prepared in the laboratory) are made up of transition metals 

(Co, Ni, Mo and W) and noble metal (Pt and Pd) with different acid supports 

(Al2O3, SiO2-Al2O3, HY zeolite and MCM-41). The properties of the catalysts have 

been analyzed with different techniques (adsorption-desorption of N2, X-ray 

diffraction, differential adsorption and desorption at programmed temperature of 

tert-butylamine, adsorption and infrared spectroscopy of pyridine, reduction at 

programmed temperature, photoelectric spectroscopy of X-rays, sulfur desorption 

at programmed temperature and transmission electron microscopy), to determine 

the physical properties (specific surface, pore volume distribution), metallic 

properties, acid properties (total acidity, nature of acid sites), and chemical and 

structural properties. 

The reaction conditions in the hydroprocessing of the different feeds have 

been the following: (i) in the screening of catalysts: temperature, 420 °C; pressure, 

80 bar; C/F ratio, 0.1; stirring speed, 1300 rpm; and reaction time, 120 min; (ii) in the 

hydrocracking of alternative feedstocks: temperature, 400-440 °C; pressure, 80 bar; 

C/F ratio, 0.1; stirring speed, 1300 rpm; and reaction time, 120 min; (iii) for the 

parametric study: temperature, 400-440 °C; pressure, 20-110 bar; C/F ratio, 0.05-0.1; 

stirring speed, 1300 rpm; and reaction time, 15 min - 120 min. The study of the 

enhancement of the PtPd/HY catalyst through desilication was carried out at: 

temperature, 440 °C; pressure, 80 bar; C/F ratio, 0.1; stirring speed, 1300 rpm; and 
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reaction time, 120 min. Attention has been paid to the main reactions in 

hydroprocessing: hydrodearomatization (HDA) and hydrocracking (HC), by 

studying the effect of the properties of the catalysts and the reaction conditions on 

the distribution of products and their nature. 

The results of the parametric study with the selected catalyst have allowed 

proposing, in the first place, a reaction scheme based on lumps for HDPE/VGO 

hydrocracking. Subsequently, the kinetic model based on ordinary differential 

equations (ODEs) for each lump has been solved through a data analysis program 

of Matlab® to optimize the kinetic parameters and quantify the HYC reactions 

extent. Furthermore, this kinetic model has been used in the simulation of the 

reactor to obtain the optimal reaction conditions, maximizing the conversions (both 

HCO and HDPE) and the selectivity to fuels (naphtha and diesel desired products). 

The results show the capability of hydroprocessing unit (either in new units 

or adapting the currently existing ones) to treat a refinery stream (in this case VGO) 

together with waste plastic and their pyrolysis oils (PO), obtaining fuels with 

composition and quality enough to be added into the fuel pools in refineries. In 

addition, with this initiative refineries are effectively incorporated into the large-

scale recycling of materials that are derived from petroleum. At the same time, this 

co-feeding, also helps to the decarbonization of refinery's activity, reducing the 

costly payments of CO2 emission rights. 
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8 CONCLUSIONS

This section contains the main conclusions drawn from the results of this 

Thesis, which have been selected based on their contribution to the hydrocracking 

knowledge, their interest for the forthcoming work, and fundamentally their 

applied interest to progress towards the industrial implementation of polyolefin 

waste plastic hydrocracking together with refinery streams. 

On the catalysts screening for VGO and HDPE/VGO hydrocracking  

 This first stage of catalyst discrimination based on VGO hydrocracking has 

proven to be fundamental to find the most promising catalysts among those 

proposed. As already anticipated when analyzing their physicochemical 

properties, the NiW/MCM41 and NiW/SiAl catalysts had a poor HDT 

performance, reporting VGO conversions of 27 and 32 wt% respectively, 

similar to the conversion values of thermal hydrocracking (28 wt%). The 

CoMo/Al and NiMo/SiAl catalysts showed better performance, with 

conversions close to ~50 wt%. However, they showed much lower 

conversion results than those reported by NiW/HY and PtPd/HY catalysts, 

which showed conversions of 69 and 91 wt% respectively. Furthermore, it is 

noteworthy that the NiW/HY catalyst showed a balanced performance of 

both naphtha and LCO yield. In contrast, the PtPd/HY catalyst showed a 

preferential production of naphtha lump with low LCO yield and the 

highest gas yield. These results of PtPd/HY catalyst are mainly attributable 

to its acidic and textural properties. 

 

 It has been observed a linear relationship of both BET surface and total 

acidity with conversion for almost all the catalysts, in such a way the higher 

the property value, the higher conversion is achieved. The selectivity to fuel, 

which reflects the naphtha and LCO yields regarding the non-desired 

products yields, showed the highest values for NiW/HY and PtPd/HY 

catalysts (SF = 1.2 and 2.1 respectively), and, being greater than 1 implies 

that desired products are in a greater extent than the rest of the lumps. 

Furthermore, those catalysts achieved a naphtha with RON of 86 for 

NiW/HY and 91 for PtPd/HY. The composition of those naphthas depicted 

that they have the lowest n-P concentration, a high concentration of i-P and 

the lowest A2 content. For all these reasons, NiW/HY and PtPd/HY were 

the catalysts chosen to carry out the HDPE/VGO hydrocracking. 

 

 The incorporation of HDPE to the reaction medium has a positive effect on 

the apparent HCO conversion for the NiW/HY catalyst in the temperature 

range studied. Furthermore, this catalyst achieves a good HDPE conversion 
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from the lowest temperature used in this work (60 wt% at 400 ºC). This 

result can be attributed to the activity of the strongly acidic (Brønsted) sites 

of this catalyst that activate the carbocationic cracking mechanism of the 

dissolved HDPE chains, which is the first stage of the hydrocracking 

mechanism of polyolefins. Then, the increase of temperature enhances both 

conversions: HDE conversion and VGO conversion. According to the 

product yields, naphtha and LCO lumps are produced in a greater extent 

when HDPE is added to the reaction medium but the gas yield also 

increases. Moreover, the quality of these fuels measured by naphtha RON 

and LCO cetane index exhibits equal or better results when HDPE/VGO is 

hydrocracked. 

 

 For the HDPE/VGO hydrocracking with the PtPd/HY catalyst, the 

conversion of HCO is lower than that obtained without HDPE in the feed at 

400 and 420 ºC, but higher at 440 ºC. This result can be attributed to the 

micropore area of this catalyst (Smicro), that is the highest one, difficulting the 

access of large molecules of VGO to the active sites. However, when 

temperature rises, the radical mechanism is boost which reduces the size of 

the large molecules enhancing the access to the active sites, reporting the 

best results above 420 ºC with a HCO conversion of 93 wt% and a HDPE 

conversion of 100 wt%. This catalyst displays an excessive over-cracking 

when the blend is fed, which leads to a high yield of gases and to a 

subsequent reduction of the yields of naphtha and LCO; however, although 

the naphtha yield is diminished, it is still high. Despite these results, it is a 

very promising catalyst whose results can be greatly improved in the 

optimal operating conditions. So, it is necessary to carry out the 

corresponding parametric study. 

 

On the analysis of alternative strategies for waste plastic and VGO 

valorization 

For NiW/HY catalyst: 

 When a decentralized strategy is used in the management of waste plastic, 

the plastic pyrolysis oil (PO) produced in the pyrolysis units can be (i) 

individually hydrocracked or (ii) co-fed with VGO since they have similar 

density and PO is less viscous. The hydrocracking of neat PO has reported 

better HCO conversions than neat VGO at all temperatures studied with 

also higher naphtha yields. Nevertheless, the gas yield is higher since PO is 

composed by molecules with a wide range of boiling point (including 
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molecules in naphtha and LCO range) and the operating conditions cause 

their overcracking. However, when PO is co-fed (PO/VGO), the 

aforementioned problem is solved. Comparing with VGO hydrocracking, it 

maintains both higher HCO conversion and higher naphtha yield and the 

formation of gases is reduced, so, this co-feeding is therefore presented as a 

viable alternative to waste plastic valorization. Furthermore, the fuels 

produced have acceptable quality to be incorporated into commercial fuel 

pools at refineries. 

 

 The strategy of centralized management of waste plastic in the refinery 

(direct plastic feed (HDPE, PP) to the conversion units dissolved in VGO) 

for HDPE/VGO hydrocracking has resulted in satisfactory conversions of 

both HCO and HDPE (> 70 wt% from 420 ºC). The obtained fuels show to be 

valuable, especially naphtha, due to its high RON (90). On the other hand, 

the PP/VGO hydrocracking shows low conversion of both HCO and PP at 

temperatures lower than or equal to 420 ºC. However, when the reaction 

temperature arouses to 440 °C, the conversion of PP increases to 95.9 %. This 

fact is due to lower PP reactivity, but when working at temperatures close to 

its cracking temperature, good results are obtained. Furthermore, the fuels 

produced at all temperatures showed a proper composition and enough 

quality to be incorporated into the naphtha and diesel pools in refineries. 

 

 The option of combining both strategies of management is represented by 

PO/HDPE/VGO hydrocracking and it has been dismissed due to the poor 

results obtained with this catalyst. For this feed, there are low HCO and 

HDPE conversions for temperatures lower than or equal to 420 ºC (< 40 and 

< 10 wt%, respectively) and for the maximum temperature (440 ºC) the HCO 

conversion improves but the HDPE conversion does not. Therefore, for the 

ternary mixture there is a competition for acidic sites adsorption which 

blocks the adsorption of larger alkanes from HDPE, discouraging its 

conversion. 

 

For PtPd/HY catalyst: 

 Hydrocracking of neat PO with this catalyst is not a viable alternative either, 

since: (i) lower HCO conversions than those obtained for VGO 

hydrocracking have been achieved and (ii) excessively high gas yield has 

been obtained at all temperatures studied. The high overcracking of the PO 

with the PtPd/HY catalyst is due to its higher total acidity. On the other 

hand, the hydrocracking of PO/VGO seems to be a viable alternative in the 

range of temperatures worked. It has shown HCO conversions similar or 
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higher to those of the VGO hydrocracking, also reducing the gas yield. With 

this feed, naphtha yields achieved 67 wt% at 420 ºC.  

 

 The hydrocracking of HDPE dissolved in VGO reaches HCO and HDPE 

conversion values of ~80 wt% for temperatures higher than 420 ºC. At 

440 ºC, this catalyst achieves HCO conversion of 90 wt% and total HDPE 

conversion. Nonetheless, the gas yield is remarkable, surpassing that 

reported by the neat VGO hydrocracking. On the other hand, the PP/VGO 

hydrocracking has shown good values of conversion, reporting both HCO 

and PP conversions similar to those reported for HDPE/VGO 

hydrocracking with this catalyst for all temperatures. From 420 °C onwards 

HCO and PP conversions are slightly less than 80 wt%. It is noteworthy that 

for this blend the complete conversion of PP is also achieved at 440 ºC and 

the gas yields were similar or lower than those reported by neat VGO 

hydrocracking at all temperatures. 

 

 A mixture of both strategies (PO/HDPE/VGO) seems to be again a failed 

alternative even for this catalyst. When the temperature is equal or lower 

than 420 ºC, although the HCO conversion is greater than 80 wt%, the 

HDPE conversion barely reaches 50 wt%, discouraging further studies with 

this ternary mixture. Therefore, no synergy is observed for the ternary 

mixture at low temperatures (lower than 420 ºC). Nevertheless, at 440 °C, 

PtPd/HY catalyst has reported HCO and HDPE conversions of 91 and 100 

wt%, respectively, but with a huge gas yield.  

 

 With this catalyst, the fuels (naphtha and LCO) obtained in the 

hydrocracking of the different blends of plastics and/or plastics pyrolysis 

waxes with VGO, fulfill the composition and quality (RON or cetane index) 

requirements needed to be included in the corresponding fuel pool in 

refineries. 

 

 This catalyst has shown a great versatility to hydrocracking a wide variety 

of alternative feeds achieving acceptable conversions for all the feedstocks. 

This catalyst has a significant drawback which is the high gas yields, but 

this inconvenience can be solved by: (i) reducing the acidity of the catalyst 

and increasing the mesoporous area through a catalyst desilication process 

or (ii) conducting a parametric study to find out the more suitable reaction 

conditions that minimize gas formation while maintaining high conversions 

and naphtha and LCO yields. 
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On the tuning PtPd/HY catalyst properties through desilication for 

HDPE/VGO hydrocracking 

 The desilication treatment to the PtPd/HY catalyst has proven to be very 

useful, obtaining very promising results. When the treatment has been 

carried out once (Cat-B), the effect on gas yield has been remarkable, with a 

reduction of 43 wt%. In turn, this reduction has led to an increase in naphtha 

yield of 34 wt%. As expected, by reducing the activity of the catalyst, the 

conversions achieved with Cat-B has been reduced. However, these 

conversions continue being satisfactorily high, being 82 and 86 wt% for the 

conversion of HCO and HDPE respectively. Therefore, in general, 

satisfactory results are obtained after one desilication treatment. 

 

 After performing 2 consecutive desilication cycles (Cat-C) this catalyst 

report excellent results. The overcracking has been further reduced with a 

minimum impact on conversion, being almost the same that for Cat-B. In 

that way, the gas yield reduction has been approximately 54 wt% for Cat-C, 

notably increasing the naphtha yield (the desired product of this catalyst) 

from 31.8 to 47.9 wt%, which is a growth of 51 wt%. In addition, these 

outstanding results have been obtained keeping both conversions (HDPE 

and HCO) at values higher than 80 wt%.  

 

 However, it should be mentioned that it has not been possible to increase 

the LCO yield, remaining practically unchanged for both Cat-B and Cat-C. It 

is remarkable that both catalysts have shown a reduction of coke yield, 

especially Cat-C. This is due to both (i) the improved mass transfer within 

the catalyst particle by increasing the mesoporous surface and (ii) the acidity 

decreasing. This is an interesting result since the severity of the deactivation 

by coke is reduced, thus presumably lengthening the life of the catalyst. In 

addition, the coke combustion analysis show that not only lower 

temperatures are required (in Cat-B and especially Cat-C) to eliminate most 

of the coke but also the hard coke deposited in the crystalline structure of 

the zeolite is lower. 

 

 

On the parametric study of HDPE/VGO hydrocracking on PtPd/HY 

catalyst 

 The study of the operating variables has shown to be of great interest, 

providing valuable knowledge about the effect of each operating variable on 

the HDPE/VGO hydrocracking. In general, severe reaction conditions (time, 
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temperature, C/F ratio and pressure) increase the conversions (HCO and 

HDPE) and the yields of gases and naphtha. Coke yield also increases when 

the operating variables become more severe, except for the pressure which 

has an inversely proportional relationship. On the other hand, reaction 

conditions also influence in the composition of the product lumps and 

therefore in its quality. However, among the reaction conditions studied, it 

has not been found those that significantly increase the LCO yield, due to 

the inherent physicochemical properties of the catalyst which promote its 

hydrocracking toward lighter compounds. 

 

 The effect of time has been shown to be important for both conversions but 

especially for the HDPE one, which depicts an exponential increase with 

reaction time. The HDPE conversion is quite low for reaction times lower 

than 60 min, with 0.075 C/F ratio, 420 ºC and 80 bar, and after that time, it 

progressively increases with reaction time. In addition, the effect of time has 

a positive impact on the quality of the fuels obtained, thus increasing both 

the naphtha RON and the LCO cetane index. 

 

 Regarding the temperature, it can be concluded that working at 

temperatures below 420 ºC is not advisable since although the HCO 

conversion is at least 60 wt%, the HDPE conversion is almost non-existent 

(ca. 10 wt %). This variable has also a noticeable effect on product yields 

and, in general, it increases the selectivity to fuels. The gas composition 

analysis revealed that an increase in temperature leads to an increase in 

thermal reactions, increasing the concentration of dry gas (DG). Working at 

higher temperatures also reflects a change in the nature and location of coke, 

becoming more aromatic and being located mostly in the micropores of the 

catalyst. 

 

 As mentioned, the results report that in the first instance, an increase in the 

amount of catalyst favors the conversions and yield to naphtha. However, a 

more detailed analysis of selectivity to fuels reveals that this statement is not 

always true and the effect of C/F ratio depends on the temperature. It has 

been observed that at 400 ºC the increase of C/F ratio leads to lower 

selectivity to fuels and, reversely, at 420 ºC the increase in C/F ratio 

enhances that selectivity reaching its maximum value (1.56) for 0.075 C/F 

ratio, 80 bar, 120 min and at 440 ºC. On the other hand, increasing the C/F 

ratio leads to a higher catalytic coke yield, more aromatic and developed in 

the micropores of the catalyst. 
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 The results obtained regarding pressure advice to work at the highest 

possible hydrogen pressure since it has a positive effect on all the variables 

studied: increasing pressure both HCO and HDPE conversions and naphtha 

yield increase, which reduces both the quantity and the complexity of the 

coke formed. In addition, fuels of better quality are obtained. The best 

results were obtained at 110 bar 420 ºC, 0.075 C/F ratio and 120 min. 

 

On the kinetic modeling of HDPE/VGO hydrocracking on PtPd/HY 

catalyst 

 A discrete lumps kinetic model has been established for HDPE/VGO 

hydrocracking for an in-house prepared PtPd/HY catalyst selected due to 

its versatility and the high selectivity to fuels obtained; considering the 

hydrocracking reactions take place both between contiguous and non-

contiguous lumps,  

 

 For the kinetic modeling, the different hydrocarbon species have been 

grouped into the following lumps, based on their chemical nature and 

boiling point range: Gas, Naphtha, LCO, HCO, Wax and Coke. In this way, 

the proposed reaction scheme is a cascade scheme, formed by a reduced 

number of reaction stages. The proposed reaction mechanism is based on 

kinetic equations referred to the concentrations of the different lumps. It has 

been achieved a good fitting of the model to the experimental results 

(satisfactory parity plot). Nevertheless, there is a slight deviation between 

experimental and model prediced yield values for naphtha and gas lumps at 

high reaction times, high C/F ratio and at the highest temperature (440 ºC). 

These deviations are attributed to the fact that they are specific events under 

specific conditions and they are not the general trend since the model 

prioritizes the general trend of the data and not a specific event. 

 

 In general, higher kinetic constants have been obtained for the catalytic 

reactions than for thermal ones. According to the values of the kinetic 

constants obtained, it is evident that the most important reactions are those 

that represent the serial conversion of each lump with its contiguous lumps. 

Furthermore, the more important reaction is the formation of naphtha from 

LCO followed by the formation of gas from naphtha. This is why the LCO 

yields are low compared to the yields of naphtha and gases as a result of the 

high hydrocracking activity depicted by the catalyst.  
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 On the other side, this model also considers thermal reactions which unveil 

lower kinetic constants in comparison with the catalytic ones. Besides, the 

activation energies of thermal reactions are also higher than those of 

catalytic ones in general. The scarcity of studies that consider both thermal 

and catalytic reactions highlights the need to continue developing the model 

presented here. 

 

 Using the lumps based model proposed and the corresponding computed 

kinetic parameters, simulations have been carried out under the studied 

operating conditions in order to predict values of conversions and 

selectivity to fuels. It can be concluded that the optimal operating conditions 

for the hydrocracking of HDPE/VGO within the range of conditions studied 

in this Thesis are 0.075 C/F ratio, temperature between 433-440 °C and 

reaction time of 67-120 min. 

 

 The development of a new kinetic scheme has led to a methodological 

contribution, including the wax in the scheme and taking into account that 

both catalytic and thermal reactions co-exist. In addition, the acquired 

information on the reaction mechanisms and in particular the proposed 

kinetic model to predict the product distribution, have a great interest in 

order to progress in the design of large-scale reactors for the industrial 

hydrocracking of these new feedstocks, in the context of the current 

challenges of refineries of  waste plastic valorization. 

 

On the capacity of hydrocracking units for the recovery of wastes 

polyolefin derivatives  

 Based on the above conclusions, it can be established that the hydrocracking 

units can incorporate alternative feedstocks such as plastics (polyolefins) or 

their pyrolysis oil together with intermediate refinery stream (VGO) without 

significant problems or disadvantages in the conversions and yields 

whenever the optimal operating conditions for the PtPd/HY catalyst are 

chosen. 

 

 Results obtained with NiW/HY (commercial) and with PtPd/HY (in-house 

prepared) have allowed to reach an overview of the role of catalyst 

properties in their behavior in the hydrocracking reactions of these plastic 

waste-derived feeds, which will serve as the basis for future studies to 

improve their properties, especially in order to optimize them for their use 

on a large scale or with other reactors.  
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 Furthermore, co-feeding can even improve some results compared to neat 

VGO hydrocracking, through the important selection of both the catalyst 

and the appropriate operating conditions to achieve the desired 

hydrocracking performance toward desired products. However, in a 

practical conception and oriented to the large-scale implantation of the co-

feeding, the waste plastic or PO quantities that would be introduced in the 

refinery units would be smaller than those studied in this Thesis (20 wt%). 
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9 NOMENCLATURE

 

a0, a1 Kinetic parameters 

AS Acidic strength 

AT Total acidity 

c(k,t) Concentration of the component with reactivity k 

Cd  Cross section area of the pill 

Cj H⊕2j+1 Alkylcarbenium ion  

D(k) Distribution function  

dhkl Distance between the crystalline planes 

Di Diffusivity of reactant i 

Di,0  Diffusivity of i at the reference temperature Tm 

dP Diameter of the particle 

Ed,i  Activation energy of the diffusivity of i 

Eij Apparent activation energy of the formation of j starting from i 

Ekd Activation energy 

F Total feedstock 

k Kinetic constant 

K Constant of the viscometer 

kd Deactivation constant  

kd0 Deactivation kinetic constant at the reference temperature  

kij Catalytic kinetic constant from lump i to lump j 

kmax Reactivity of the species with the highest TBP 

ktij Thermal kinetic constant from lump i to lump j 
 

Slab length 

m Deactivation order 

(mHCO)final  Amount of HCO in the liquid product 

(mHCO)initial  Amount of HCO in the feed  

(mPlastic)final  Amount of unconverted plastic (wax)  

(mPlastic)initial  Amount of plastic fed  

L
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mi Mass of lump i  

mi
calc  Model computed yield of lump i in mass 

miexp  Experimental yield of lump i in mass 

mPlastic Mass of plastic 

mPO Mass of PO 

mVGO Mass of VGO 
 

Stacking degree  

nB Total number of micromoles of pyridine per gram of sample 

adsorbed at Brønsted sites 

nL Total number of micromoles of pyridine per gram of sample 

adsorbed at Lewis sites 

nl Number of lumps used in model  

nt Total number of reaction times for all operating conditions  

p(k,K) Yield distribution function that determines the amount of 

formation of species of reactivity k  

R Universal gas constant  

r Mean catalyst particle radius 

R1 Temperature ramp 1 

R2 Temperature ramp 2 

R3 Temperature ramp 3 

S0 
 

SBET BET surface area 

SF Selectivity to fuel 

Smeso Mesoporous surface 

Smicro Microporous surface 

t Time 

T Temperature 

T10 Temperature at wich boils the the 10 wt% of the sample 

T50 Temperature at wich boils the the 50 wt% of the sample 

T95 Temperature at wich boils the the 95 wt% of the sample 

 

N
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Tm Central reference temperature located in the middle range of the  

reaction temperatures used 

TMax  Temperature maxima 

v Corrector factor of viscosity 

Vmicro Volume de micropore 

Vpore Pore volume 

W C/F ratio in the model lump 

XHCO Conversion of HCO 

XHDPE Conversion of HDPE 

Xplastic Conversion of plastic 

XPP Conversion of PP 

YCoke Coke yield 

YGas Gas yield 

YHCO HCO yield 

Yi Yield of each lump  

YLCO LCO yield 

YNaphtha Naphtha yield 

YWax  Wax yield 

 

Greek letters Columna1 

2  Angle between incident rays and disparity planes 

 Model parameter 

C(,t)  Concentration distribution function corresponding to a 

normalized TBP 

 Model parameter 

Y Extent of formation of each lump  

 Normalized TBP 

ε Molar absorption coefficient  

ηij Efficiency factor 

λ Wavelength of the X-ray source  
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ν Viscosity 

ρ Density 

φ Catalytic activity 

Φij Thiele modulus 

 

Abbreviations and acronyms 

A Aromatics 

A1 mono-Aromatics 

A2 di-Aromatics 

A3+ Polyaromatics 

AR Atmospheric Residue 

ASA Amorphous silica-alumina 

ASTM American Society for Testing and Materials 

B/L Brønsted-Lewis ratio 

BET Brunauer–Emmett–Teller 

BJH Barrett-Joyner-Halenda 

BP British Petroleum 

bpd Barrels per day 

BTX Benzene-Toluene-Xylene compounds 

C/F Catalyst to feed ratio 

C/O Carbon to oxygen ratio 

CIS Commonwealth International States  

CSi Carborundum or silicon carbide  

CSTR Continuous Stirred Tank Reactor 

CW  Cold water 

DG Dry gas 

DSC Differentia scanning calorimetry 

DTG Weight Loss derivative 

EOL End of life 

EU European union 
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FAME Free Fatty Acids Methyl Esters 

FBP Final boiling point 

FCC Fluid catalytic cracking 

FFA Free Fatty Acid 

FID Flame ionized detector 

FTIR Fourier-transform infrared spectroscopy  

GC Gas chromatographer 

GHG Greenhouse gases 

H/C Hydrogen to carbon ratio  

HAADF High angle annular dark field 

HC Hydrocarbons  

HCO Heavy cycle oil 

HCV Higher calorific value  

HDA Hydrodearomatization 

HDM Hydrodemetallization 

HDN Hydrodenitrogenation 

HDO Hydrodeoxigenation 

HDPE High density polyethilen 

HDS Hydrodesulfuration 

HDT Hydrotreating 

HGO Heavy Gas oil 

HTL Hydro-liquefaction  

HT-STPO Hydrotreated STPO 

HW Hot water 

HYC Hydrocracking 

IBP Initial boiling point 

ICP-AES Inductively coupled plasma atomic emission spectroscopy  

IEA International Energy Agency 

i-P iso-Paraffins 

IR Infrared 

IUPAC International union of pure and applied chemistry 
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LCO Light cycle oil 

LDPE Low density polyethylene 

LGO Light Gas Oil 

LHSV Liquid Hourly Space Velocity 

LLDPE Linear low density polyethylene 

LPG Liquefied petroleum gases  

MAT Fixed bed microactivity type reactor 

MD Middle Distillate 

MHYC Mild Hydrocracking 

MP Micro-plastics 

MS Mass spectrometer 

MSW Municipal solid waste 

MTPP Metal-tetraphenylporphyrin  

N Naphthenes 

NMR Nuclear magnetic resonance 

NP Nano-plastics 

n-P normal-Paraffins 

O Olephins 

ODE Ordinary differential equations  

PAHs Polyaromatic hydrocarbons  

PE Polyethylene 

PET Polyethylene terephthalate 

PIONA n-paraffins, i-paraffins, olefins, naphthene and aromatics 

PM Solid particle 

PNA Paraffins/naphthenes/aromatics 

PO Pyrolysis Oil 

PP Polypropylene 

ppm Part per million 

PPO Plastic Pyrolysis Oil 

PS Polystyrene 

PS-BD Polyethylene-Butadiene 
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PVC Polyvinyl chloride 

RON Research Octane Number 

rpm Revolutions per minute 

SEM Scanning electron microscope 

Si/Al  Silica-Alumina ratio 

SMSI Strong metal-support interactions 

SSE Sum of squared of error 

STEM Scanning transmission electron microscopy 

STP Standard conditions of temperature and pressure  

STPO Scrap tire pyrolysis oil 

TBP True boiling point 

TCD Thermal conductivity detector  

TEM Transmission electron microscopy 

TGA Thermo gravimetric Analysis 

Th Thermal reaction 

THF Tetrahydrofurane 

TOS Time on stream 

TPD Temperature-programmed-desorption  

TPO Temperature programmed oxidation 

TPO Temperature programmed oxidation 

TPR Temperature programmed reduction 

TWh Terawatt-hours  

UCS Unit Cell size 

 Average unit Cell size 

ULSD Ultra low sulfur diesel 

US United states 

UV Ultraviolet 

VGO Vacuum gasoil 

VR Vacuum residue 
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11 DISSEMINATION OF RESULTS 

This PhD Thesis has led to the publication of 3 papers in international 

journals of renowned prestige (Table 11.1), as well as 18 contributions (mainly oral) 

to national and international congresses (Table 11.2). Moreover, the writing of 2 

more papers as the first author is also in progress. 

11.1 PUBLICATIONS 
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