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Abstract 

The oxidative steam reforming (OSR) of raw bio-oil (obtained by fast pyrolysis of pine sawdust) has 

been studied on a Rh/CeO2-ZrO2 catalyst under a wide range of operating conditions (600-750 ºC; steam 

to carbon molar ratio (S/C), 3-9; oxygen to carbon molar ratio (O/C), 0.34; space time, 0.15-0.6 

gcatalysth/gbio-oil) in order to delimit the suitable conditions for high and stable H2 production. The runs 

were conducted in a two-step system provided with a thermal step (at 500 ºC) for bio-oil vaporization 

and pyrolytic lignin retention, followed by an on-line catalytic reforming step in a fluidized bed reactor. 

The spent catalyst was characterized by Temperature Programmed Oxidation (TPO), Temperature 

Programmed Reduction (TPR) and Transmission Electron Microscopy (TEM) in order to ascertain the 

causes of deactivation and the effect of the reaction conditions on these causes. The evolution with time 

on stream (TOS) of both bio-oil oxygenates conversion and yields of reaction products shows different 

periods and catalyst states, with two sharp changes associated with different catalyst deactivation causes: 

i) change in the states of Rh species and aging of the support (with fast dynamics) and ii) coke deposition

(at low temperature) or Rh sintering (at high temperature, with slow dynamics).  
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1. INTRODUCTION 

The need to reduce greenhouse gas emissions calls for the urgent development of sustainable energy 

generating processes.1 Within this scenario, H2 has great potential as an energy carrier for progressively 

replacing fossil fuels, with the main sources for its production currently being natural gas, oil derived 

hydrocarbons and coal. The technological development of biomass derived H2 production is therefore 

receiving particular attention in the quest to reduce net emissions of CO2.2-4 

The steam reforming (SR) of bio-oil (the liquid product of biomass pyrolysis) has great potential for H2 

production. The stoichiometry of this reaction (considering the water gas shift (WGS) reaction) is as 

follows: 

CnHmOk + (2n-k) H2O →  n CO2 + (2n+m/2-k) H2 (1) 

H2 production through this route is of great interest because the steps of biomass pyrolysis and bio-oil 

reforming involve advantages over other alternatives for the production of H2 from biomass, as are: i) 

the energy required for biomass drying is saved because the feed may contain the moisture 

corresponding to ambient conditions; ii) the bio-oil may be produced at a high yield at the place where 

the biomass is located (avoiding transportation), by fast pyrolysis of any biomass feed using low 

environmental impact technologies;5-8 iii) the energy required for pyrolysis and product condensation 

may be reduced by conducting the process under vacuum,9 with no energy requirements when the 

process is carried out under autothermal regime (oxidative pyrolysis) and product composition being 

similar;10 iv) the steam reforming process does not require the dehydration of bio-oil, and may be carried 

out at large scale to produce high purity H2 with the yield being almost that corresponding to 

stoichiometry;11-14 v) the external energy supply for bio-oil reforming is avoided by performing 

oxidative steam reforming (OSR) in which the heat absorbed is supplied by the partial combustion of 

the components in the reaction medium by co-feeding a given O2 flowrate. With an appropriate O 

(oxygen)/S(steam)/C ratio in the OSR process, autothermal reforming (ATR) regime is achieved, which 

is suitable for use in small reforming units when there are energy supply limitations.15 The global 

stoichiometry of the OSR for bio-oil is as follows: 
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CnHmOk + pO2 + (2n-k-2p)H2O  →  nCO2 + (2n+m/2-k-2p)H2  (2) 

One of the factors conditioning the industrial implementation of the catalytic processes for the 

valorization of the bio-oil is the rapid deactivation of the catalyst due to the repolymerization of phenolic 

compounds present in the bio-oil. This problem has been partially solved by the controlled 

polymerization of the pyrolytic lignin in a step prior to the reforming reactor. This technology has been 

successfully used in the production of hydrocarbons and in the SR of bio-oil.16,17 Furthermore, the partial 

combustion of the intermediates leading to coke formation in the OSR regime hinders catalyst 

deactivation to some extent.18-20 However, the major limitation of bio-oil OSR is that equilibrium H2 

yield is lower than that in the SR, i.e., around 20 % lower according to the thermodynamic analysis 

conducted by Vagia et al.21 

OSR reaction has been mainly studied for ethanol,22-26 hydrocarbons,27-30 and model oxygenates of bio-

oil.16,31,32 Few studies deal with the OSR of bio-oil or its aqueous fraction.15,18,33,34 In all these studies, 

low cost Ni catalysts have been used in the OSR, which are well established catalysts for the SR.35-37 

Although noble metal based catalysts are more expensive, they are more stable. The better behavior of 

Rh over Ni based catalysts has been proven for the reforming of pure oxygenates, such as ethanol and 

glycerol.38,39 Recently, the authors of this work studied the OSR of raw bio-oil and proved the superior 

behavior of a Rh/CeO2-ZrO2 catalyst over a Ni based one.40 The suitable conditions towards high H2 

yield were determined41 and the significant attenuating effect on coke deposition was proven for high 

oxygen/carbon (O/C) ratios in the feed due to the partial combustion of coke precursors.40 

In these previous studies40,41 it was proven that the catalyst undergoes deactivation due to several 

possible causes, such as coke deposition, oxidation and/or catalyst sintering. The deactivation rate and 

the relative importance of these causes depend on the operating conditions (temperature, space time, 

steam/oxygen/carbon ratio in the feed). The effect of O/C ratio on the catalyst deactivation was studied 

in depth in our previous work, for a given set of the remaining operating conditions.40 Given the 

importance of catalyst stability for the viability of the OSR of bio-oil, the objective of this work is to 

analyze the effect the remaining operating conditions (temperature, space time, S/C ratio in the feed) 
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have on the stability of the Rh/CeO2-ZrO2 catalyst. Moreover, the causes of its deactivation and their 

relative importance have been determined in different reaction conditions, in order to determine, the 

optimum reaction conditions for minimizing deactivation. 

2. EXPERIMENTAL SECTION 

2.1. Catalyst. A commercial Rh/CeO2-ZrO2 catalyst was used, with 2 wt % Rh content, which was 

supplied by Fuel Cell Materials. The specific surface area, average pore diameter and pore volume 

(determined by N2 adsorption-desorption, in an Autosorb iQ2 equipment from Quantachrome) were 

85.7 m2g-1, 17.7 nm and 0.31 cm3g-1, respectively. A metal dispersion of 72.5 % and a metallic surface 

area of 319 m2gmetal
-1 were determined by CO chemisorption (Autosorb iQ2 from Quantachrome). The 

TPR profile was obtained in a Micromeritics AutoChem 2920. In the procedure, the sample (100-200 

mg) was under a He flow (200 ºC, 1 h), and it was subsequently reduced in 50 cm3/min of 10 vol % 

H2/Ar mixture, with a heating ramp of 7 ºC/min from 30 to 900 ºC. The TPR profile shows that Rh2O3 

is fully reduced below 250 ºC (section 3.2.2). The XRD results (Bruker D8 Advance diffractometer) 

confirm the presence of Ce and Zr oxides, but no diffraction peaks corresponding to Rh2O3 (prior to 

reduction) or Rh0 (after reduction) are observed which is due to the low Rh content and its high 

dispersion on the support.40 The Rh particle size distribution of the fresh catalyst was estimated from 

TEM images obtained in a Philips SuperTwin CM200 and the values vary from 1 to 2.5 nm.41 

The amount and nature of the coke deposited on spent catalysts has been determined by Temperature 

Programmed Oxidation (TPO) in a Thermo Scientific TGA Q5000TA thermobalance. In the procedure, 

after stabilizing the temperature at 50 °C, 50 cm3/min of N2 /O2 (25 vol % of O2) were fed and heated 

up to 800 ° C with a heating ramp of 10 °C/min.  

2.2. Bio-oil production and composition. The raw bio-oil was obtained by flash pyrolysis of pine 

sawdust at 480 ºC in a semi-industrial demonstration plant (Ikerlan-IK4 technology center, Alava, 

Spain), with a biomass feeding capacity of 25 kg/h.42 The water content of the bio-oil is 38 wt %, its 

density is 1.107 g ml-1 and the empiric formula obtained by CHO analysis is C4.21H7.14O2.65 (water free 
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basis). The raw bio-oil composition, determined by GC/MS analyzer (Shimadzu QP2010S device), has 

been reported elsewhere.40 

2.3. Reaction equipment, operating conditions and reaction indices. Runs have been performed 

in an automated reaction equipment of stainless steel (MicroActivity Reference from PID Eng&Tech) 

provided with two units in series (thermal step and catalytic step), which has been described in detail in 

a previous work.40 The thermal step consists of a U-shaped tube for repolymerization of the oxygenates 

derived from lignin pyrolysis. The thermal unit (U-tube) has high section in order to extend the time of 

use until it gets blocked. This blockage does not take place under the conditions here studied, but will 

unavoidably occur at longer reaction time. This problem can be solved by giving the feed access to 

another thermal unit. Thus, while in one of the units the pyrolytic lignin is being deposited, in the other 

unit it is being removed. In a previous work, different valorization routes were proposed for this 

pyrolytic lignin, based on its composition and properties.43 

In this study, the thermal unit operates at 500 ºC, which is the optimum temperature for maximizing 

the bio-oil fraction liable to valorization in the subsequent reforming reactor, because it attains the best 

compromise between pyrolitic lignin deposition (which increases noticeably below 500 ºC) and 

oxygenates cracking to CO, CH4 and C2-C3 hydrocarbons (which increases exponentially above 500 ºC). 

Moreover, it leads to a better compromise between H2 yield and catalyst stability in the subsequent 

reforming step, since the resulting oxygenate composition causes less deactivation of the reforming 

catalyst.44 In this thermal step, around 11 wt % of the raw bio-oil oxygenates, or 18.6 wt % of C in the 

bio-oil feed (both values on a water free basis), were deposited as pyrolytic lignin (which corresponds 

to a constant deposition rate of 2.59 mg/min, for the bio-oil feeding rate used of 0.08 ml/min (water 

included).  

The molecular formula corresponding to the bio-oil exiting the thermal step is C3.8H7.7O2.9 (water-

free basis, calculated from a mass balance based on the molecular formula of the raw bio-oil and the 

amount and composition of the pyrolytic lignin deposited). The composition of the volatile stream at the 

outlet of the thermal unit (or at the catalytic reactor inlet) remains constant with the time on stream. This 
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composition depends on the operating conditions of the thermal treatment, especially on temperature, 

but with low dependence on the S/C ratio for the bio-oil used in this work. In the second unit (catalytic 

reforming reactor in fluidized bed regime), the catalyst is mixed with inert solid (SiC) (inert/catalyst 

mass ratio > 8/1) in order to ensure a correct fluidization regime. It should be noted that the O2 feed was 

placed just at the reactor entrance in order to prevent the oxidation of the bio-oil in the first step (thermal 

treatment), thus maximizing the H2 yield in the two step reaction system.45 Prior to each reforming 

reaction, the catalyst is reduced in-situ in a H2-N2 stream (10 vol % H2) at 700 ºC for 2 h. The reactions 

have been carried out at atmospheric pressure, with the remaining operating conditions as follows: 600-

750 ºC; space time between 0.15 and 0.6 gcatalysth/gbio-oil; steam/carbon (S/C) molar ratio in the 3-9 range, 

which is obtained by co-feeding water (307 Gilson pump) with the raw bio-oil (injection pump Harvard 

Apparatus 22); oxygen/carbon ratio (O/C), 0.34. This O/C ratio is suitable for achieving a good balance 

between the two opposite effects due to the co-feeding of O2:40 On the one hand, it attenuates 

deactivation by preventing coke formation; on the other hand, it provokes a decrease in H2 yield due to 

a higher extent of oxidation reactions of oxygenates over the reforming reactions. 

The product stream is analyzed in-line with a MicroGC 490 from Agilent, equipped with 4 analytic 

channels: molecular sieve MS5 for quantifying H2, N2, O2, CH4 and CO; Plot Q for CO2, H2O and C2-

C4 hydrocarbons; CPSIL for C5-C11 hydrocarbons (not detected in this study), and; Stabilwax for 

oxygenated compounds. 

The following reaction indices have been used for quantifying the kinetic behavior: 

Bio-oil conversion:    
in

outin
oil-bio F

FFX −
=  (3) 

where Fin and Fout are the molar flow rates of bio-oil oxygenates at the reactor inlet and outlet, 

respectively, in C units contained. The C molar flow-rate of bio-oil oxygenates at the reactor inlet (Fin) 

has been calculated by a mass balance, taking into account the amount of bio-oil oxygenates retained 

(as pyrolytic lignin) in the thermal step. The C molar flow-rate of bio-oil oxygenates at the outlet of the 

reactor (Fout) has been calculated from the molar fraction of individual oxygenates (determined by 
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microGC analysis) and the total mole number in the outlet stream, determined by C mass balance for 

the reforming reactor. 

H2 yield:  o
H

H
H

2

2
2 F

F
Y =  (4) 

where FH2 is the H2 molar flow rate in the product stream and 0
2HF  is the stoichiometric molar flow rate, 

which has been evaluated for the SR reaction as (2n+m/2-k)/n·Fin, according to eq 1. Taking into account 

the molecular formula of the bio-oil oxygenates entering the reforming reactor (C3.8H7.7O2.9), this value 

of 0
2HF  is 2.25 Fin  

The yield of carbon-containing products (CO2, CO, CH4 and light hydrocarbons):   

ni

i
i F

F
Y =  (5) 

where Fi is the molar flow rate of each compound, in C units contained. 

CH4 and light hydrocarbons (mainly ethane) are formed by the thermal decomposition of bio-oil 

oxygenates: 

CnHmOk → CxHyOz + gases (H2, CO, CO2, CH4) + coke (6) 

The relative significance of these secondary reactions in the OSR decreases under certain conditions, 

such as high space time, which favor the extent of the catalyzed reaction (reforming and WGS).41 

RESULTS  

3.1. Effect of the reaction conditions on the catalyst stability 

3.1.1. Space time. Figure 1 shows the effect of space time on the evolution with TOS of bio-oil 

conversion and H2 yield (graph a), CO2 and CO yields (graph b) and CH4 and light hydrocarbons yields 

(graph c). These results correspond to experiments conducted at 700 °C, O/S/C = 0.34/6/1 molar ratio 
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in the feed and two space time values of 0.15 and 0.60 gcatalysth/gbio-oil. A low space time allows studying 

deactivation at relatively low TOS (10 h). As observed, at low space time (blue dots in Figure 1) catalyst 

deactivation is fast in two different periods leading to two sharp changes. As will be explained in section 

4 this is due to different deactivation causes. During the first period the decrease in the conversion of 

bio-oil oxygenates and H2 (Figure 1a) and CO2 (Figure 1b) yields is not very pronounced which is 

attributed to the slight catalyst deactivation for the reforming of oxygenates (eq 2) and the WGS reaction. 

Moreover, in this first deactivation period, CH4 and hydrocarbon (HC) yields increase with TOS due to 

the catalyst deactivation for their reforming, with the reforming of CH4 being more affected and its 

concentration increasing faster. 

After the first deactivation period, the catalyst reaches a pseudostable state. During this period the 

conversion remains almost constant and the H2, CO2 and HCs yields vary slowly. After 150 min TOS, 

a fast deactivation starts (second sharp change), in which the conversion of oxygenates and the H2 and 

CO2 yields decrease and the yield of HCs increases. These results are likely due to a decrease in the 

catalyst activity for the reforming of oxygenates and hydrocarbons and the WGS reaction. Nonetheless, 

CH4 yield remains almost constant during this period. Its value of 0.06 is close to that obtained by bio-

oil decomposition without a catalyst at the same temperature.41 This evidences the almost total catalyst 

deactivation for the reforming of CH4 during the first deactivation period (first sharp change in Figure 

1).  

For the highest space time, results are different to those aforementioned (red dots in Figure 1). In this 

case, a delay is observed for the first sharp change and the second is not observed. The delay in the first 

sharp change, which is almost proportional to the increase in space time, is attributed to the high activity 

of the catalyst which is in excess, thus the deactivation hardly affecting the composition of the product 

stream over 300 min TOS. During the fast deactivation period, the reaction indices vary significantly 

with TOS, in a similar way to those for low space time in the first sharp change. Subsequently, the 

reaction indices remain constant over 24 h TOS (as previously reported by the authors).40 All this 

evidences that a high space time delays the consequences of deactivation and, apparently, also its causes.  
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Another remarkable aspect of the results in Figure 1 is that CO yield (Figure 1b) remains almost constant 

with TOS for both space times. This is because CO is an intermediate in the kinetic scheme of the 

reaction.41 According to this scheme, CO it is the product of the catalyzed reforming and oxidation 

reactions, and the reactant in the WGS reaction. Thus, as a consequence of the deactivation, its formation 

(reforming reaction) and conversion (WGS) are both attenuated. Accordingly, its yield remaining 

constant is due to the fact that the deactivation effect is similar on the reforming and the WGS reactions, 

which corresponds to a non-selective deactivation mechanism. Moreover, the deactivation of WGS 

reaction for this catalyst is presumably slow, due to the well stablished contribution of CeO2 in the 

support to the WGS reaction.46  

Figure 1 

3.1.2. Temperature. Figure 2 shows the evolution of bio-oil conversion and product yields with TOS 

at 600 and 750 °C, O/S/C = 0.34/6/1 molar ratios in the feed and low space time (0.15 gcatalysth/gbio-oil), 

thus deactivation being fast, as proven in section 3.1.1.  

At high temperature (750 ºC) the two sharp changes observed at 700 °C for the same space time (blue 

dots in Figure 1) can be distinguished, corresponding to two deactivation periods due to different causes. 

The first period, in which deactivation is fast, takes place at 30-60 min TOS and the second period starts 

at 200 min, with little impact on deactivation. It is noteworthy that the duration of the pseudostable 

period between both sharp changes is higher at 750 ºC (red dots in Figure 2) than at 700 ºC (blue dots 

in Figure 1). 

Unlike the results at 700 and 750 ºC, Figure 2 shows only one sharp change at 600 °C, after 50 min 

TOS; a fast and pronounced decrease in the H2 (Figure 2a) and CO2 (Figure 2b) yields takes place 

simultaneously to a fast increase in CH4 and hydrocarbon yields (Figure 2c). After 100 min TOS the 

yields of products evolve very slowly. CH4 and hydrocarbon yields are almost constant (specially the 

former) and similar to those obtained via the decomposition of oxygenates from bio-oil by thermal 

routes,41 thereby evidencing almost full catalyst activity loss for the reforming of these compounds. 

Nevertheless, the catalyst keeps residual activity for oxidation reactions and the reforming of the 
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oxygenates of bio-oil and the WGS reaction. As a consequence, CO yield is lower than the one 

corresponding to decomposition of oxygenates, and H2 and CO2 yields are higher. Presumably, the 

support plays a role in the residual activity of the catalyst, as previously commented.46 Otherwise, the 

existence of a sole sharp change at 600 ºC is likely due to the absence of one of the deactivation causes 

at this temperature or to the overlapping of both sharp changes, since these deactivation causes happen 

at the same time. 

Figure 2 

The results in Figure 2 and those corresponding to low space time at 700 ºC (blue dots in Figure 1), 

highlight the low dependence of deactivation on temperature during the first sharp change. Moreover, 

the second change is less pronounced when increasing temperature (especially from 600 to 700 °C), thus 

indicating the limitation of the corresponding deactivation mechanisms. 

3.1.3. S/C ratio. Figure 3 shows the effect of S/C ratio on the evolution with TOS of the reaction 

indices. The other reaction conditions are as follows: space time, 0.15 gcatalysth/gbio-oil; 700 ºC; O/C molar 

ratio, 0.34. For both S/C ratios, two sharp changes or deactivation periods are observed. When the S/C 

ratio is increased the impact of deactivation on the yields of different products is higher and the 

pseudostable period after the first sharp change lasts longer. For S/C = 9, the second sharp change takes 

place after 220 min TOS, and for S/C = 3 after 100 min, with a continuous decrease in H2 (Figure 3a) 

and CO2 (Figure 3b) yields and a steady increase in the hydrocarbons yield (Figure 3c). These results 

evidence that the progress of deactivation during the second period (second sharp change) is notably 

attenuated by increasing the S/C ratio. 

Figure 3 

3.2. Analysis of deactivation causes. Complementary techniques have been used to characterize the 

catalyst, thus allowing to interpret the results obtained in section 3.1 and to identify the causes of 

deactivation.  
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3.2.1. Coke deactivation. The catalysts deactivated under different conditions have been 

characterized by temperature programmed oxidation (TPO) in order to relate the nature and the content 

of the coke to the corresponding deactivation results in section 3.1.  

Figure 4 shows TPO profiles for different reaction temperatures and space times at an O/C molar ratio 

of 0.34, and S/C of 6. The results shown in Figure 5 correspond to different S/C molar ratio, temperature 

and space time values, for an O/C of 0.34. In all the reaction runs the catalyst was used for 4 h TOS. 

The TPO profiles evidence two combustion peaks: the first peak has a maximum at 300 ºC, and a 

shoulder is observed at slightly higher temperatures under conditions with high deactivation (low values 

of temperature, space time and S/C ratio); and the second peak has its maximum at around 400-410 ºC. 

According to the literature on oxygenates reforming on different catalysts,40,47-51 it is well established 

that the peak at low temperature corresponds to the amorphous coke deposited on metal sites 

(encapsulating coke), whose combustion is activated by these sites, and which is formed mainly by 

repolimerization and/or decomposition of unstable oxygenates in the bio-oil. The peak at high 

temperature corresponds to the coke deposited on the support and is a structured coke containing a 

significant amount of condensed polyaromatics, whose formation mechanism is related to the 

decomposition of CH4 and by-product hydrocarbons. The presence of a shoulder in the region 300-350 

ºC suggests the existence of another coke fraction, deposited near the metal-support interphase, whose 

combustion is favored by the proximity of the metal.40,49 

Figure 4 

Figure 5 

Figure 4 shows that the total coke content is lower when the space time is increased. At 700 ºC, this 

decrease is from 4.12 wt% at 0.15 gcatalyst h/gbio-oil to 0.15 wt% at 0.6 gcatalysth/gbio-oil, and for this space 

time value just an incipient formation of the first peak is observed in the coke combustion curve. The 

effect of space time on coke deposition is in line with its effect on the attenuation of catalyst deactivation 

observed in Figure 1. Thus, the increase in space time involves both a significant decrease in coke 

deposition and a noticeable delay in the catalyst deactivation. Consequently, at 700 ºC and for the higher 
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value of space time studied the deposition of coke is almost insignificant (0.15 wt % after 4 h time on 

stream), and the second deactivation period is not observed even after 24 h time on stream.40 These 

results allow to conclude that coke deposition is the main responsible for the second deactivation period. 

The effect space time has on the content and nature of coke is explained by the lower concentration of 

oxygenates in the reaction medium due to the higher conversion of these oxygenates (Figure 1a). A 

previous work48 proves that the compounds in the reaction medium are the precursors for the formation 

of both coke fractions. Therefore, the oxygenates of the bio-oil have been established as precursors of 

the encapsulating coke, which is burned at lower temperature. Likewise, the negligible structured coke 

deposition at high space time is consistent with the lower amount of hydrocarbons present in the reaction 

medium (Figure 1c), which are considered the main precursors of structured coke formation via 

condensation reactions.48 Accordingly, TPO profiles for different space times shown in Figure 5 also 

demonstrate the attenuating effect of space time on coke deposition.  

Figure 4 also shows a remarkable effect of the reforming temperature on the coke nature and content. 

As observed, an increase in temperature from 600 to 700 ºC noticeably attenuates the formation of the 

first combustion peak (encapsulating coke), which is consistent with the lower deactivation rate 

observed at 700 ºC compared to that at 600 ºC (blue dots in Figures 1 and 2, respectively). A decrease 

in the encapsulating coke deposition when increasing temperature is explained, on the one hand, by the 

lower concentration of oxygenates in the reaction medium (encapsulating coke precursors) due to the 

higher conversion along 4 h TOS (Figure 1a) and, on the other hand, by the higher gasification and/or 

oxidation rate of coke intermediates as they are being formed (reactions activated by Rh active sites). 

The high deposition of encapsulating coke at 600 ºC in Figure 4 is presumably the main cause of the 

presence of only one deactivation period in Figure 2 at this temperature. Furthermore, Figure 4 shows 

that an increase in the reforming temperature hardly affects the content of structured coke, but its 

combustion is displaced towards higher temperature when increasing the reforming temperature from 

600 to 700 ºC, which is evidence that it is a more condensed coke, with lower H/C ratio, since 

condensation reactions (aging) of polyaromatic fractions of coke are favoured.48 This result evidences 

that the structured coke does not block Rh sites, and thus has almost no impact on catalyst deactivation. 
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This corroborates the previous conclusion that the encapsulating coke is the main responsible for 

Rh/CeO2-ZrO2 catalyst deactivation.40 

Regarding the effect of S/C ratio on the amount and nature of coke, Figure 5 shows that an increase in 

S/C ratio selectively affects the formation of encapsulating coke (peaks at lower temperature in the TPO 

profile), which is explained by the enhancement of oxygenates reforming, which are the precursors of 

this coke fraction. It is also suggested that an increase in the S/C ratio is effective for boosting the 

progress of reforming/gasification reactions of coke intermediates deposited on the metallic Rh sites. 

This hypothesis confirms the fact that the amount of structured coke deposition is not attenuated, because 

this coke is not in close contact with Rh sites. Moreover, Figure 5 shows that the top of the peak shifts 

towards lower temperatures as the S/C ratio is increased, which is explained by a high steam content 

that hinders condensation reactions (aging) of the coke.  

3.2.2. Change in the state of Rh species. The possible changes in Rh species have been analyzed by 

comparing the H2-TPR analysis of the deactivated catalysts, with that corresponding to the fresh one. It 

should be noted the difficulty for using other characterization techniques, such as X-ray diffraction 

(XRD) and X-ray photoelectron spectroscopy (XPS), for analyzing the changes in Rh metal species. On 

the one hand, due to the high dispersion and low Rh content (2 wt. %), Rhº and Rh2O3 peaks are not 

detected by XRD. On the other hand, coke deposition on the deactivated catalysts hinders the detection 

of Rh0 and Rh2O3 by XPS. 

Figure 6 compares the TPR profiles for the fresh (curve a) and deactivated catalysts in runs of 40 and 

240 TOS (curves c and d, respectively). These runs were carried out under the following conditions: 700 

ºC; space time, 0.15 gcatalysth/gbio-oil; S/C ratio, 6; O/C ratio, 0.34. The deactivation results corresponding 

to these conditions are depicted with blue dots in Figure 1. Three reduction peaks are observed for the 

fresh catalyst in Figure 6, at 65, 200 and 345 ºC. The peaks below 200 ºC have been assigned in the 

literature to the reduction of Rh species, whereas peaks above this temperature are assigned to the 

reduction of the support.52-59 Consequently, the peak at 345 ºC can be associated with the reduction of 

surface CeO2 species in the support, whose reduction is greatly promoted by the presence of Rh, due to 

a strong Rh-CeO2 interaction and the spillover phenomena.52,54,55,59 The two peaks observed below 200 
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ºC indicate that Rh species exist in two different states. There is a general agreement in the literature 

that the peak at the lower reduction temperature corresponds to the reduction of well-dispersed and 

uniformly distributed rhodium oxides (Rh2O3 to Rh0), which interact very weakly with the support.52-60 

Rh reduction peak at higher temperature has been attributed by some authors to a bulk-like crystalline 

Rh2O3 on the surface (large particles),52,53,56 whereas a peak at around 200 ºC was related to the sub-

lattice rhodium oxides interacting with the support for a Rh/ZrO2 catalyst.59,61 

For the interpretation of the TPR profiles of the spent catalysts, apart from the possible transformations 

during the reaction itself, possible additional changes must be taken into account in the oxidation state 

of the spent catalyst when exposed to room conditions prior to the TPR analysis. In order to study the 

latter phenomenon, TPR of the fresh and reduced catalyst was carried out after exposure to room 

conditions overnight. Results are shown in curve b in Figure 6, which depicts that the peak associated 

with the reduction of surface CeO2 is absent (ceria is not reoxidized at room conditions), whereas both 

peaks corresponding to the reduction of Rh species appear, which is evidence of their oxidation by 

exposure to room conditions.  

The main difference in the TPR profiles between the catalysts deactivated for 40 and 240 min TOS at 

low space time (curves c and d, respectively) and the fresh one is that the peak at 200 ºC almost 

disappears for 40 min and is not present for 240 min TOS. This result is probably due to the diffusion 

of Rh species into the support, which originates a decrease in the content of surface rhodium species.59 

Other possible explanations may be related to the decoration phenomena produced by reduced support 

particles, which migrate on the top of metal particles, or the encapsulation of metal particles due to 

support sintering at the high temperatures used for the reforming.53 Since this change in the structure of 

Rh species in the catalyst occurs from very low TOS values (40 min, curve c in Figure 6), this is claimed 

to be the main cause of deactivation for the first deactivation period (first sharp change) at low space 

time (blue dots in Figure 1). Figure 6 also shows that the reduction peak at lower temperature (oxidation 

of well-dispersed rhodium oxides to metallic Rh0) for both spent catalysts is very similar, although it is 

shifted towards slightly higher temperature (90 ºC) compared to the fresh catalyst. This shift of the peak 
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was associated with the reduction of relatively more stable bulk-like crystalline rhodium oxide on the 

sample with bigger particle sizes.58 

Additionally, it should be noticed that the effect of operation conditions on the structural change of Rh 

species in the deactivated catalyst is much smaller than the effect on coke deposition. Thus, all 

deactivated samples (after exposure to room conditions) have a similar and unique Rh2O3 reduction peak 

at 90 ºC (Figure S1 in Supporting Information). This result is consistent with the fact that the first 

deactivation period in Figures 1-3 (which is associated with the deactivation by structural changes in Rh 

species, as evidence the aforementioned results) is much less affected by operating conditions than the 

second deactivation period (which is associated mainly with coke deactivation).  

Figure 6 

3.2.3. Sintering of Rh. It is remarkable that almost negligible encapsulating coke combustion peak is 

observed in the TPO profiles of the catalyst deactivated at 750 ºC (Figure S2 in Supporting Information). 

Consequently, the slow and continuous deactivation in Figure 2 for the catalyst at 750 ºC after the first 

deactivation period (caused by structural changes in Rh species) should be attributed to other 

deactivation causes than coke deposition, such as Rh metal particles sintering occurring at this high 

temperature under oxidizing conditions. The sintering of Rh under highly oxidizing conditions was 

reported by Cavallaro et al.62 for a 5wt%Rh/Al2O3 catalyst used in auto-thermal reforming of ethanol at 

650 ºC. However, the CeO2 support is expected to attenuate sintering, as proven by Osorio-Vargas et 

al.63, by addition of CeO2 to a Rh/Al2O3-LaO3 catalyst, and Hou et al.64 with a Rh/CeO2 catalyst. A 

previous work40 proved that sintering of Rh/CeO2-ZrO2 catalyst used in this study is not significant in 

long runs below 700 ºC.  

In order to confirm this hypothesis that Rh sintering is the main deactivation cause at 750 ºC, TEM 

images are shown in Figure 7 for the fresh catalyst and the one deactivated for 4 h TOS at two 

temperatures (600 and 750 ºC) (and for the remaining operating conditions shown in Figure 2). 

Furthermore, the particle size distribution (PSD) for each catalyst sample, obtained by counting more 

than 200 particles, are also shown in this figure, together with the corresponding average size, evaluated 
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as the arithmetic mean of all the particles counted. The average size is 1.36 nm for the fresh catalyst and 

1.42 nm and 2.58 nm for the catalyst spent at 600 ºC and 750 ºC, respectively. These results are evidence 

of a remarkable sintering of Rh particles at 750 ºC (with an increase in the average metal particle size 

of 90 %), which is the main cause of the slight deactivation observed in Figure 2 at this temperature 

after the first sharp change. This deactivation cannot be attributed to coke deposition since this is 

negligible at 750 ºC (Figure S2 in Supporting Information). At 700 ºC (Figure S3 in Supporting 

Information) sintering is incipient, but progresses with time, and the average particles size is 2.26 nm 

after 24 h TOS. 

Accordingly, catalyst deactivation at 600-750 ºC is governed by coke deposition at low temperature and 

Rh sintering at high temperature. By comparing the deactivation observed at 600 ºC in Figure 2 

(attributable to coke deposition) with that obtained at 750 ºC in the second deactivation period (attributed 

to sintering), it is evident that the deactivation caused by encapsulating coke deposition is more severe 

than the deactivation caused by sintering.  

Figure 7 

3.2.4. Change in the porous structure of the support. In order to evaluate the contribution to the 

deactivation of the possible deterioration of the porous structure of the CeO2-ZrO2 support, the surface 

properties of the deactivated catalyst have been studied by means of N2 adsorption-desorption under 

some chosen conditions as an example. The results in Table 1 show that the surface properties of the 

catalyst undergo remarkable deterioration in the reduction step, and especially during the reaction step. 

This deterioration depends on the reaction conditions. The possible causes for this deterioration of the 

surface can be the deposition of coke and the aging of the support. The similarity of BET surface and 

pore volume values for the catalyst deactivated at 750 ºC (and therefore, without coke deposition) and 

those deactivated at 700 ºC (with variable contents of coke according to the S/C ratio), evidences that 

the deposition of coke has a negligible impact on the porous structure, and that these changes must be 

attributed mainly to the aging of the CeO2-ZrO2 support. In addition, the comparison of the results for 

the catalyst deactivated at different temperatures, shows that the increase in temperature significantly 
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affects this aging of the support, especially between 600-700 ºC. The importance of the aging of the 

support at high temperature (with notable loss of specific surface area) is well established in the literature 

for catalysts based on CeO2 and CeO2-ZrO2.65,66 

It should be noted that presumably the aging of the support will lead to the partial occlusion of Rh 

metal sites, contributing to the structural changes in Rh which are shown in section 3.2.2, and the 

progress of deactivation in the first period of fast deactivation shown in Figures 1-3. 

Table 1 

4. DISCUSSION  

From the results shown in Figures 1-3, it is concluded that the evolution of reaction indices with TOS 

in the OSR of raw bio-oil on a Rh/CeO2-ZrO2 catalyst follows the general trend shown in Figure 8. CO2 

yield evolution is not shown since it goes almost parallel to H2 yield evolution. Likewise, CO yield 

evolution is not shown either because it does not show a similar trend for all the operating conditions 

studied, although in general the variation of CO yield with TOS is negligible and slow. This could be 

partially attributed to the presence of CeO2 in the support, whose interaction with Rh species enhances 

WGS reaction.  

Five successive stages and catalyst states are identified in Figure 8 with two well-differentiated fast 

deactivation periods (sharp changes). The first period (1) takes place under conditions in which 

thermodynamic equilibrium is achieved and the reaction indices are maintained at equilibrium values. 

During this period, excess catalyst masks deactivation. Next, a short period of fast deactivation (2) 

occurs, and subsequently a new pseudostable state is reached (3), in which the catalyst still keeps high 

activity. Period (4) corresponds to a fast catalyst deactivation, thus rapidly decreasing H2 and CO2 and 

increasing HCs yields. The variation rate of the reaction indices decreases when increasing the TOS. 

During period (5), the catalyst undergoes a high deactivation level, and therefore the variation in the 

reaction indices takes place slowly as they reach the values corresponding to thermal routes. Although 

the catalyst is almost completely deactivated for the reforming reactions during this period (5), it still 
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keeps a remarkable residual activity for cracking of oxygenates and the WGS reaction. This residual 

activity for WGS reaction should be attributed to the interaction of CeO2-ZrO2 support with the Rh 

active sites. The important role of metal-surface interface sites for WGS reaction has been reported in 

literature.46,67 

Figure 8 

It should be remarked that Figure 8 considers the global conversion of bio-oil oxygenates, however, in 

fact, this conversion is a consequence of the individual conversion of each of the oxygenates, whose 

reforming rate is different and is selectively affected by deactivation. Thus, Figure S4 (Supporting 

Information) shows the effect of the deactivation on the molar fraction distribution of oxygenate families 

at the reactor outlet for a set of conditions chosen as an example. The results in Figure S4 show that 

phenolic oxygenates are the most abundant oxygenates under conditions of low catalyst deactivation 

(periods 1-2-3 of Figure 8), which occur before the second period of rapid deactivation. The fast increase 

with the time on stream of the concentration of phenols at the reactor outlet, under conditions of incipient 

deactivation, evidences the selective deactivation of the reforming for the most refractory compounds.  

On the other hand, the conversion of water is low for most of the studied conditions (with excess of 

water), with values that vary at zero time on stream between 0.15 and 0.07 for S/C ratio between 3 and 

9, respectively. The evolution with the time on stream of this conversion has a similar trend to that of 

the conversion of oxygenates in bio-oil, decreasing due to the catalyst deactivation, until reaching 

negative values under conditions of very high deactivation (corresponding to period 5 in Figure 8). This 

is due to the fact that under these conditions the water formation in the oxidation reactions is favoured 

over its consumption in the reforming and WGS reactions. 

According to the analysis of coke and Rh active sites, both sharp changes in Figure 8 might be related 

to three different catalyst deactivation causes: structural changes of Rh species and of the support, coke 

deposition and Rh sintering. These causes evolve differently with TOS, depending on the reaction 

conditions (temperature, space time, S/C ratio and O/C ratio), and their relative importance depends 

therefore on the reaction conditions. The first sharp change stems from a fast change in the structure of 



 19 

Rh species and in the support, which leads to selective catalyst deactivation for the reforming of the less 

reactive compounds (CH4 and phenols) keeping high activity for the rest of reactions (reforming of non 

phenolic oxygenates and hydrocarbons and WGS reaction).40 This deactivation cause is barely affected 

by the reaction conditions. Deactivation during 3-5 periods might be related to two simultaneous 

deactivation causes, coke deposition and/or Rh sintering, the former being the main responsible for the 

second sharp change (period 4). The pseudostable period prior to this sharp change is attributed to the 

need of an initiation step for the formation of encapsulating coke via polymerization of the phenolic 

compounds in the bio-oil.48 Under high deactivating conditions due to rapid encapsulating coke 

deposition (as happens at 600 ºC and low space time) this cause masks the changes in the structure of 

Rh species, and consequently a single and very pronounced sharp change is observed. At high 

temperature (750 ºC) the encapsulating coke formation is negligible and the progressive Rh sintering 

becomes significant, which is the main deactivation cause after the first sharp change under these 

conditions. Rh sintering has a progressive effect on the evolution of the reaction indices with TOS. 

However, the latter effect is less significant than that due to the encapsulating coke deposition at low 

temperature, giving place to a slow decrease in conversion and H2 yield with TOS, which is visible at 

low space time (red dots in Figure 2).  

Moreover, in order to understand the resulting product distribution, it should be noted that incomplete 

and complete combustion of compounds in the reaction medium (H2, CH4, hydrocarbons, oxygenates, 

CO) contribute to the formation of CO and CO2, although the rate of these reactions is presumably hardly 

affected by catalyst deactivation compared to reforming and WGS reactions. 

According to the results in section 3, the reaction conditions should be established in order to minimize 

all different deactivation causes. Table 2 summarizes the effect of each reaction condition (temperature, 

space time, S/C and O/C ratio) on the H2 yield and different deactivation causes. Deactivation due to 

changes in the structure of Rh species is hardly affected by reaction conditions, although according to 

Figures 2 and 3 it seems to be slightly attenuated when decreasing temperature and S/C and O/C ratios.40 

Coke deposition is remarkably attenuated when increasing temperature and S/C and O/C ratios 

(conditions favoring the reforming of oxygenates and the combustion/gasification of the coke precursors 
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absorbed on metallic sites).40 Although coke deposition is almost completely avoided at 750 ºC, 

deactivation at this temperature due to Rh sintering becomes significant, almost doubling the Rh particle 

size after 4 h TOS. 

Consequently, in order to obtain a good compromise between the maximum H2 yield and catalyst 

stability, 700 °C is the optimum temperature. The remaining conditions will be determined according to 

economic viability studies and will depend on the working scale. However, the conditions required for 

high catalytic stability are high space time, O/C ratio in the 0.34-0.67 range (the latter corresponding to 

the auto-thermal regime) and moderate S/C ratio (around 6, in order to moderate water consumption for 

water vaporization). 

Table 2 

5. CONCLUSIONS 

Rh supported on CeO2-ZrO2 has a good kinetic behavior for the oxidative reforming of bio-oil. For an 

O/C ratio of 0.34, the catalyst shows full conversion of bio-oil oxygenates at zero TOS in the whole 

range of conditions studied (600-750 ºC; space time, 0.15-0.6 gcatalysth/gbio-oil; S/C ratio, 3-9), and high 

initial H2 yield (between 70 and 80 %), low initial CO yield (below 16 %) and insignificant CH4 and 

hydrocarbons yields. 

Catalyst stability is affected by three different deactivation causes: i) change in the structure of Rh 

species and their interaction with the support (which suffers aging during the reaction), ii) encapsulating 

coke deposition and iii) Rh sintering. They all appear throughout the reaction and both their relative 

importance and evolution depend on the reaction conditions. Consequently, the evolution of bio-oil 

oxygenates conversion and yields of products with TOS may show two consecutive sharp changes. The 

first change is a consequence of changes in the structure of Rh species and in the support (hardly affected 

by the operating conditions in the range studied) and it affects to a greater extent the reforming of 

refractory oxygenates (phenols) and CH4. The second change is mainly due to the formation of 

encapsulating coke, with the effect of Rh sintering being steadily increasing. Coke deposition is 
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considerably attenuated by increasing S/C ratio and, particularly, when temperature is increased, being 

negligible at 750 ºC, even though Rh sintering becomes significant at 750 ºC.  

Consequently, the optimum conditions for the OSR of bio-oil over Rh/CeO2-ZrO2 catalyst, to strike a 

balance between high H2 yield and high catalyst stability correspond to 700 ºC, with high space time (> 

0.6 gcatalyst h/gbio-oil), and moderate S/C ratio (around 6, in order to avoid excessive energy requirement 

for water vaporization).  
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Nomenclature 

CC coke content, wt % referred to mass of catalyst  

Fin, Fout molar flow rate of bio-oil oxygenates at the reactor inlet and outlet, respectively, in C 

equivalent units, mol h-1 

Fi molar flow rate of i carbon containing product at the reactor outlet, in C equivalent units, 

mol h-1 

FH2 molar flow rate of H2 at the reactor outlet, mol h-1 

Fº
H2 stoichiometric molar flow rate of H2 at the reactor outlet, for SR, mol h-1 

O/C oxygen-to-carbon ratio 

PSD particle size distribution 

S/C steam-to-carbon ratio 

TOS time on stream 

Xbio-oil  conversion of bio-oil oxygenates  

YC coke yield, gcoke gbio-oil
-1 

YH2 hydrogen yield  

Yi yield of i carbon containing product (CO, CO2, CH4, C2-C4)  
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Table 1. BET surface area, pore volume and mean pore diameter of the Rh/CeO2-ZrO2 catalyst 

deactivated at different temperatures and S/C ratios, and of the reduced catalyst. Reaction 

conditions: O/C = 0.34, space time = 0.15 gcatalysth/gbio-oil. 

T, ºC S/C SBET, m2g-1 Vpore, cm3g-1 Dpore, nm 
600 6 47.1 0.187 15.9 
700 6 37.9 0.163 17.2 
750 6 41.2 0.184 17.9 
700 3 38.5 0.167 17.4 
700 9 43.3 0.180 16.6 
Reduced (700 ºC, 2h) 76.0 0.261 19.2 

 

 

Table 2. Qualitative effect of the increase in the different operating conditions on the initial H2 yield 

and on the different causes of Rh/CeO2-ZrO2 catalyst deactivation. 

* Not studied  
 

 

  

 Temperature 
(600-750 ºC) 

space time 
(0.15 – 0.60 gcatalysth/gbio-oil) 

S/C ratio 
(3 – 9) 

O/C ratio40 
(0 – 0.67) 

H2 yield ↓ ↑ ↑↑ ↓↓↓ 

Rh structural 
change  ↑ = ↑ ↑ 

Rh sintering ↑↑ * * * 

Coke deposition 
Encapsulating 
Structured 

  
↓↓↓ 

= 

  
↓↓↓↓ 
↓↓↓↓ 

  
↓↓ 
= 

  
↓↓↓ 
↓↓ 
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Figure Captions 

Figure 1. Effect of space time on the evolution with TOS on bio-oil oxygenates conversion and H2 

yield (a) and on the yields of carbons containing products (b-c). Reaction conditions: 700 

ºC; O/C, 0.34; S/C, 6. 

Figure 2. Effect of temperature on the evolution with TOS on bio-oil oxygenates conversion and H2 

yield (a) and on the yields of carbons containing products (b-c). Reaction conditions: space 

time, 0.15 gcatalysth/gbio-oil; O/C. 0.34; S/C, 6. 

Figure 3. Effect of S/C molar ratio on the evolution with TOS on bio-oil oxygenates conversion and 

H2 yield (a) and on the yields of carbons containing products (b-c). Reaction conditions: 

700 ºC; O/C, 0.34; space time, 0.15 gcatalysth/gbio-oil. 

Figure 4. Effect of space time and temperature on the TPO profiles for the catalyst. Reaction 

conditions: O/C, 0.34; S/C, 6; TOS, 4 h. 

Figure 5. Effect of S/C molar ratio on the TPO profiles for the catalyst deactivated in OSR of bio-oil 

at two different values of temperature and space time. Reaction conditions: O/C, 0.34; TOS, 

4 h. 

Figure 6. TPR profiles of fresh catalyst (a), after reduction and storing at room conditions (b), and 

after 40 min TOS (c) and 240 min (d) TOS. Reaction conditions: 700 ºC; space time, 0.15 

gcatalysth/gbio-oil, O/C, 0.34; S/C, 6. 

Figure 7. TEM images and particle size distribution (PSD) of fresh catalyst (a,b) and of deactivated 

catalyst at 600 ºC (c,d) and 750 ºC (e,f). Reaction conditions: space time, 0.15 gcatalysth/gbio-

oil; O/C, 0,34; S/C, 6. 

Figure 8. Deactivation steps and typical evolution with TOS of bio-oil oxygenates conversion and 

yields of products in OSR the bio-oil with Rh/CeO2-ZrO2 catalyst.  
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Figure 2 
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Figure 3 
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Figure 4 
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Figure 5 
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Figure 6 
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Figure 7 
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Figure 8 
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	Nomenclature
	CC coke content, wt % referred to mass of catalyst
	Fin, Fout molar flow rate of bio-oil oxygenates at the reactor inlet and outlet, respectively, in C equivalent units, mol h-1
	Fi molar flow rate of i carbon containing product at the reactor outlet, in C equivalent units, mol h-1
	FH2 molar flow rate of H2 at the reactor outlet, mol h-1
	FºH2 stoichiometric molar flow rate of H2 at the reactor outlet, for SR, mol h-1
	O/C oxygen-to-carbon ratio
	PSD particle size distribution
	S/C steam-to-carbon ratio
	TOS time on stream
	Xbio-oil  conversion of bio-oil oxygenates
	YC coke yield, gcoke gbio-oil-1
	YH2 hydrogen yield
	Yi yield of i carbon containing product (CO, CO2, CH4, C2-C4)



