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ABSTRACT 

A model for simulating the direct synthesis of dimethyl ether (DME) in a packed bed 

membrane reactor (PBMR) has been validated, using a LTA zeolite hydrophilic 

membrane in a lab-scale reaction equipment. In the model, membrane permeability data 

and the kinetic model corresponding to a CuO-ZnO-ZrO2/SAPO-11 catalyst have been 

used. Experimental runs have been carried out under the following conditions: 275-

325 ºC; 20-40 bar; space time, 10 g h (molC)-1; CO2/COx ratio, 0, 0.5 and 1; H2/COx 

ratio, 3. The model is suitable for predicting the molar fractions of the compounds of the 

reaction medium (H2, CO, CO2, H2O, DME, methanol and hydrocarbons) in the reaction 

and permeate sections of the PBMR, and their evolution with time on stream. DME 

yield, CO and CO2 conversions are greater in the PBMR than without using the 

membrane, due to the displacement of the thermodynamic equilibrium by the partial 

separation of H2O from the reaction medium. For H2+CO feeds, the maximum DME 

yield is 68% at 325 ºC and 40 bar with a space time value of 10 g h (molC)-1. Otherwise, 

feeding H2+CO2, CO2 conversion reaches 17%, with a DME yield over 5 %.  

Keywords: DME synthesis, CO2 valorization, membrane reactor, reactor simulation, 

hydrophilic membrane, LTA zeolite. 
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1. Introduction 

Mitigating the serious environmental consequences of greenhouse gas emissions 

requires urgently developing effective technologies for the capture, storage and 

valorization of CO2. The valorization routes receiving most attention are those directed 

to the production of methanol, dimethyl ether (DME), hydrocarbons (gasoline or 

olefins) and CH4 [1-3]. The interest of these routes are related to the prospects for their 

large-scale technological development and the commercial interest of the products as 

fuels or raw materials, in a scenario in which replacing oil with other sources with 

greater availability (such as natural gas) and sustainability (biomass) is a priority. 

The appeal of DME synthesis is based on its potential large-scale use as automotive and 

household fuel [4,5], and as a replacement for methanol as raw material for the 

production of hydrocarbons, especially light olefins [6-8]. The direct synthesis of DME 

by the hydrogenation of CO, CO2 or a mixture of both, takes place on bifunctional 

catalysts through the following individual reactions: 

Methanol synthesis: CO + 2H2 ⇋ CH3OH (1) 

 CO2 + 3H2 ⇋ CH3OH +  H2O (2) 

Methanol dehydration to DME: 2CH3OH ⇋ CH3OCH3 +  H2O (3) 

Water gas shift (WGS): CO + H2O ⇋ CO2 +  H2 (4) 

Hydrocarbons formation (undesired side reaction): 

 CO + 3H2 ⇋ CH4 +  H2O (5) 

 

Performing the dehydration of methanol (catalyzed by the acid function of the catalyst) 

in situ, in the same reactor, displaces the thermodynamic equilibrium of methanol 
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synthesis reactions (on the metallic function). The thermodynamic advantages of the 

direct synthesis of DME over methanol synthesis and over the conventional two-stage 

DME production process facilitate the conversion of CO2 together with syngas and 

decrease the H2 requirement in the feedstock, thus favoring the valorization of syngas 

derived from biomass [9-11]. The ideal reaction pressure and temperature conditions in 

the direct synthesis process are intermediate to the optimum for each individual 

reaction. Moreover, co-feeding CO2 with syngas results in higher H2O concentration in 

the reaction medium. These differences have urged to pay a great deal of attention to 

catalyst preparation, kinetic modeling, and reactor design [12-15]. The changes in the 

reaction medium composition when feeding CO2 and the interactions between the two 

active functions of the catalyst are also features to be controlled in catalysts preparation. 

In this regard, the main challenge is to ensure the catalyst stability, by avoiding 

sintering and coke formation [16-19].  

Kinetic models have been established for the new catalysts and conditions for the direct 

synthesis of DME. These models consider CO2 co-feeding and catalyst deactivation 

[20,21]. And regarding the reactor configurations, packed bed reactors (PBR) have been 

mainly used because multitubular reactors are used industrially for the synthesis of 

methanol [22]. Considering the reaction scheme of the process (Eqs. (1)-(5)), the 

separation of H2O from the reaction medium is a targeted objective aiming at reducing 

the thermodynamic limitations that condition the progress of methanol synthesis (Eqs. 

(1) and (2)) and its dehydration to DME (Eq. (3)). Besides, the concentration of H2O 

has attenuating effects on the kinetics of these stages, as well as on the reverse WGS 

(reverse of Eq. (4)). This occurs because of the competitive adsorption of reactants and 

water on the active sites of the catalysts (metallic and acid) [23,24]. As aforementioned, 

the presence of H2O also favors the sintering of the active sites of the CuO-ZnO 
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metallic function of the catalyst [25]. All in all, the implantation of a membrane in a 

packed bed reactor (PBMR) turns out as a more advanced technological solution in 

terms of scaling-up in comparison with other alternatives studied for the removal of 

H2O from the reaction medium, such as reactive distillation [26] or in situ adsorption 

[27]. 

Zeolite membranes, with uniform pore size, high mechanical strength and chemical and 

thermal stability are the most suitable for operating above 200 ºC. Diban et al. [28] have 

reviewed the applications of zeolites with different crystalline structure (LTA, MFI, 

MOR, MER, PH, CHA) in the estherification of alcohol. Galluci et al. [29] have 

experimentally demonstrated the higher yield of methanol synthesis using a LTA 

membrane. Ferosov et al. [30] have used a LTA membrane (NaA Zeolite) for the 

dehydration of methanol towards DME reaching a methanol conversion of 88 % (80 % 

without membrane). And Gorbe et al. [31] have analyzed the capability of zeolite A for 

the separation of H2O from H2, CO2 and H2O mixtures, with the perspective of its future 

application in methanol synthesis, observing a remarkable limitation of this separation 

above 240 ºC.  

Due to the constraints for the preparation of suitable membranes and their 

implementation in the reactor, the use of a PBMR in the direct synthesis of DME has 

only been studied by theoretical modeling and simulation. The membrane reactor 

simulation study of Iliuta et al. [32] is pioneer in considering CO2 in the feed and 

quantifying the role of the membrane in order to favor the enhancement in methanol 

yield and DME selectivity. These authors have used the kinetics of a CuO-ZnO-

Al2O3/HZSM-5 catalyst and considered the ideal situation where only H2O and H2 are 

affected by the membrane transport. Diban et al. [33] have proposed a more detailed 
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PBMR design model. They have used a kinetic model for a CuO-ZnO-Al2O3/-Al2O3 

catalyst and studied the effect of the membrane transport properties (H2O permeability 

and relative permeation selectivity of the compounds in the reaction medium) on the 

conversion of CO2 and DME yield. These same authors [34] have also studied the 

effects of sweeping conditions, strategies and flowrates on the results. The simulation of 

de Falco et al. [35,36] considers: i) heat balance (different from previous models that 

consider isothermal reactors); ii) the kinetics of a CuO-ZnO-Al2O3/HZSM-5 catalyst 

and; iii) a CO2 flow in the sweep stream (different from the previous models that 

consider the same H2/COx ratio for sweeping and fed to the reaction section).  

In this work, a model for the simulation of the direct DME synthesis process (STD 

process) in a packed bed membrane reactor (PBMR) using a hydrophilic LTA zeolite 

membrane has been validated with experimental runs using a LTA zeolite membrane. 

The main objective of this innovative reactor is the separation of H2O from the reaction 

medium to favor the thermodynamic limitations of the process, especially relevant for 

CO2 containing feedstocks, pursuing the enhancement of DME production and CO2 

conversion. In this way, the accuracy of the PBMR model leads not only to promising 

results in the direct synthesis of DME but also towards the fundamental design of 

PBMRs, targeting improvements in the membrane and operation conditions. 
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2. Experimental 

2.1. Reaction and analysis equipment 

The reaction equipment has been designed, built up and put into operation by modifying 

a commercial equipment for catalytic reactions (Microactivity Reference from PID 

Eng&Tech., Madrid, Spain). The feed gases enter the system through two sets of mass 

flow controllers (Bronkhorst High-Tech B.V. Series). The temperature is controlled and 

monitored by TOHO TTM-005 controllers and measured in both sections (reaction and 

permeation) by K-Type thermocouples. Two transducers (Sensor-Technik-Wiedemann 

GmbH) are used to control the pressure of the system. In turn, a small part of the 

reaction and permeate fluxes (around 1 cm3) are diluted in a He stream and sent to the 

gas chromatograph (micro-GC Agilent 490) to be analyzed continuously in-line every 

2.5 min. The micro-GC is provided with three analysis columns (molecular sieve, 

Porapak Q and Alumina), and further details of the analysis system have been described 

in detail elsewhere [16], [18], [37], [40]. A scheme of the packed bed membrane reactor 

(PBMR) is shown in Fig. 1. It consists of a stainless steel membrane tube (Mott 

Corporation), of 240 mm length (the catalytic bed takes 70 mm) and an inner diameter 

of 9.5 mm (number 3 in the scheme). 
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Fig. 1. Isometric and section view of the packed bed membrane reactor (PBMR). 

 

2.2. Catalyst and membrane 

The bifunctional CuO-ZnO-ZrO2/SAPO-11 catalyst was prepared by dry physical 

mixture of the metallic and acid functions. The preparation of each of the functions has 

been optimized in previous works. From these studies the capacity of ZrO2 for 

stabilizing the metallic function [37,38] and the selectivity and stability of SAPO-11 

[39] are to be highlighted. A mass ratio of 1/2 between these two functions was used, as 

it has been determined to be the optimal [40]. The mixture was finely powdered, 

pelletized, crushed and sieved to 125-500 mm. The most relevant physic-chemical 

properties of each individual function and of the final catalyst are listed in Table S1. 

Prior to the experimental reactions, an in situ reduction of the catalyst with H2 (diluted 

Reaction section

1. Thermocouple

2. Inlet flow (reaction section)

3. Membrane tube

4. Inlet flow (permeate section)

5. Thermal resistance

6. Outlet flow (reaction section)

7. Outlet flow (permeate section)

1

2

3

3

5

4

6

7

Porous region / Membrane support

1

2

4

6

7

3

3

5

.

Permeate section



9 

 

in N2) was carried out in the reactor at 250 ºC. The objective of this step is the complete 

reduction of the CuO species of the metallic function to Cu0 and Cu+, which are the 

active oxidation states for the hydrogenation of CO and CO2 to methanol [41]. 

LTA zeolite was prepared adding a silicate solution into an aluminates solution under 

stirring at room temperature [42]. The resulting solution, with a molar ratio of 3.165 

Na2O:Al2O3:1.926 SiO2:128 H2O, was placed together with the stainless steel support 

(pore diameter 0.5 µm) in a horizontal Teflon-lined stainless steel autoclave 

(HighPreactor BR300, Berghoff) for the hydrothermal synthesis of the zeolite on the 

support. Once the LTA zeolite crystallized on the support (at 110 ºC for 12 h with a 

heating rate of 5 ºC min-1), the membrane was washed with deionized water for several 

times, and then dried at room temperature for 24 h and calcined at 300 ºC before its 

characterization. From CO2 adsorption analysis at 0 ºC, a micropore surface of 

458 m2 g-1 and a pore width of 3.98 Å are determined for the LTA membrane. The 

structure and appropriate crystallization on the support were confirmed by XRD tests. 

As to the permeation and thermal stability regards, the most relevant properties are 

gathered in Table 1 [43]. Let Mi be the mass of each i compound diffusing through the 

membrane of area A in a given time t. Then, Qi is defined as the permeate flux through 

the membrane 

 𝑄𝑖 =
𝑀𝑖

𝐴·𝑡
. (6) 

Besides, the separation factor achieved by the membrane of a binary mixture containing 

the compound i (αi), in this case H2O/ethanol or H2O/methanol, is defined as the 

quotient between the ratio of the molar fractions of both compounds in the permeate (P) 

and in the reaction (R) section. 

 𝛼𝑖 =
(𝑦𝐻2𝑂 𝑦𝑖⁄ )

𝑃

(𝑦𝐻2𝑂 𝑦𝑖⁄ )
𝑅

 (7) 
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where yi is the molar fraction of ethanol or methanol. 

 

Table 1. Pervaporation, vapor permeation and single gas permeation properties of the 

LTA membrane. 

Technique Temperature 

(ºC) 

Composition Feed 

(wt%) 

Permeate 

(wt%) 

Qi 

(kg m-2 h-1) 

αi 

PV 60 
MeOH 

H2O 

90.0 

10.0 

0.75 

99.2 
1.05 1011 

PV 75 
EtOH 

H2O 

90.0 

10.0 

0.47 

99.5 
1.70 2905 

VP 125 
EtOH 

H2O 

90.0 

10.0 

0.19 

99.8 
1.32 3232 

       

  Single gas permeation (10-9 mol m-2 s-1 Pa-1) 

   He H2 CO2 N2 CH4 

 100  2.39 2.90 0.56 0.78 0.93 

SGP 150  3.47 4.60 0.94 1.24 1.61 

 200  9.24 13.2 3.18 3.61 4.34 

        

  Single gas permeation (10-9 mol m-2 s-1 Pa-1) 

  H2 CO CO2 H2O MeOH DME 

SGP* 
275 72 33 140 79 45 9.2 

325 73 33 141 81 50 23.1 

PV: Pervaporation; VP: Vapor Permeation;  SGP: Single Gas Permeation; SGP*: Single Gas 

Permeation feeding mixtures 

 

The individual permeances of the i compounds present in the reaction medium were 

determined from real experimental values and permitted selecting the LTA membrane 

among others (LTX, SOD, MOR). The experiments were conducted using an inert (SiC) 

bed in the PBMR (that is, without catalyst) and the LTA membrane. After assessing gas 
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permeances individually (SGP) at 200 ºC, further tests were carried out under reaction 

temperature conditions, thus, at 275, 300 and 325 ºC (at 1.5 bar). The tests were 

performed using N2 as sweeping gas in the permeate section while feeding the following 

compound mixtures in the same total flow rate (of 60 cm3 min-1): 1) H2 (66 vol%), CO 

(17 vol%) and CO2 (17 vol%); 2) H2O (1 vol%), MeOH (9 vol%) and N2 (90 vol%); 3) 

DME (78 vol%) and N2 (22 vol%). The composition of each section (reaction and 

permeate) was analyzed in the micro-GC previously mentioned in section 2.1. As 

expected, the permeation of all compounds is favored with increasing temperature due 

to the enhanced diffusivity.  

 

2.3. Reaction runs and indices 

After the experimental runs using an inert bed for the characterization of the membrane, 

the catalyst was loaded in the reactor mixed with SiC in order to ensure isothermal 

conditions. After the reduction of the catalyst at 250 ºC (see section 2.2), the 

experimental runs were carried out at the following conditions: 275-325 ºC; 20-40 bar; 

space time of 10 g h (molC)-1; CO2/COx ratio of 0, 0.5 and 1; H2/COx ratio, 3. Please 

note that in all cases, the same concentration of reactants is fed in the reactor and 

permeate sections of the PBMR in order to avoid the diffusion of these compounds 

through the membrane. Analogous runs were performed with a PBR configuration in 

order to compare the results and improvement of the PBMR. The reaction runs were 

monitored by following the yields of products and the conversion of the carbon 

reactants (CO and CO2). Two different flows are analyzed at the outlet of a PBMR 

(reaction and permeate sections). The overall yield of each i product is then calculated 
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considering the total molar flow rates at the inlet and outlet of the reactor in terms of 

contained C units.  

 𝑌𝑖 =
𝑛𝑖𝐹𝑖

𝐹𝐶𝑂𝑥
0 100 (8) 

where ni is the number of carbon atoms of each i product, Fi is the molar flow rate of the 

i product at the outlet of the PBMR and 𝐹𝐶𝑂𝑥

0  the total molar flow rate of COx 

(CO+CO2) in the feed. 

CO2 conversion is defined as: 

 𝑋𝐶𝑂2
=

𝐹𝐶𝑂2
0 −𝐹𝐶𝑂2

𝐹𝐶𝑂2
0 100 (9) 

where 𝐹𝐶𝑂2

0  and 𝐹𝐶𝑂2
 are the molar flow rate of CO2 at the inlet and outlet of the PBMR, 

respectively. This conversion is directly related with the capability of valorizing CO2. 

The conversion of COx is defined by the ratio between the moles of CO and CO2 in the 

feed that have been converted:  

 𝑋𝐶𝑂𝑥
=

𝐹𝐶𝑂𝑥
0 −𝐹𝐶𝑂𝑥

𝐹𝐶𝑂𝑥
0 100 (10) 

where 𝐹𝐶𝑂𝑥
is the molar flow of (CO +CO2) at the outlet of the reactor.  

 

3. Packed bed membrane reactor model description 

3.1. General methodology 

In the isothermal packed bed membrane reactor (PBMR), the permeances of the 

compounds from the reaction to the permeate section (and vice versa) needs to be taken 

into account. Therefore, the simulation of the PBMR is based on solving the 
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convection-dispersion equation for each i compound of the reaction medium. The flow 

geometry of the catalytic bed of the reactor is depicted in Fig. 2, where two concentric 

tubes are observed parallel to the z coordinate. The interphase between the tubes 

represents the LTA membrane, through which the compounds diffuse. 

 

Fig. 2. Schematic geometry of the catalytic bed and description of the molar flows. 

The one-dimension convection-dispersion equation for the concentration of each i 

compound (expressed in terms of partial pressure) in a porous catalytic bed can be 

written as: 

 𝜀
𝜕(𝑃𝑦𝑖)

𝜕𝑡
= −

𝜕

𝜕𝑧
[𝑣𝑃𝑦𝑖 − 𝐷

𝜕(𝑃𝑦𝑖)

𝜕𝑧
] + 𝑠𝑖 (11) 

where  is the effective porosity of the bed, P is the total pressure, yi is the molar 

fraction of each i compound, v is the linear velocity, D is the gas effective dispersion 

coefficient and si is the source term of each i compound. The linear velocity can be 

assumed to be a function of the drop of pressure in the porous bed according to Darcy’s 

law: 
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 𝑣 = −𝑘
𝜕𝑃

𝜕𝑧
 (12) 

where k is a constant related to the permeability and viscosity of the fluid within the 

porous bed and z is the longitudinal position in the catalytic bed. Moreover, the 

variation in the total pressure along the longitudinal position of the PBMR is given not 

only by this convective transport, but also by the consumption, generation and diffusion 

of all gaseous compounds. Therefore, the conservation equation for the total pressure is 

also necessary for the computation: 

 𝜀
𝜕𝑃

𝜕𝑡
=

𝜕

𝜕𝑧
(𝑘

𝜕𝑃

𝜕𝑧
𝑃) + ∑ 𝑠𝑖

𝑛𝑐
𝑖=1  (13) 

where nc is the number of compounds. 

These equations must be solved for each i compound in both reaction (in the inner tube 

with the catalytic bed) and permeate sections (in the outer tube) of the membrane 

reactor. The molar flow rates in a differential reactor portion (dz) are detailed in the 

diagram of Fig. 2. Please note that the subscripts R and P will be respectively used for 

referring to the reaction and permeate sections. Then, the convective-dispersive molar 

transport is quantified by Fi,R and Fi,P, and the source term varies as a function of the 

section. In the reaction section, the source term (si,R) is defined with two different 

components: a first one associated to the generation by chemical reaction (molar flow 

rate Φi in Fig. 2) and a second one related to the diffusion of the compounds through the 

membrane (molar flow rate Ωi in Fig. 2). 

 𝑠𝑖,𝑅 = 𝑅𝑇 (𝜌𝑟𝑖 −
4

𝑑
𝑝𝑖𝛥𝑃𝑖) (14) 

where R is the universal gas constant, T is the temperature, ri is the formation rate of 

each i compound, ρ is the catalytic bed density, d is the diameter of the inner tube of the 
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reactor, pi is the permeance constant of each i compound and Pi is the difference 

between the partial pressures of each i compound in the reaction and in the permeate 

sections. 

On the other hand, the source term in the permeate section only considers the diffusion 

of the compounds from the reaction to the permeate section through the LTA membrane 

(Fig. 2): 

 𝑠𝑖,𝑃 = 𝑅𝑇
4

𝑑
𝑝𝑖𝛥𝑃𝑖 (15) 

For the computation, a vector form of Eq. (11) allows for simultaneously modeling the 

chemical reaction and the deactivation of the catalyst, as previously reported [44]. 

Thereby, in the reaction section, it takes the form: 

 𝜀
𝜕(𝑃𝑅𝐮𝐑)

𝜕𝑡
=

𝜕

𝜕𝑧
[𝑣𝑃𝑅

𝜕𝑃𝑅

𝜕𝑧
𝐮𝐑 ∓ 𝐷

𝜕(𝑃𝑅𝐮𝐑)

𝜕𝑧
] + 𝑅𝑇 (𝜌𝐫𝐜 −

4

𝑑
𝐩 ∘ 𝚫𝐏) (16) 

And in the permeate section: 

 𝜀
𝜕(𝑃𝑃𝐮𝐏)

𝜕𝑡
=

𝜕

𝜕𝑧
[𝑣𝑃𝑃

𝜕𝑃𝑃

𝜕𝑧
𝐮𝐏 ∓ 𝐷

𝜕(𝑃𝑃𝐮𝐏)

𝜕𝑧
] + 𝑅𝑇

4

𝑑
𝐩 ∘ 𝚫𝐏 (17) 

Different vectors of variables are introduced in these equations. Please note that the 

symbol ○ denotes the “element-by-element” multiplication of the vectors. The mixed 

vectors uR and uP contain the following dependent variables: a vector yi of the molar 

fraction of each i compound and the activity of the catalyst (a). In the case of the 

permeate section, the last position of the vector associated with the catalyst activity 

takes the value of zero. PR and PP are the values of the total pressure in each section. In 

a similar manner, rc, p and ΔP are mixed vectors accounting for the formation rate of 

each i compound and deactivation rate, for the permeability of each i compound and for 

the partial pressure gradient between both, respectively. 



16 

 

The matrix-based computation method for solving the system of PDEs is transformed 

into a system of ODEs by the finite differential method proposed by Skeel and Berzins 

[45]. And this system of ODEs is integrated using the matrix computation, initial and 

boundary conditions detailed in the Supporting Information by means of an implicit 

Runge-Kutta method based on the numerical differentiation formulas of orders 1–5, 

specific for solving this kind of stiff equations. 

 

3.2. Consideration of the reaction kinetic model 

The simultaneous computation of the formation rate of each i compound (ri) and the 

catalyst deactivation rate (rd) is allowed because of the definition of the previously 

introduced vector rc in Eq. (16) [44]: 

 𝐫𝐜 = [
𝐫𝐢

rd
] (18) 

The values of these formation rates are calculated from the reaction rates of each j step 

of the kinetic scheme (rj) for the direct DME synthesis process (Eqs. (1)-(5)). Defining 

the mixed vector of reaction and deactivation rates as, 

 𝐫 = [
𝐫𝐣

𝑟𝑑
]. (19) 

The vector of reaction rates is transformed into the vector of formation rates through a 

coefficient matrix A. 

 𝐫𝐜 = 𝐀 𝐫 (20) 
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The expression of each reaction rate gathered in the vector rj is described in Eqs. (21)-

(25), considering the deactivation with the activity parameter (a) [43]. Note that the 

subscript of each equation coincides with the number of the reactions in Eqs. (1)-(5). 

 𝑟1 = 𝑘1 (𝑃𝐶𝑂𝑃𝐻2

2 −
𝑃𝐶𝐻3𝑂𝐻

𝐾1
)

1

1+𝐾𝐻2𝑂𝑃𝐻2𝑂
𝑎 (21) 

 𝑟2 = 𝑘2 (𝑃𝐶𝑂2
𝑃𝐻2

3 −
𝑃𝐶𝐻3𝑂𝐻𝑃𝐻2𝑂

𝐾2
)

1

1+𝐾𝐻2𝑂𝑃𝐻2𝑂
𝑎 (22) 

 𝑟3 = 𝑘3 (𝑃𝐶𝐻3𝑂𝐻
2 −

𝑃𝐶𝐻3𝑂𝐶𝐻3 𝑃𝐻2𝑂

𝐾3
) 𝑎 (23) 

 𝑟4 = 𝑘4 (𝑃𝐶𝑂𝑃𝐻2𝑂 −
𝑃𝐶𝑂2 𝑃𝐻2

𝐾4
)

1

1+𝐾𝐶𝑂2 𝑃𝐶𝑂2

𝑎 (24) 

 𝑟5 = 𝑘5 = 𝛽 (25) 

Each reaction rate is a function of the partial pressure of the reactants and products 

involved in the reaction step, both related by the thermodynamic equilibrium constant of 

the reaction. In Eqs. (21)-(24), the reactions are considered to be elemental. The 

formation rate of CH4 is assumed to be constant, as the experimental data reveal a low 

formation of CH4 independently on the used operation conditions (Eq. (25)). And 

deactivation rate (rd) is directly proportional to the partial pressure of the coke 

precursors (methanol and DME) [20,46]:  

 𝑟𝑑 = −
𝑑𝑎

𝑑𝑡
= 𝑘𝑑(𝑃𝐶𝐻3𝑂𝐻 + 𝑃𝐶𝐻3𝑂𝐶𝐻3

)
1

1+𝐾𝑑,𝐶𝑂2
𝑃𝐶𝑂2 +𝐾𝑑,𝐻2𝑂𝑃𝐻2𝑂

𝑎 (26) 

The kinetic model of the reaction (Eqs. (21)-(26)) has been previously established in a 

PBR for this catalyst [43], and the values of the kinetic parameters (kinetic and 

adsorption equilibrium constants at reference temperature, 275 ºC, activation energies 

and reaction heats) are listed in Table S2.  
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3.3. Calculation of the individual permeances 

The experiments for determining the individual permeances of the compounds in the 

reaction medium were conducted in the PBMR under the conditions previously 

described in Section 2.3. For calculating the values of the i compounds permeances (p) 

it has been assumed that these permeances fit a reparameterized exponential tendency 

with temperature. 

 𝐩 = 𝐩∗ ∘ exp [−
𝚫𝐇𝐝𝐢𝐟𝐟

𝑅
(

1

𝑇∗ −
1

𝑇
)] (27) 

where p* and ΔHdiff are the vectors of permeances at the reference temperature T* and of 

the apparent diffusion heats of each i compound, respectively. 

The values of p* and ΔHdiff have been calculated minimizing an objective function (OF, 

Eq. (28)) defined for minimizing the errors between the experimental data 𝑦𝑖,𝑅
𝑒  and 𝑦𝑖,𝑃

𝑒  

(molar fractions in the reaction and permeate section, respectively) and those calculated 

solving the equations of the PBMR model described in section 3.1 and considering the 

equations and kinetic parameters in sections 3.2 and Table S2, respectively: 

 𝑂𝐹 = ∑ 𝜔𝑖 ∑
𝑅𝑒

𝑛𝑒
[(𝑦𝑖,𝑅

𝑒 − 𝑦𝑖,𝑅)
2

+ (𝑦𝑖,𝑃
𝑒 − 𝑦𝑖,𝑃)

2
]

𝑛𝑒
𝑛=1

𝑛𝑐
𝑖=1

𝑛
 (28) 

where nc is the number of components, ne is the total number of experimental data and 

Re is the number of repetitions of each experiment. ωi is the weight factor of each 

compound, related to the inverse of the variance of each compound according to the 

expression defined by Constantinides and Mostoufi [47]: 

 𝜔𝑖 =

1
𝜎𝑖

2⁄

[
1

∑ ne
𝑛𝑣
𝑚=1

][∑ ∑ (1
𝜎𝑗

2⁄ )
𝑛𝑒
𝑛=1

𝑛𝑣
𝑚=1 ]

 (29) 
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where 𝜎𝑖
2 and 𝜎𝑗

2 are the variances of each curve (distribution of experimental results of 

compound i) in each j reaction stage; ne is the number of experimental points available 

for each curve; and nv is the number of dependent variables being fitted. 

For the application of the model, along with the equations and kinetic parameters 

(defined in section 3.2 and Table S2), the SGP* values of Table 1 have been used as 

initial values to facilitate the calculation. 

The calculated individual permeances at the reference temperature (275 ºC, vector p*) 

and adsorption heat values (vector ΔHdiff) that offer the best fitting are listed in Table 2. 

 

Table 2. Estimated individual permeances at the reference temperature and 

adsorption heat values. 

Compound  pi
* 

(10-9 mol m-2 s-1 Pa-1) 

∆Hdiff, i 

(kJ mol-1) 

H2 39.9 1.68 

CO 39.8 1.56 

CO2 40.4 2.38 

H2O 46.3 1.83 

MeOH 47.1 3.64 

DME 28.5 7.46 

HC 40.0 5.00 

N2 40.0 5.00 

 

The H2O permeance value (46.3·10-9 mol m-2 s-1 Pa-1), is close to the lowest limit of the 

preferred permeability range (50-120·10-9 mol m-2 s-1 Pa-1) reported in the literature by 

Diban et al. [33] for the synthesis of DME. According to these authors, low H2O 

permeability and H2O/H2 permselectivity values are preferred to achieve a commitment 
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between optimal DME and remarkable CO2 conversion at the described operating 

conditions. In contrast to the study of Rohde et al. [48] for Fischer-Tropsch synthesis, 

where high H2O/H2 permselectivity is required for achieving high COx conversion. 

Regarding DME permselectivity (H2O/DME), it is 40 % higher than those of H2O/H2 or 

H2O/CO. However, the low H2O/i permselectivity values achieved, explained by the 

high temperature, reveal the importance of further improving this key property of the 

membrane. On the other hand, the high computed permeability of methanol was 

expected. Asides from being a molecule larger than H2, its polarity favors the absorption 

onto the zeolite membranes as reported by Salomon et al. [49] using zeolite membranes 

in the synthesis of MTBE. 

4. Validation of the model and simulation of the PBMR 

As for qualitatively observing the overall fitting obtained with the model, Fig. S1 shows 

the parity diagrams for each compound in the reaction section whereas Fig. S2 displays 

the data in the permeate section. Considering these figures, it can be concluded that the 

simulation model for the PBMR adjusts appropriately the experimental results, taking 

into account the experimental complexity as well as the estimation of the parameters 

above indicated. Both the reaction and the permeate sections are acceptably described 

with the proposed model. This means that not only the catalyst activity, but also the 

permeability parameters, are suitable to describe the process performance with the 

PBMR within a wide range of conditions. The highest relative deviation is observed by 

the hydrocarbons (Figs. S1g and S2g), nonetheless considering their small 

concentration, the importance of this compound is insignificant in regards to the rest. 

As an example of the model for describing the experimental procedure, Figs. 3 and 4 are 

presented. These figures show the comparison of the experimental results (symbols) and 
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those calculated with the PBMR model (lines) for the evolution with time on stream of 

the compounds molar fractions at the outlet of the reaction (RS, left) and permeate (PS, 

right) sections. The results in Fig. 3 correspond to a H2+CO2 feedstock and 275 ºC for 

different reaction pressures (20-40 bar) and those in Fig. 4 to a H2+CO2 (a and b) and 

H2+CO (c) feedstocks at 300 ºC and various pressures. In addition, it is to be 

highlighted the reduced deactivation of the catalyst in 3 h of time on stream. 
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Fig. 3. Comparison of the evolution with time on stream (TOS) of the experimental 

values of molar fractions (symbols) and those calculated using the PBMR 

model (lines) in the reaction (left) and permeate (right) sections under 

20 bar (a), 30 bar (b) and 40 bar (c). Reaction conditions: feed, H2+CO2; 

275 ºC; 10 g h (molC)-1; H2/COx, 3; CO2/COx, 1. 
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Fig. 4. Comparison of the evolution with time on stream (TOS) of the experimental 

values of molar fractions (symbols) and those calculated using the PBMR 

model (lines) in the reaction (left) and permeate (right) sections for 

CO2/COx, 1 under 20 bar (a) and 40 bar (b); and for CO2/COx, 0 under 
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40 bar (c). Reaction conditions: feed, H2+CO2+CO; 300 ºC; 10 g h (molC)-1; 

H2/COx, 3. 

 

As observed, H2O is the most permeating compound due to the hydrophilic nature of the 

LTA membrane. Indeed, practically equal concentrations of this compound are detected 

in both sections of the reactor (reaction and permeate) as theoretically expected. 

Besides, although in a lower extent, the rest of the compounds do also permeate through 

the membrane at these temperatures, as it could be expected from the permeation 

parameters listed in Table 2. In the results in Fig. 4a, the relevant role of H2O on the 

catalyst deactivation can be observed. Unlike for H2+CO2 feeds (Fig. 3 and Figs. 4a and 

b), a remarkable decay in DME concentration can be observed for H2+CO feeds (Fig. 

4c). This is a consequence of the higher coke deposition under these conditions, caused 

by the higher presence of oxygenates in the medium, which are known to be responsible 

for coke formation in this process [46]. 

The capacity of the model to predict the macroscopic results such as DME yield or CO2 

conversion is useful and has also been studied. For illustrating the differences between 

the reaction medium in a PBR and in a PBMR, Fig. 5a shows the comparison of the 

molar fraction of H2O in the reaction medium of a PBR with that of the reaction section 

of the PBMR (in the same reaction conditions as in Fig. 4). Besides, DME yield is also 

compared for the same conditions (Fig. 5b) to assess the impact of partially removing 

H2O from the medium. Comparing the results, H2O concentration in the reaction section 

is 6 % lower in the PBMR configuration at 40 bar for CO2/COx ratios in the feed of 1, 

and 5.8 % lower at 20 bar (Fig. 5a). For syngas feeds, that is, CO2/COx ratio of 0, the 

difference surpasses 3.5 % (at 40 bar, Fig. 5a). Although these numbers could be 

interpreted as meaningless, this H2O removal results in DME yield upgrade up to 



25 

 

64.8 %, 61.5 % and 36.9 %, respectively (Fig. 5b), highlighting the strong influence of 

the membrane on DME production. 
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Fig.5. Comparison of the H2O molar fraction in the reaction section (a) and DME 

yield (b) at zero time on stream for the PBMR and the PBR. Reaction 

conditions: 300 ºC; 20 and 40 bar; space time, 10 g h (molC)-1; H2/COx, 3; 

CO2/COx, 0 and 1. 
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In Fig. 6, the evolution with temperature of the experimental DME yields (symbols) are 

compared to those predicted by the model for the PBMR (continuous lines). These 

results correspond to 30 bar (Fig. 6a) and 40 bar (Fig. 6b) and in both cases for 

CO2/COx ratios in the feed of 0, 0.5 and 1. Additionally, on the same graphs the results 

of the PBR simulation are depicted (dashed lines), to be used as reference for observing 

the advantage of using the PBMR. This data has been calculated using a kinetic model 

established in a PBR reactor for the same catalyst, previously reported elsewhere [43]. 

A good fitting is observed in Fig. 6 between the experimental results of the PBMR and 

those predicted by the model. These results show the higher yield of DME predicted in 

the PBMR, where DME yield reaches a 44.4 % at 30 bar and 325 ºC for H2+CO feeds 

(Fig. 6a). Increasing reaction pressure to 40 bar boosts this yield to 68.0 % (Fig. 6b). 

Under these conditions, the increase of DME yield in the PBR is of 35 % (from 31.0 % 

to 41.9 %). By increasing the CO2 content in the feed, the DME yield diminishes, and 

its maximum is found at a lower temperature, 275 ºC for the H2+CO2 feed. Likewise, 

the prediction of methanol yield with the model (Fig. S3) is in accordance with the 

experimental results, being this yield higher in the PBMR than in the PBR. 



27 

 

250 275 300 325
0

20

40

60

80

100

250 275 300 325
0

20

40

60

80

(b)

CO
2
/CO

x
  PBR          PBMR

     0                  

    0.5                

     1                 

                     Model            Exp.

 

 

Y
D

M
E
 (

%
)

Temperature (ºC)

(a)

 

 Y
D

M
E
(%

)

Temperature (ºC)

 

 

Fig. 6. Evolution with temperature of the DME yields estimated by the model 

(lines) for the PBMR (continuous) and the PBR (dashed), and the 

experimental values (symbols) obtained with the PBMR under 30 bar (a) 

and 40 bar (b). Reaction conditions: space time, 10 g h (molC)-1; H2/COx, 3; 

CO2/COx, 0-1. 

 

The calculated and simulation results of the CO2 conversions evolution with the 

reaction temperature are compared in Fig. 7 for a CO2/CO ratio in the feed of 0.5. 

Similarly to Fig. 6, the results correspond to a space time of 10 g h (molC)-1. The results 



28 

 

for the simulation of a PBR are also shown. The gain in CO2 upon increasing 

temperature is almost linear, achieving values of 16 % at 30 bar and 325 ºC. However, 

the greatest difference with respect to the PBR is reached at 300 ºC. Based on these 

results, a DME yield of ca. 24% and a CO2 conversion of 17% are obtained for 

H2+CO+CO2 feeds with a CO2/COx ratio of 0.5 at 40 bar and 325 ºC. 
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Fig. 7. Evolution with temperature of the CO2 conversion estimated by the model 

(lines) for the PBMR (continuous) and the PBR (dashed), and the 

experimental values (symbols) obtained with the PBMR under 30 bar (a) 

and 40 bar (b). Reaction conditions: space time, 10 g h (molC)-1; H2/COx, 3; 

CO2/COx, 0.5 

As an application of the PBMR model to progress towards the development of the 

PBMR technology, the effect of space time on DME yield (Fig. 8a) and on CO2 

conversion (Fig. 8b) is calculated by maintaining the geometry (length/diameter ratio) 

of the experimental reactor. The results evidence how the increase in space time, 

regarding the highest values used in the experiments (10 g h (molC)-1), allows rising 

notably DME yield for different values of CO2/COx ratio (Fig. 8a). Furthermore, it is 
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remarkable that the advantage of the PBMR with respect to the PBR is greater by 

increasing the space time. The enhancement in DME yield predicted by the model is a 

consequence of the alteration of the thermodynamic equilibrium that leads to a pseudo-

equilibrium state, which will be characteristic of the applied membrane and the reaction 

and permeation conditions. This greater DME yield per pass with a higher space time 

has a significant impact on the reaction economy, since it will allow reducing the 

recirculation of the gas flows until achieving an optimal DME yield. 

Nevertheless, the increase in space time above 10 g h (molC)-1 slightly enhances CO2 

conversion for CO2/COx ratios of 0.5 and 1 (Fig. 8b). The superior conversion of CO2 

obtained with the PBMR over the PBR is noteworthy. The extent of the formation of 

DME in the latter has an unfavorable effect on the conversion of CO2 because the 

higher concentration of H2O favors the formation of CO2 through the WGS reaction. 

This situation is avoided in the PBMR with the separation of H2O from the reaction 

medium. 
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Fig. 8. Evolution with space time of DME yield (a) and CO2 conversion (b) 

estimated by the PBMR (continuous) and PBR (dashed) models. Reaction 

conditions: 30 bar; 325 ºC; H2/COx, 3. 
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Conclusions 

The proposed design model for the direct synthesis of DME in a packed-bed membrane 

reactor (PBMR), allows predicting the composition of the reaction medium and its 

evolution over time on stream in a wide range of conditions. The model uses the 

experimental results of the transport parameters of an LTA membrane and the kinetic 

model of the CuO-ZnO-ZrO2/SAPO-11 catalyst. 

The PBMR allows obtaining a high yield of DME at higher temperature and space time 

than with the packed-bed reactor without membrane (PBR) due to the lower 

thermodynamic limitation. Within the conditions range in which the experimental work 

has been carried out, with a space time of up to 10 g h (molC)-1, the simulations predict a 

higher production of DME with the PBMR. Improvement ranges from 3 % to 5 % in 

low DME yield conditions (300 ºC and CO2/COx = 1) and from 22 % to 30 % for 

conditions in which high yield is attained (325 ºC and CO2/COx = 0). A maximum DME 

yield of 68% is obtained for H2+CO feeds at 325 ºC and 40 bar, whereas a CO2 

conversion of 17% with a DME yield over 5 % is observed for H2+CO2 feeds. The 

simulation predicts a significant gain in the yield of oxygenates by increasing space 

time above that experimentally studied, and also a greater difference in this production 

with respect to that obtained in PBR. The highest DME yield obtained per pass will be a 

significant economic advantage as less intensive recirculation of the unreacted gas 

stream is required. 

Although the use of an inorganic hydrophilic membrane at temperatures up to 325 ºC is 

a relevant milestone and especially for reaction systems with oxygenates and water, it is 

to be expected that improvements will be made in the preparation of LTA membranes, 

and in the selection and preparation of other zeolite membranes with higher H2O perm-
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selectivity and in their future implantation in the reactor. Furthermore, the study of 

different flow alternatives in the permeate will be interesting, as well as the simulation 

of the recirculation in order to increase the production of oxygenates or of CO2 

conversion. 
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Nomenclature 

A Membrane surface, m2 

a Activity parameter 

D Gas effective dispersion coefficient, m2 h-1 

d Reactor diameter, m 

𝐹𝐶𝑂2

0 , 𝐹𝐶𝑂2
  Carbon molar flow rate of CO2 at the inlet and outlet of the 

PBMR, molC h-1 

𝐹𝐶𝑂𝑥

0 , 𝐹𝐶𝑂𝑥
 Carbon molar flow rate of the CO + CO2 mixture at the inlet and 

outlet of the PBMR, molC h-1 

Fi Carbon molar flow rate of each i compound at the outlet of the 

reactor, molC h-1 
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Fi,R, Fi,P Carbon molar flow rate of each i compound in the reactor and 

permeate sections, respectively, molC h-1 

𝐾𝐶𝑂2
, 𝐾𝐻2𝑂

 Adsorption equilibrium constant related to the attenuation of 

reaction rate by CO2or H2O, respectively, bar-1 

𝐾𝑑,𝐶𝑂2
, 𝐾𝑑,𝐻2𝑂

 Adsorption equilibrium constant related to the attenuation of 

deactivation rate by CO2or H2O, respectively, bar-1 

k Darcy’s law constant, m2 h-1 bar-1 

kd Deactivation kinetic constant, bar-1 h-1 

kj
 Kinetic constant of each j reaction  

Kj
 Equilibrium constant of each j reaction step of the kinetic 

scheme 

Mi Total weight of the i compound permeate, kg 

nc, ne, ni, nv Number of compounds in the model, number of experiments , 

number of carbon atoms in each i compound and number of 

variables being fitted, respectively 

OF Objective function  

P, Pi Total pressure and partial pressure of each i compound, bar 

PR, PP Total pressures at the reaction and permeate sections, 

respectively, atm 

pi, pi
* Permeance and permeance at the reference temperature of each i 

compound, mol m-2 h-1 bar-1 

Qi Permeate flux of each i compound through the membrane, kg·m-

2·h-1 

R Universal gas constant 

Re Number of repetitions of each n experimental condition 
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rd Deactivation rate, h-1 

ri Formation rate of each i compound, molC g-1 h-1 

rj Reaction rate of each j step of the kinetic scheme 

si,R, si,P
 Source term in the reaction and permeate sections, respectively, 

bar h-1 

T, T* Temperature and reference temperature, respectively, K 

t Time, h 

𝑋𝐶𝑂2
, 𝑋𝐶𝑂𝑥

 CO2 and CO+CO2 mixture conversions expressed in C units, 

respectively 

Yi Yield of each i compound expressed in C units 

yH2O Molar fraction of H2O 

yi, Molar fraction of each i compound expressed in C units 

𝑦𝑖,𝑅
𝑒 , 𝑦𝑖,𝑃

𝑒   Experimental molar fraction of i compound at n experimental 

condition in the reaction and permeate sections, respectively, 

expressed in C units 

𝑦𝑖,𝑅 , 𝑦𝑖,𝑃
 Calculated molar fraction of i compound at n experimental 

condition in the reaction and permeate sections, respectively, 

expressed in C units 

z Longitudinal position in the catalytic bed  

 

Abbreviations  

COx CO + CO2 mixture 

DME, EtOH, HC, MeOH Dimethyl ether, ethanol, hydrocarbons and methanol, 

respectively 
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PBMR, PBR Packed bed membrane reactor and packed bed reactor, 

respectively 

PS, RS Permeation section and reaction section, respectively 

TOS Time on stream, h 

 

Greek symbols 

αi Separation factor of a binary mixture containing the i compound 

on a membrane 

β Formation rate of hydrocarbons, molC g-1 h-1 

ΔHdiff,i Heat associated with the diffusion through the membrane of 

each i compound, kJ·mol-1 

ΔPi Difference between the partial pressure of compound i in the 

reactor and permeate sections, bar 

ε Effective porosity of the catalytic bed 

ρ Catalyst bed density, g m-3 

i, j Variances of the experimental results of compound i in each j 

reaction stage 

ν Gas linear velocity, m·h-1 

Φi Carbon molar flow rate of each i compound generated by 

chemical reaction, molC h-1 

Ωi Carbon molar flow rate of each i compound through the 

membrane, molC h-1 

ωi Weight factor for each i compound 
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Vector and matrices 

ΔHdiff Vector of heats associated with the diffusion through the 

membrane of each i compound, kJ mol-1 

ΔP Vector of pressure differences between the reaction and 

permeate sections for each i compound, respectively, bar 

A C balance coefficient matrix 

p, p* Vectors of permeances and of permeances at the reference 

temperature of each i compound, respectively, mol m-2 h-1 bar-1 

r Vector containing the reaction rates of each j step of the kinetic 

scheme and the deactivation rate 

rc Vector containing the reaction rates of each i compound and the 

deactivation rate 

ri Vector of the formation rates of each i compound, molC g-1 h-1 

rj Vector of the reaction rates of each j step of the kinetic scheme 

uR, uP Vector of dependent variables for the reaction and permeate 

sections, respectively 

yi Vector of the molar fraction of each i compound expressed in C 

units 
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S1. Catalyst properties 

 

Table S1. Textural, metallic and acid properties of the metallic and acid functions and 

the catalyst 

Property CuO-ZnO-ZrO2 SAPO-11 CZZr/S-11 

N2 adsorption-desorption isotherm    

      SBET (m2 g-1) 109 126 122 (60) 

      Vmicropore (cm3 g-1) 0.003 0.037  0.029 (0.014) 

      Vmesopore (cm3 min-1) 0.267 0.214  0.170 (0.140) 

N2O chemisorption (metallic function) 
  

 

      SCu (m
2 gCu

-1) 17.1  53.5 (41.3)** 

      S’Cu (m
2 gcat

-1) 5.9  6.3 (6.1)** 

      Cu dispersion (%) 2.6  8.2 (6.1)** 

NH3 adsorption-desorption (acid function) 
  

 

      Total acidity (mmolNH3 g
-1)  0.19 0.17 (0.14) 

      Average acid strength (kJ mol-1)  98 85 (72) 

* In brackets the value of the catalysts used in reactions under the following 

conditions: 300 ºC; 30 bar; 10 g·h·(molC)-1; H2/COx, 3; CO2/COx, 0.5; TOS, 5 h. 

**Properties partially masked by coke deposition. 

  



S2. Integration method, initial and boundary conditions 

The matrix-based calculation method for solving the system of PDEs (each row 

corresponds to a compound, being the last two ones referred to the catalyst activity and 

the total pressure) consists of solving in parallel the following matrix system of 

equation, in the case of the reactor:  
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And in the permeate section: 
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In order to solve the system of ODEs, after the transformation of the system of PDEs in 

Eqs. (S1) and (S2), initial and boundary conditions are required. Then, given the three 

dependent variables yi(z,t), a(t), and P(z,t), the initial conditions are described as 

  ,0 i 0y yz  (S3) 

  0 1a  (S4) 
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in
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where y0 is the vector of molar fractions of each i compound at zero time on stream, Pin 

is the pressure at the inlet of the reactor and(Pz) function of the pressure drop along the 

total length of catalytic bed (L). Please note that the initial conditions are analogous for 

both reaction and permeate sections in case of molar fractions and pressure. However, 

in the absence of catalyst, reactions kinetics are not computed in the permeate section 

and solving the deactivation equation is not required. Therefore, an initial condition for 

the activity is not necessary. 

As the gas linear velocity at the inlet of the reactor is known (vin), Robin and Neumann 

boundary conditions are used for the molar fraction of each i compound: 
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Due to the absence of dispersion term in the conservation equation for the total pressure, 

Dirichlet boundary conditions are directly used 

  0  inP ,t P  (S8) 
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S3. Matrix of coefficients for the computation of the formation and deactivation 

rates. 

The reaction scheme for the direct synthesis of DME implies the five steps described in 

Eqs. (1)-(5) of the main manuscript. Taking into consideration the reaction steps 

stoichiometry, the reaction rate vector and the coefficient matrix 
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S4. Kinetic parameters of best fitting for experimental data collected in a PBR 

configuration 

 

Table S2. Calculated kinetic and adsorption constants at reference temperature (275 ºC), 

activation energy and adsorption heat values. 

Kinetic parameters Units Value 

1

*k  molC g
-1 h-1 bar-3 5.89·10-6 

2

*k  molC g
-1 h-1 bar-4 4.45·10-7 

3

*k  molC g
-1 h-1 bar-2 2.57·10-2 

4

*k  molC g
-1 h-1 bar-2 2.86·100 

β molC g
-1 h-1  4.24 10-7 

E1 kJ mol-1 8.54·101 

E2 kJ mol-1 5.44·101 

E3 kJ mol-1 5.52·101 

E4 kJ mol-1 5.06·101 

2H O

*K  bar-1 3.40·100 

2CO

*K  bar-1 2.63·10-1 

2H OH   kJ mol-1 9.29·10-2 

2COH  kJ mol-1 8.16·10-2 

*

dk  h-1 bar-1 1.31·10-1 

Ed kJ mol-1 2.74·10-1 

2,H O

*

dK  bar-1 1.32·10-2 

2,CO

*

dK  bar-1 1.27·10-2 

2,H O dH  kJ mol-1 5.36·10-1 

2,CO dH  kJ mol-1 1.36·100 

Error  3.74·10-3 

Residual variance  3.76·10-5 

 

  



S5. Model validation with experimental data 
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Fig. S1. Fitting of the experimental values of products molar fractions to those 

calculated with the PBMR model in the reaction section. H2 (a), CO (b), 

CO2 (c), H2O (d), MeOH (e), DME (f) and N2 (g). 



0.5 0.6 0.7 0.8 0.9 1
0.5

0.6

0.7

0.8

0.9

1

0 0.1 0.2 0.3
0

0.1

0.2

0.3

0 0.1 0.2 0.3
0

0.1

0.2

0.3

0 0.02 0.04 0.06 0.08
0

0.02

0.04

0.06

0.08

0 4.0x10
-3

8.0x10
-3

1.2x10
-2

0

4.0x10
-3

8.0x10
-3

1.2x10
-2

0 0.01 0.02 0.03 0.04 0.05
0

0.01

0.02

0.03

0.04

0.05

0 1.0x10
-3

2.0x10
-3

3.0x10
-3

0

1.0x10
-3

2.0x10
-3

3.0x10
-3

 

 

y
H

2
 m

o
d

el

y
H2

 experimental

(a) (b)

 

 

y
C

O
 m

o
d

el

y
CO

 experimental

(c)

 

 

y
C

O
2
 m

o
d

el

y
CO2

 experimental

(d)

 

 

y
H

2
O
 m

o
d

el

y
H2O

 experimental

(e)

 

 

y
M

eO
H
 m

o
d

el

y
MeOH

 experimental

(f)

 

 

y
D

M
E
 m

o
d

el

y
DME

 experimental

(g)

 

 

y
H

C
 m

o
d

el

y
HC

 experimental

 

Fig. S2. Fitting of the experimental values of products molar fractions to those 

calculated with the PBMR model in the permeate section. H2 (a), CO (b), 

CO2 (c), H2O (d), MeOH (e), DME (f) and N2 (g). 
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Fig. S3. Evolution with temperature of the MeOH yield estimated by the model 

(lines) for the PBMR (continuous) and PBR (dashed), and the experimental 

values (symbols) obtained with the PBMR under 30 bar (a) and 40 bar (b). 

Reaction conditions: space time, 10 g h (molC)-1; H2/COx, 3; CO2/COx, 0-1. 

 

  



Additional nomenclature 

Ej Activation energy of each j step of the kinetic scheme, kJ mol-1 

Ed Activation energy of deactivation, kJ mol-1 

2 2

* *

,CO ,H O,d dK K   Adsorption equilibrium constant at reference temperature related 

to the attenuation of deactivation rate by CO2 or H2O, 

respectively, bar-1 

2 2

* *

CO H O,K K   Adsorption equilibrium constant at reference temperature related 

to the attenuation of reaction rate by CO2 or H2O, respectively, 

bar-1 

kd
* Deactivation kinetic constant at the reference temperature, 

respectively, atm-1 h-1 

kj
* Kinetic constant of each j step of the kinetic scheme at the 

reference temperature 

L Reactor bed length, m 

Pin Pressure at the inlet of the reactor, bar 

SCu, S’Cu Cu surface area expressed as m2 gCu
-1 and m2 gcat

-1, respectively 

SBET BET specific surface area, respectively, m2 g-1 

Vmesopore, Vmicropore Mesopore and micropore volume, respectively, cm3 g-1 

y0 Vector of the initial molar fractions of each i compounds 

expressed in C units 

ΔHi, ΔHd,i Adsorption heat of each i compound related to the attenuation of 

the reaction and deactivation rates, respectively, kJ mol-1 

ΔPz Pressure drop along the length of the catalytic bed, bar 

νin Gas linear velocity at the inlet of the PBMR, m h-1 

 




