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Abstract 7 

The effect of reforming conditions (temperature, space time and steam/biomass ratio 8 

(S/B)) has been studied in the continuous biomass pyrolysis and in-line catalytic steam 9 

reforming process in order to establish suitable conditions for attenuating the 10 

deactivation of a commercial Ni catalyst by coke deposition. The experiments have 11 

been performed in a conical spouted bed and a fluidized bed reactor for the pyrolysis 12 

and reforming steps, respectively. Biomass fast pyrolysis was performed at 500 ºC and 13 

the reforming operating conditions studied are as follows: 550-700 ºC; space-time, 10-14 

30 gcatalyst min gvolatiles-1, and; S/B ratio, 2-5. The coke deposited on the catalyst has been 15 

analyzed by temperature programmed oxidation (TPO), and two types of coke have 16 

been identified, i.e., the coke deposited on the Ni active sites and the one separated from 17 

these sites, without filamentous coke being observed by transmission electron 18 

microscopy (TEM). Coke deposition has been related to the decomposition of the 19 

oxygenates derived from biomass pyrolysis and the re-polymerization of phenolic 20 

oxygenates. Suitable conditions to achieve almost full conversion with a H2 yield of up 21 

to 95 % and stability for 160 min on stream, the following have been established: 600 22 

ºC, space time of 30 gcatalyst min gvolatiles-1 and S/B ratio of 3. 23 

Keywords: biomass; pyrolysis; reforming; hydrogen; deactivation; bio-oil 24 

1. Introduction25 

Renewable fuels have attracted significant interest over the last years due to the 26 

environmental problems related to the massive use of petroleum based fuels, such as 27 

global warming and climate change [1]. In this scenario, biomass is considered one of 28 

the most important renewable raw materials with virtually no net contribution to global 29 
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greenhouse gas [2]. Thermochemical routes (such as gasification and fast pyrolysis) are 30 

regarded as the best strategies in terms of their scalability for conversion of biomass 31 

into bio-fuels [3]. High bio-oil yields can be obtained at moderate temperatures (around 32 

500 ºC) from different types of biomasses and in a delocalized way by using simple 33 

design fast pyrolysis technologies [4,5]. 34 

Amongst the different alternatives for bio-oil valorization, steam reforming has received 35 

increasing attention for sustainable H2 production [6-8]. The main interest of this 36 

process lies in its contribution to attenuating the current CO2 emissions (produced from 37 

CH4 reforming). Moreover, the bio-oil dehydration step, which is required for its 38 

valorization as fuel, is not needed for reforming. Nevertheless, several challenges 39 

should be faced to avoid bio-oil handling problems in the reforming process [9,10]. 40 

Thus, in order to avoid these problems and those related to bio-oil storage, the 41 

capability of pyrolysis-reforming of biomass for H2 production has been recently proven 42 

by several authors [11-14] by combining two in-line reactors for biomass fast pyrolysis 43 

and the subsequent reforming of volatiles, which allow obtaining a H2-rich gaseous 44 

product.  45 

In previous papers, the good behaviour of the pyrolysis-reforming process by means of 46 

a conical spouted bed reactor (CSBR) and an in-line fluidized bed reactor (FBR) has 47 

been verified for different feeds, such as biomass [13], high density polyethylene 48 

(HDPE) [15], polystyrene (PS) [16] and biomass/HDPE mixtures [17]. In these studies, 49 

the performance of the CSBR is proven for pyrolysis of irregular texture or/and sticky 50 

materials, specifically for biomass [18-20]. Besides, the FBR is a suitable reactor for 51 

reforming, as it allows attaining a homogeneous temperature and attenuating operational 52 

problems reported in the literature for fixed bed reactors due to the high amount of coke 53 

deposited on the catalyst [21]. 54 

Nevertheless, the deactivation of the catalyst is a determining factor for its selection, 55 

reactor design, establishment of the optimum operating strategy and viability of 56 

pyrolysis-reforming of biomass when scaling up. Although pyrolysis-reforming studies 57 

dealing with the characterization of deactivated catalysts are very scarce in the 58 

literature, it is well-established that coke deposition is the main deactivation cause of Ni 59 

based catalysts [22-25]. The deactivation rate is a consequence of coke formation and 60 

gasification rates, which are influenced by reaction conditions [26,27].  61 
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The aim of this study is to investigate the effect reforming temperature, space time and 62 

steam/biomass (S/B) ratio have on the reforming products and especially, on catalyst 63 

deactivation, with the purpose of establishing suitable conditions for attenuating this 64 

problem. Moreover, coke content and type have been determined by temperature 65 

programmed oxidation (TPO) and transmission electron microscopy (TEM), in order to 66 

understand the role of coke in catalyst deactivation. 67 

2.  Experimental 68 

2.1. Materials 69 

Table 1 shows the properties of the pine wood sawdust used in this study (particle size 70 

in the 1-2 mm range), which have been determined by ultimate and proximate analyses 71 

by means of a LECO CHNS-932 elemental analyzer and a TGA Q5000IR 72 

thermogravimetric analyzer, respectively. Moreover, a Parr 1356 isoperibolic bomb 73 

calorimeter has been used for the measurement of the higher heating value (HHV). 74 

Table 1. Properties of the pine wood sawdust used in the study. 75 

Ultimate analysis (wt %)  

Carbon 49.33 
Hydrogen 6.06 
Nitrogen 0.04 
Oxygen 44.57 
Proximate analysis (wt %)  

Volatile matter 73.4 
Fixed carbon 16.7 
Ash 0.5 
Moisture 9.4 
HHV (MJ kg-1) 19.8 

 76 

In addition, a commercial catalyst (G90-LDP) for CH4 reforming has been used in the 77 

reforming step of biomass pyrolysis volatiles, which has been supplied by Süd Chemie 78 

(Germany) in the form of ribbed-rings having 10 hole ring shape and 19 x 16 mm size. 79 

Nevertheless, a particle size between 0.4 and 0.8 mm was required to attain a stable 80 

fluidization regime in the FBR, and therefore the catalyst had to be ground and sieved to 81 
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that particle size. The chemical formulation of the catalyst is based on NiO (nominal 82 

content of 14 wt %), CaAl2O4 and Al2O3. The results obtained by N2 adsorption-83 

desorption technique (Micromeritics ASAP 2010) have been reported in previous 84 

studies [21,28] and revealed a low BET surface area of the catalyst (19 m2 g-1) and an 85 

average pore diameter of 122 Å. 86 

Moreover, the catalyst has been reduced in-situ by feeding a 10 vol % H2 at 710 ºC for 4 87 

h. The reduction temperature was determined by the results obtained in an AutoChem II 88 

2920 Micromeritics by temperature programmed reduction (TPR), with the results being 89 

available in previous papers by the research group [21,28]. Two main peaks were 90 

observed at around 550 and 700 ºC, which were related to the reduction of NiO and 91 

NiAl2O4 phases, respectively. 92 

2.2 Reaction equipment 93 

The bench scale laboratory plant used for pyrolysis-reforming of biomass is provided 94 

with the following elements: pyrolysis reactor (conical spouted bed reactor, CSBR) and 95 

catalytic reforming reactor (fluidized bed reactor, FBR). These devices together with all 96 

interconnection pipes are located inside a forced convection oven in order to maintain 97 

the box temperature at 300 ºC and avoid the condensation of heavy compounds 98 

upstream and downstream the FBR, which in the latter case is essential to avoid the 99 

condensation of volatile products prior to their chromatographic analysis. The overall 100 

scheme of the plant is shown in Figure 1. 101 
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 102 

Figure 1. Scheme of the laboratory scale pyrolysis-reforming plant. 103 

The CSBR has been previously used by the research group in the pyrolysis and 104 

gasification of biomass [18,20,29], plastics [30-32] and tyres [33,34] and has been 105 

designed with the following dimensions: height of the conical section, 73 mm; diameter 106 

of the cylindrical section, 60.3 mm, angle of the conical section, 30 º; diameter of the 107 

bed bottom, 12.5 mm, and; diameter of the gas inlet, 7.6 mm. Moreover, a gas preheater 108 

is located below the CSBR, which consists of a stainless steel cylindrical shell, with 31 109 

mm in height and 27 mm in internal diameter. It is filled with stainless steel pipes that 110 

increase the surface area for heat transfer and heat the gases to the reaction temperature. 111 

Both the CSBR and gas preheater are located inside a 1250 W oven, which provides the 112 

heat required to reach the reaction temperature and preheat the gaseous stream to the 113 

reaction temperature. Moreover, the char formed is continuously removed from the 114 

pyrolysis reactor by means of a lateral outlet pipe to avoid its accumulation in the bed 115 

(see Figure 1). 116 
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A FBR with a length of 440 mm and an internal diameter of 38.1 mm has been used for 117 

the in-line catalytic reforming of biomass pyrolysis volatiles. The reactor is located 118 

inside a 550 W oven, and provides the heat required to maintain the reaction 119 

temperature, which is controlled by a thermocouple inside the catalyst bed. 120 

The biomass feeding system consists of a cylindrical vessel equipped with a vertical 121 

shaft connected to a piston placed below the biomass bed. While the piston rises, the 122 

whole system vibrates and the feeding is discharged through a pipe cooled with tap 123 

water. A Gilson 307 pump has been used to supply the reactor with water, which is 124 

vaporized prior to entering the gas preheater in a heating cartridge located inside the hot 125 

box.  126 

Moreover, the pilot plant is provided with a solid-gas separation system equipped with a 127 

cyclone and a filter, in order to remove the char and sand particles entrained from the 128 

pyrolysis reactor and the small particles of the catalyst entrained by attrition in the 129 

reforming reactor, respectively. In addition, the liquid-gas separation system is provided 130 

with a condenser and a coalescence filter. 131 

2.3 Product analysis 132 

The in-line analysis of the volatiles derived from the reforming reactor has been carried 133 

out by means of a GC Agilent 6890, which is equipped with a HP-Pona column and a 134 

flame ionization detector (FID). A sample of the reforming reactor outlet stream (prior 135 

to condensation) has been injected into the gas chromatograph by means of a line 136 

thermostated at 280 ºC. On the other hand, the non-condensable gases (H2, CO2, CO, 137 

CH4 and C2-C4 hydrocarbons) have been analyzed in-line in a micro GC Varian 4900, 138 

once the outlet stream of the reforming reactor has been condensed and filtered.  139 

The coke content deposited on the catalyst has been studied at the end of the continuous 140 

runs by temperature programmed oxidation (TPO) in a thermobalance connected to a 141 

Balzers Instruments Thermostar mass spectrometer. Given that the Ni on the catalyst is 142 

oxidized together with the carbonaceous coke, this procedure allows monitoring CO2 143 

formation throughout the TPO runs. The procedure used is as follows: (i) signal 144 

stabilization with a He stream (10 mL min-1) at 100 ºC, and (ii) oxidation with air (50 145 

mL min-1) following a ramp of 5 ºC min-1 to 800 ºC, which has been kept for 30 min to 146 
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guarantee total coke combustion. In addition, the nature of the coke deposited has been 147 

analyzed by transmission electron microscopy (TEM) images (Philips CM200). 148 

2.4. Experimental conditions 149 

In order to set suitable operating conditions in the pyrolysis step, the selected 150 

temperature has been 500 ºC, given that below this temperature the biomass is not 151 

completely degraded and above this one the liquid fraction (bio-oil) decreases [35]. 152 

Moreover, the steam flow rate and particle size of the sand in the conical spouted bed 153 

reactor, and catalyst and sand particle sizes in the fluidized bed reactor, are conditioned 154 

by fluid dynamic requirements in both reactors in-line, given that the former is spouted 155 

and the latter fluidized with a common gas flow. Based on fluid dynamic runs in both 156 

reactors, a water flow rate of 3 mL min-1 has been established as suitable, which 157 

corresponds to a steam flow of 3.73 NL min-1, with 50 g of sand in the CSBR bed 158 

(particle size in the 0.3-0.35 mm range) for attaining a vigorous movement. In the FBR, 159 

the bed contains 25 g (mixture of catalyst and sand, with catalyst content being 160 

established by space time), with the particle size of the catalyst and the sand being in the 161 

0.4-0.8 mm and 0.3-0.35 mm ranges, respectively. The fluidization velocity is between 162 

3 and 4 times the minimum one, which ensures both stable fluidization of the bed, even 163 

when the catalyst has a high coke content, and moderate attrition of the catalyst. 164 

In the steam reforming of biomass pyrolysis products, the effect of temperature has been 165 

studied at 550, 600, 650 and 700 ºC, with a space time of 20 gcatalyst min gvolatiles-1 and a 166 

S/B ratio of 4. It should be noted that a minimum reaction temperature of 550 ºC has 167 

been established, given that below this temperature the conversion of biomass pyrolysis 168 

volatiles is very low, which causes operational problems and high coke deposition on 169 

the catalyst. The ceiling reaction temperature is conditioned by the reduction 170 

temperature of the catalyst (710 ºC), so that higher temperatures lead to irreversible 171 

deactivation of the catalyst by Ni sintering. Similarly, the effect of space time has been 172 

studied between 2.5 and 30 gcatalyst min gvolatiles-1 at 600 ºC with a S/B ratio of 4. Finally, 173 

the effect of S/B ratio has been studied in the 2-5 range (S/C ratios in the 3.9-9.7 range), 174 

which has been attained by keeping the water flow rate at 3 mL min-1 and varying the 175 

amount of biomass fed into the process in the 0.6-1.5 g min-1 range in order to ensure 176 

suitable fluid dynamic conditions and maintain the same space time value. 177 
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2.5. Reaction indices 178 

The conversion was determined as a percentage of the C units contained in the volatiles 179 

fed into the reforming step that are recovered in the gaseous product (CO, CO2, CH4 and 180 

C2-C4 hydrocarbons, mainly ethylene and ethane). The C content of the volatiles fed 181 

into the reforming reactor has been determined based on the composition of the 182 

pyrolysis outlet stream, so that the difference between the C content in the biomass and 183 

in the pyrolysis outlet stream is the C contained in the char, which is removed from the 184 

first reactor. 185 

  (1) 186 

The yields of C containing products have been quantified based on the flow rate of C 187 

units in each product (Fi) and the flow rate of C units in the biomass pyrolysis volatile 188 

stream (Fvolatiles) fed into the reforming reactor.  189 

 (2) 190 

In addition, H2 yield is stated as a percentage of the maximum allowable by 191 

stoichiometry, considering all oxygenated compounds are converted into H2 and CO2. 192 

 (3) 193 

where FH2 is the molar flow rate of H2 produced in the reforming step and FH20 the 194 

maximum molar flow rate allowable by stoichiometry: 195 

  (4) 196 

Finally, H2 production is defined by mass unit of the biomass in the feed into the 197 

pyrolysis-reforming system, and has been calculated as follows: 198 
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where mH2 and m0 are the mass flow rates of the H2 produced and the biomass fed into 200 

the system, respectively. 201 

3. Results 202 

A study has been carried out on the effect reforming conditions (temperature, space time 203 

and S/B ratio) have on conversion, product yields and catalyst deactivation. All 204 

experiments have been performed using a pyrolysis temperature of 500 ºC, given that 205 

the production of oxygenated volatiles is maximized at this temperature in the CSBR 206 

[35]. A temperature between 500 and 600 ºC has also been used by other authors in the 207 

pyrolysis step, with pine wood in the feed [22,36-39]. Moreover, a comparison between 208 

biomass pyrolysis with N2 and steam has been carried out in a previous paper, with the 209 

effect of the fluidizing agent (N2 or steam) on product distribution being insignificant 210 

due to the relatively low temperature (500 ºC) and short residence time of the volatiles 211 

in the CSBR [13]. Thus, 75 wt % of bio-oil, 8 wt % of gases and 17 wt % of char are 212 

obtained in the biomass pyrolysis in a CSBR. The bio-oil contains water (25 wt %) and 213 

a mixture of different oxygenated compounds, with the main products being phenols 214 

(16.5 wt %), ketones (6.4 wt %), saccharides (4.5 wt %), furans (3.3 wt %), acids (2.7 215 

wt %), alcohols (2.0 wt %) and aldehydes (1.9 wt %). Moreover, the gas fraction is 216 

mainly made up of CO (3.4 wt %), CO2 (3.3 wt %) and a low concentration of CH4 (0.4 217 

wt %), C2-C4 hydrocarbons (0.3 wt %) and H2 (0.004 wt %). Consequently, the 218 

composition of the volatiles fed into the reforming step is the one corresponding to this 219 

stream and the reforming steam flow rate. 220 

Furthermore, in order to explain the product distributions obtained, the following 221 

reactions have been considered in the reforming step: steam reforming of oxygenated 222 

compounds (eq. 6), CH4 (eq. 7) and C2-C4 hydrocarbons (eq. 8), water gas shift (WGS) 223 

reaction (eq. 9) and decomposition/cracking of oxygenated compounds (eq. 10), with 224 

the latter being one of the reactions responsible for coke formation. 225 

 (6) 226 

 (7) 227 

 (8) 228 

22 2 H)k/mn(nCOOH)kn(OHC kmn -++®-+

224 3HCOOHCH +«+

22 )2/( HsrrCOOrHHC sr ++®+
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 (9) 229 

 (10) 230 

3.1. Effect of reforming temperature  231 

The effect of temperature on catalyst deactivation has been studied between 550 and 232 

700 ºC, and all the results have been obtained with a space time of 20 gcatalyst min 233 

gvolatiles-1 and a S/B ratio of 4. As observed in Figure 2, at 550 ºC the conversion 234 

obtained at zero time on stream is low (< 60 %), whereas above 600 ºC almost full 235 

conversion is achieved under these conditions, in which thermodynamic equilibrium is 236 

reached. A higher conversion was also obtained when temperature was increased in 237 

several studies dealing with pyrolysis-reforming of biomass [11,40-42], reforming of 238 

the bio-oil aqueous fraction [43-45] and reforming of raw bio-oil [46-48]. 239 

Concerning the evolution of conversion with time on stream, at 550 ºC it decreases from 240 

58.3 to 36.9 % in 20 min. However, between 600 and 700 ºC the decrease in conversion 241 

with time on stream is not very significant until 70-80 min on stream, and subsequently 242 

is very pronounced, with this trend being slightly less pronounced at 700 ºC. As 243 

observed, there is an acceleration of deactivation with time on stream once the catalyst 244 

starts deactivating and the concentration of non-reformed oxygenated compounds 245 

increases in the reaction medium. This trend is attributable to the role of these 246 

oxygenated compounds as coke precursors, which is well-established in the literature 247 

for bio-oil reforming [25,49]. These authors highlight the fact that coke formation takes 248 

place by decomposition of oxygenated compounds, eq. (10), and re-polymerization of 249 

phenolic compounds derived from lignin pyrolysis: 250 

 (11) 251 

Remiro et al. [27] attenuate the impact of this coke formation mechanism in the 252 

reforming of bio-oil by a controlled deposition of pyrolytic lignin, which reduces the 253 

concentration of phenolic compounds fed into the reforming reactor. 254 

222 HCOOHCO +«+

)coke(CCOCOCHCCOHCOHC srzyxkmn +++++® 24

 )coke( lignin pyrolyticOHCOHC zyxkmn +®
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 255 

Figure 2.   Effect of reforming temperature on the evolution of conversion with time on 256 

stream. Reforming conditions: space time, 20 gcat min gvolatiles-1; S/B ratio, 4.  257 

Figure 3 shows the evolution of the yields of H2, CO2, CO, CH4, C2-C4 hydrocarbons 258 

(mainly ethylene, ethane, propylene and propane) and oxygenated compounds (non-259 

converted fraction) with time on stream, at 550 (a), 600 (b), 650 (c) and 700 ºC (d). 260 

Initial H2 yield increases from 54.4 % at 550 ºC to around 93.5 % in the 600-700 ºC 261 

range, which corresponds to an increase in H2 production from 6.4 to around 11.0 wt%. 262 

Higher initial H2 yields and productions are also obtained by several authors as 263 

reforming temperature is increased in the pyrolysis and in-line reforming of biomass in 264 

other reactors [11,37], which is due to the higher extent of the reforming reaction. 265 

Similarly, studies dealing with bio-oil reforming confirm a similar trend for H2 yield 266 

[43,44,46-48,50].  267 
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268 

 269 

Figure 3. Effect of reforming temperature on the evolution of product yields with time 270 

on stream at 550 ºC (a), 600 ºC (b), 650 ºC (c) and 700 ºC (d). Reforming conditions: 271 

space time, 20 gcat min gvolatiles-1; S/B ratio, 4. 272 

Moreover, it should be pointed out that H2 yield decreases with time on stream due to 273 

catalyst deactivation with the same trend shown in Figure 2 for conversion, with the 274 

initial decrease being more pronounced at 550 ºC (Figure 3a), from 51.4 at zero time on 275 

stream to 27.5 % in 20 min, due to the increase in oxygenate concentration in the 276 

reaction medium. At 600 ºC, and higher temperatures, the decrease in H2 yield is only 277 

significant after a certain value of time on stream, which is caused by the autocatalytic 278 

effect of catalyst deactivation mentioned above due to the increase in the concentration 279 

of non-reformed oxygenates in the reaction medium. Accordingly, at 600 ºC H2 yield 280 

decreases slowly from 93.5 at zero time on stream to 87.8 % in 75 min, with the 281 
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decrease being subsequently more pronounced down to 46.4 % in a period of 30 min 282 

approximately. H2 yield follows a similar trend at 650 and 700 ºC, although the decrease 283 

is more pronounced than that observed at 600 ºC for the first 75 min, i.e., decreases 284 

from 93.5 to 78.6 % in 77 min at 650 ºC and from 93.2 to 82.5 % in 72 min at 700 ºC. 285 

Furthermore, CO2 yield follows a similar trend as H2 yield with time on stream, 286 

obtaining a similar value at all temperatures when the catalyst is deactivated. Regarding 287 

CO yield, it is maintained almost constant at 550 (~ 3 %) and 600 ºC (~ 10 %), whereas 288 

it increases slightly with time on stream from 10.5 to 16.2 % in 110 min at 650 ºC and 289 

from 12.5 to 21.4 % in 120 min at 700 ºC. This effect of temperature on CO yield is 290 

attributable to the higher oxygenate decomposition rate, eq. (10), and the displacement 291 

of the thermodynamic equilibrium of WGS reaction when temperature is increased. The 292 

increase in CO yield with time on stream is also a consequence of favouring the reaction 293 

of oxygenate decomposition (eq. (10)) due to the higher concentration of these 294 

compounds in the reaction medium, given that the catalyst is deactivated for reforming 295 

reactions. Catalyst deactivation for WGS reaction can also contribute to these results.  296 

In the 600-700 ºC range (Figures 3b-d), and as a consequence of the decrease in catalyst 297 

activity for the reforming reactions, the yields of CH4, C2-C4 hydrocarbons (overlapped 298 

results) and non-converted oxygenates increase with time on stream in the whole 299 

temperature range studied, with the increase being exponential as catalyst deactivation 300 

is more severe. This trend is explained by thermal cracking reactions of oxygenated 301 

compounds to form CH4 and C2-C4 hydrocarbons, eq. (10), which occurs in parallel 302 

with the reforming reactions. Consequently, as the rate of the reforming reactions 303 

decreases due to catalyst deactivation, the formation of products by thermal cracking 304 

reactions is favoured.  305 

In order to explain the effect temperature has on catalyst deactivation, the coke 306 

deposited at different temperatures has been analyzed by temperature programmed 307 

oxidation (TPO) and transmission electron microscopy (TEM) techniques. Thus, Figure 308 

4 displays the TPO profiles of the deactivated catalyst (Figure 4a) and the amount of 309 

coke deposited (Figure 4b) at the reforming temperatures studied. Considering the 310 

different peaks observed in the TPO profile (Figure 4a), two different types of cokes 311 

may be distinguished, which are burnt at different temperatures. These different types of 312 

cokes have also been identified in deactivated Ni-based catalysts in the reforming of 313 

CH4 [51,52], hydrocarbons [15,53-55] and oxygenated compounds, such as ethanol [56-314 
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61]. In these works, the coke that burns a low temperatures (< 450 ºC) (coke I) is 315 

defined as amorphous coke and encapsulates Ni metallic sites (which promote its 316 

combustion), whereas the coke burning at higher temperatures (coke II) is separated 317 

from Ni active sites, more structured and evolves towards higher graphitization 318 

structures, even forming filamentous coke and carbon nanotubes (less common in the 319 

reforming of oxygenates and bio-oil). 320 

As shown in Figure 4a, an increase in reforming temperature causes the displacement of 321 

the peaks corresponding to the different types of cokes towards higher combustion 322 

temperatures. In the case of the amorphous coke, there is a pronounced displacement of 323 

its combustion peak as reforming temperature is increased from 550 to 600 ºC, with the 324 

tops of the peaks being placed at around 380 and 425 ºC, respectively. In the case of the 325 

structured coke, the effect of reforming temperature on peak position is less significant, 326 

with the top being placed at around 550, 560, 610 and 620 ºC for the reforming 327 

temperatures of 550, 600, 650 and 700 ºC, respectively. This displacement is explained 328 

by the evolution of the coke to more condensed structures when reforming temperature 329 

is increased [62], making more difficult its combustion due to the less hydrogenated 330 

nature of the coke and its location in the catalyst particle farther from Ni sites.  331 

Moreover, Figure 4b shows the effect temperature has on the amount of the different 332 

types of cokes. It should be pointed out that the amount of coke has been given per mass 333 

unit of biomass fed into the system, given that reaction time is different in each 334 

experiment, as they were stopped when the catalyst was deactivated. Consequently, the 335 

values in Figure 4b are the average rates of coke deposition. Table 2 shows the values of 336 

coke content (CC), the reaction time, the biomass fed into the system and the amount of 337 

coke deposited per biomass mass unit (CC’). 338 

As observed in Figure 4b, the amount of coke deposited per biomass mass unit on Ni 339 

active sites (coke I) decreases considerably when temperature is increased from 550 ºC 340 

to 600 ºC, with the decrease being less pronounced at higher temperatures. On the 341 

contrary, the amount of coke separated from Ni sites (coke II) increases steadily when 342 

temperature is increased, especially in the 600-650 ºC range. As a consequence of the 343 

different trend of the two types of cokes, the amount of coke per biomass mass unit has 344 

a minimum value at 600 ºC and increases from 1.25 to 2.37 mgcoke gcat-1 gbiomass-1 in the 345 
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600-700 ºC range. Wang et al. [63] also observed that the total amount of coke 346 

deposited on the catalyst was higher when temperature was increased.  347 

 348 

Figure 4. Effect of reforming temperature on the TPO profiles of the deactivated 349 

catalyst (a) and total amount of coke deposited per biomass mass unit (b). Reforming 350 

conditions: space time, 20 gcat min gvolatiles-1; S/B ratio, 4. 351 

Table 2. Total coke content in the catalyst (CC) and the total amount of coke deposited 352 

per biomass mass unit (CC´) at different reforming temperatures. Reforming conditions: 353 

space time, 20 gcat min gvolatiles-1; S/B ratio, 4. 354 

Temperature  
(ºC) 

CC  
(mgcoke gcat-1) 

Time on stream 
(min) 

Biomass 
feed (g) 

CC´(mgcoke gcat-1 
gbiomass-1) 

550 5.5 20 15 3.67 
600 9.9 106 80 1.25 
650 19.2 111 83 2.31 
700 21.3 120 90 2.37 

 355 

Comparing the results in Figure 4b with those corresponding to the evolution with time 356 

on stream in Figures 2 and 3, catalyst deactivation is not directly related to coke content, 357 

but coke nature and location influences this deactivation, which in turn is related to the 358 

reaction conditions, with temperature and oxygenate concentration being of high 359 

significant. Thus, amorphous coke deposition is very high at 550 ºC due to the 360 

significance of oxygenate decomposition and polymerization reactions, eqs. (10) and 361 

(11), respectively, given that oxygenate concentration in the reaction medium is high at 362 
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this temperature. It is well-established in the literature [45,55,64,65] that amorphous 363 

coke is the main responsible for catalyst deactivation because it encapsulates Ni sites. 364 

Above 600 ºC, oxygenate reforming reactions are favoured rather than thermal 365 

reactions, and presumably the gasification of the amorphous coke is also enhanced 366 

because it is located close to Ni particles. Moreover, oxygenate concentration in the 367 

reaction medium is lower when temperature is increased, and therefore their 368 

decomposition and polymerization reaction rates undergo attenuation. On the contrary, 369 

the amount of coke II (which is burnt at higher temperatures) deposited on the catalyst 370 

per biomass mass unit increases when reforming temperature is increased (Figure 4b), 371 

attaining its maximum content at 700 ºC. This trend at high temperatures is explained 372 

by the evolution of amorphous coke towards more refractory structures with lower 373 

capacity for Ni site blockage and gasification [61,62]. The high temperature needed for 374 

its combustion by TPO in Figure 4a (620 ºC for a reforming temperature of 700 ºC) 375 

reveals the graphitic nature of coke II at this temperature. Moreover, the effect 376 

temperature has on the content of each type of coke cannot be clearly ascertained due to 377 

the different duration of the reactions. Thus, the duration of the reaction at 550 ºC is 378 

short, and therefore the coke does not evolve towards more condensed structures. 379 

Furthermore, the contribution of Boudouard (eq. (12)) and CH4 decomposition (eq. 380 

(13)) reactions to the formation of coke II cannot be excluded at high temperatures.  381 

 (12) 382 

                                                                                                (13)  383 

Figure 5 shows the images of transmission electron microscopy (TEM) of the catalyst 384 

deactivated at 600 ºC (Figure 5a) and 700 ºC (Figure 5b), in which Ni particles are 385 

identified as dark areas. As observed, all Ni particles are coated with coke, whose 386 

structure is more ordered when temperature is increased.  387 

)(2 2 cokeCCOCO +«

)(2 24 cokeCHCH +®
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 388 

Figure 5. TEM images of the catalyst deactivated at 600 ºC (a) and 700 ºC (b). 389 

Operating conditions: space time, 20 gcat min gvolatiles-1; S/B ratio, 4. 390 

Filamentous coke is not observed in Figure 5, which is because the coke has a more 391 

disordered structure than in the reforming of other oxygenated compounds, such as 392 

ethanol [56,57,60] and, particularly, in the reforming of hydrocarbons [15,53,54]. 393 

Concerning biomass valorisation, the research group headed by Prof. Williams studied 394 

Ni-based deactivated catalysts in the pyrolysis and in-line reforming of biomass in batch 395 

regime, verifying that the composition of biomass pyrolysis products (with high content 396 

of phenols and water) is not suitable for the production of nano-structured materials and 397 

coke nature depends on the catalyst. Accordingly, Efika et al. [22] verified by SEM 398 

images the presence of filamentous carbon in a Ni/Al2O3 catalyst, whereas carbon 399 

filaments are not clearly observed in a Ni/CeO2/Al2O3 catalyst. Nahil et al. [23] 400 

observed two different carbon oxidation peaks in their TPO curve, one at around 450 ºC 401 

(amorphous coke) and the other one at around 550 ºC (filamentous coke). However, 402 

when rice husk, sugar cane bagasse and wheat straw were used as feedstock, the second 403 

peak was obtained at around 650 ºC, which was assigned to graphitic carbon [24].  404 

3.2. Effect of reforming space time 405 

According to the results aforementioned in Section 3.1, 600 ºC is the suitable 406 

temperature for attenuating catalyst deactivation and higher temperatures are not 407 

interesting due to the higher energy costs involved. Accordingly, the effect space time 408 

has on deactivation has been studied based on runs at 600 ºC with a S/B ratio of 4 and 409 
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space times of 10, 15, 20 and 30 gcat min gvolatiles-1. Figure 6 shows the effect space time 410 

has on the evolution of conversion of pyrolysis volatiles with time on stream. As 411 

observed, when space time is increased a higher initial conversion is obtained, which 412 

has also been reported in several biomass pyrolysis-reforming studies [66,67]. Thus, an 413 

initial conversion higher than 98.5 % is obtained above 15 gcat min gvolatiles-1, with the 414 

maximum conversion (and tar-free gas) being obtained with 20 gcat min gvolatiles-1.  415 

Concerning the evolution of conversion with time on stream (Figure 6), catalyst 416 

deactivation is attenuated when space time is increased, which is explained by the role 417 

played by the non-converted oxygenated compounds as coke precursors. A higher 418 

lifespan of the catalyst at high space times is obtained in the reforming of bio-oil 419 

[27,68]. Therefore, almost full conversion is achieved in the first 160 min when a space 420 

time of 30 gcat min gvolatiles-1 is used, whereas catalyst deactivation is significant for 421 

times on stream longer than 60 min when using 20 gcat min gvolatiles-1, with the decrease 422 

in activity being pronounced subsequent to 75 min. Furthermore, when a space time 423 

lower than 15 gcat min gvolatiles-1 is used, the decrease in conversion is significant after 20 424 

min on stream. 425 

 426 

Figure 6.   Effect of reforming space time on the evolution of conversion with time on 427 

stream. Reforming conditions: 600 ºC; S/B ratio, 4. 428 



 
 

19 
 

Figure 7 shows the effect space time has on the evolution of product yields with time on 429 

stream. When space time is increased, higher H2 yields are obtained at zero time on 430 

stream due to the higher extent of reforming and WGS reactions, which is consistent 431 

with the literature on the reforming of bio-oil [6,48,69,70]. Moreover, the effect space 432 

time has on the initial CO and CO2 yields is noteworthy. As observed, when space time 433 

is increased from 10 to 20 gcat min gvolatiles-1 (Figures 7a and 7c, respectively) the initial 434 

CO yield increases from 7.9 to 10.6 % and the initial CO2 yield from 82.1 to 88.6 %. 435 

However, the initial CO yield decreases to 6.7 % and that of CO2 increases to 92.6 % at 436 

the highest space time studied (Figure 7d), with the yields of CH4 and C2-C4 437 

hydrocarbons being lower. This trend for CO and CO2 yields when space time is 438 

increased is also reported in the literature for bio-oil reforming [9,43,71] and is evidence 439 

that both reforming and WGS reactions are favoured at low space time values, whereas 440 

the WGS reaction is more favoured than reforming reactions at high space time values.  441 

Concerning the evolution with time on stream of the product yields shown in Figure 7, 442 

the decrease in H2 yield is lower at high space time values, i.e., from 84.9 to 55.0 % in 443 

40 min with 10 gcat min gvolatiles-1 and from 95.8 to 63.3 % in 230 min with 30 gcat min 444 

gvolatiles-1. Furthermore, the effect space time has on the decrease of CO2 yield follows a 445 

similar trend, whereas CO yield does not follow a clear trend, with its value being 446 

between 6 and 10 %. The slight effect of space time is evidence that the decrease 447 

expected in the reforming rate due to catalyst deactivation is compensated with the 448 

higher formation of CO by cracking of oxygenates, whose concentration is higher as the 449 

catalyst is being deactivated. In addition, the presence of CO is also favoured by catalyst 450 

deactivation for WGS reaction. However, the decrease in the rate of reforming reactions 451 

is also evident, i.e., the yields of CH4 and C2-C4 hydrocarbons increase exponentially 452 

when time on stream increases (overlapped results), which is explained by the increase 453 

in the yield of non-converted oxygenates in the reaction environment. Therefore, 454 

cracking reactions are favoured, enhancing the formation of CH4 and C2-C4 455 

hydrocarbons [27,44,71,72]. 456 
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457 

 458 

Figure 7.   Effect of reforming space time on the evolution of product yields with time 459 

on stream when using 10 (a), 15 (b), 20 (c) and 30 gcat min gvolatiles-1 (d). Reforming 460 

conditions: 600 ºC; S/B ratio, 4. 461 

Figure 8a displays the TPO results obtained in the experiments carried out using 462 

different space times. Moreover, Figure 8b and Table 3 show the coke contents of the 463 

deactivated catalyst. As aforementioned, the fact of using different catalyst masses and 464 

times on stream in each experiment (Table 3) has to be considered when comparing the 465 

results in Figure 8b, in which the coke contents deposited per biomass mass unit fed 466 

into the system are shown. As observed, the total amount of coke per biomass mass unit 467 

decreases from 1.83 to 0.29 mgcoke gcat-1 gbiomass-1 when space time is increased in the 10-468 

30 gcat min gvolatiles-1 range, given that a higher amount of catalyst enhances reforming 469 

reactions and reduces oxygenate concentration, which are the main coke precursors. 470 
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 471 

Figure 8. Effect of space time on the TPO profiles of the deactivated catalyst (a) and 472 

total amount of coke deposited per biomass mass unit (b). Reforming conditions: 600 473 

ºC; S/B ratio, 4. 474 

Table 3. Total coke content in the catalyst (CC) and the total amount of coke deposited 475 

per biomass mass unit (CC´) at different space times. Reforming conditions: 600 ºC; S/B 476 

ratio, 4. 477 

Space time  
(gcat min gvolatiles-1) 

CC  
(mgcoke gcat-1) 

Time on stream 
(min) 

Biomass 
feed (g) 

 (mgcoke gcat-1 
gbiomass-1) 

10 5.5 40 30 1.83 
15 7.8 82 62 1.27 
20 9.9 106 80 1.25 
30 5.0 228 171 0.29 

 478 

Considering the effect space time has on the amount of each type of coke deposited on 479 

the catalyst, it can be observed in Figure 8b that the amount of coke I (which is burnt at 480 

low temperatures) per biomass mass unit decreases from 0.84 to 0.17 mgcoke gcat-1 481 

gbiomass-1 as space time is increased in the 10-30 gcat min gvolatiles-1 range. This result can 482 

be explained by the thermal origin of this coke, which is produced by decomposition of 483 

oxygenates (eq. (10)) and re-polymerization of phenolic compounds on the catalyst 484 

surface (eq. (11)). Consequently, the progress of these reactions is disfavoured by the 485 

higher extent of oxygenate reforming and WGS reactions, as observed in the reforming 486 

of bio-oil [6,25,27]. Similarly, when space time increases the amount of coke II 487 

deposited per biomass mass unit decreases, given that presumably this coke is formed 488 

'
CC
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mainly by evolution of the coke towards more ordered structures, and is separated from 489 

Ni active sites. Moreover, a displacement of this coke peak is observed when space time 490 

is increased in Figure 8a. This effect is a consequence of the higher duration of the 491 

reactions, and therefore a subsequent evolution of the coke to a more condensed 492 

structure. Nevertheless, this effect avoids the formation of coke II, which decreases 493 

when a space time of 30 gcat min gvolatiles-1 is used, due to the lower concentration of 494 

oxygenated compounds in the reaction environment. These conditions, in which a high 495 

space time value is used, are interesting from an industrial point of view, as the 496 

deposition of coke is limited. Thus, when a space time of 30 gcat min gvolatiles-1 is used, a 497 

maximum H2 production of 11.7 wt % is obtained, with the catalyst being stable for 498 

more than 2 h. 499 

3.3. Effect of S/B ratio  500 

Figure 9 shows the evolution of conversion with time on stream using different S/B 501 

ratios. The results correspond to S/B ratios of 2, 3, 4 and 5 (S/C ratios of 3.9, 5.8, 7.7 502 

and 9.7, respectively), at 600 ºC and a space time of 20 gcat min gvolatiles-1. As observed, 503 

the conversion at zero time on stream increases slightly from 99.5 to 100 % when a high 504 

space time value is used and S/B ratio is increased from 2 to 5. However, the 505 

deactivation is attenuated considerably, in particular when S/B ratio is increased from 2 506 

to 3. These results are explained by the lower concentration of oxygenated compounds 507 

(which are coke precursors) and the higher reforming rate of these oxygenates and 508 

intermediate compounds. However, above a S/B ratio of 4, its influence on conversion 509 

decrease is lower, which is attributable to the partial saturation of Ni active sites with 510 

adsorbed steam [73]. 511 
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 512 

Figure 9.   Effect of S/B ratio on the evolution of conversion with time on stream. 513 

Reforming conditions: 600 ºC; space time, 20 gcat min gvolatiles-1. 514 

Figure 10 shows the effect of S/B ratio on the evolution of product yields with time on 515 

stream. Most authors reported that a higher initial H2 yield is obtained when S/B ratio is 516 

increased in the reforming of bio-oil [47,48,65,74]. In this study, the initial H2 yield 517 

increases from 89.2 to 94.2 % when S/B ratio is increased in the 2-5 range, due to the 518 

enhancement of reforming and WGS reactions, with CO2 yield being higher and CO 519 

yield lower.  520 

As mentioned above for conversion, the effect on catalyst deactivation is not so 521 

significant at high S/B ratios. Moreover, it should be noted that the yields of CH4 and 522 

C2-C4 hydrocarbons (produced by oxygenate decomposition reactions) and the presence 523 

of oxygenated compounds in the reaction environment is delayed when high S/B ratios 524 

are used, which has also been reported in studies dealing with the reforming of bio-oil 525 

[6,50,69,74]. The aforementioned results reveal the interest of using an S/B ratio of 3, 526 

with H2 yield being constant (around 93 %) for 70 min under the conditions studied. A 527 

higher S/B ratio only improves slightly the deactivation results and has as counterpart 528 

higher energy requirements for water vaporization. 529 
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530 

 531 

Figure 10.   Effect of S/B ratio on the evolution of product yields with time on stream 532 

with S/B ratios of 2 (a), 3 (b), 4 (c) and 5 (d). Reforming conditions: 600 ºC; space time, 533 

20 gcat min gvolatiles-1. 534 

Figure 11a displays the TPO profiles for the catalyst deactivated at different S/B ratios 535 

and Figure 11b and Table 4 show the effect S/B ratio has on the amount of each type of 536 

coke deposited on the catalyst. Thus, the amount of coke deposited per biomass mass 537 

unit decreases from 1.38 to 0.83 mgcoke gcat-1 gbiomass-1 when S/B ratio is increased from 2 538 

to 5, which has also been verified in the reforming of bio-oil [48,63,68]. Nevertheless, 539 

the effect S/B ratio has on the formation of each type of coke is different. The amount of 540 

coke I is almost constant when S/B ratio is increased, which is evidence that the 541 

formation of amorphous coke (through the reactions in eqs. (10) and (11)) only depends 542 

on temperature. However, the formation of coke II is disfavoured when S/B ratio is 543 

increased, given that the condensation of coke I components is attenuated. The fact that 544 
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catalyst deactivation is lower when S/B ratio is increased (Figures 9 and 10), with the 545 

amount of coke I being similar, is evidence that an increase in steam concentration is 546 

not effective for attenuating amorphous coke deposition, but avoids the isolation of Ni 547 

active sites, and therefore the effective deactivation is attenuated.  548 

 549 

Figure 11.   Effect of steam/biomass ratio on the TPO profiles of the deactivated 550 

catalyst (a) and total amount of coke deposited per biomass mass unit (b). Reforming 551 

conditions: temperature, 600 ºC, space time, 20 gcat min gvolatiles-1. 552 

Table 4. Total coke content in the catalyst (CC) and total amount of coke deposited per 553 

biomass mass unit (CC´) at different S/B ratios. Reforming conditions: 600 ºC; space 554 

time, 20 gcat min gvolatiles-1. 555 

S/B ratio CC  
(mgcoke gcat-1) 

Time on stream 
(min) 

Biomass 
feed (g) 

 (mgcoke gcat-1 
gbiomass-1) 

2 14.5 70 105 1.38 
3 11.3 82 82 1.38 
4 9.9 106 80 1.25 
5 4.7 113 68 0.69 

 556 

Conclusions 557 

The good performance of a two in-line reactor system (CSBR-FBR) for biomass 558 

pyrolysis-reforming has been proven in a wide range of operating conditions. 559 

Nevertheless, the catalyst undergoes a severe deactivation with time on stream related to 560 

coke deposition, whose formation is attributable to the decomposition of oxygenated 561 

'
CC
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compounds and the re-polymerization of phenolic oxygenates. The TPO analysis of the 562 

coke allows identifying two different fractions, corresponding to the coke deposited on 563 

Ni active sites and the coke separated from these sites. Coke deposition and the 564 

resulting deactivation can be attenuated by selecting operating conditions in which the 565 

reforming and WGS reactions are favoured, and therefore the concentration of 566 

oxygenates (coke precursors) in the reaction medium is minimized. In order to achieve 567 

these objectives, a temperature of 600 ºC and a S/B ratio of 3 have been chosen as 568 

suitable conditions. Moreover, catalyst stability is favoured when space time is 569 

increased, and a H2 yield of 95.8 % is achieved for 160 min on stream for a space time 570 

of 30 gcat min gvolatiles-1. 571 

Catalyst deactivation is a problem for the scaling up of the process. However, the 572 

fluidized bed reactor is suitable to carry out the reforming step with catalyst circulation, 573 

with the catalyst being regenerated by coke combustion in another unit. In this case, the 574 

regenerated catalyst would partially contribute to providing the energy required in the 575 

reforming step.   576 
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