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Abstract

A study has been carried out of the regenerability of a commercial Ni catalyst used in
the steam reforming of volatiles from biomass pyrolysis, determining the evolution of
the reaction indices in successive reaction-regeneration cycles. The causes of catalyst
deactivation (coke deposition and Ni sintering) have been ascertain characterizing the
deactivated and regenerated catalysts by TPO, TEM, TPR and XRD. Catalyst activity is
not fully recovered by coke combustion in the first cycles due to the irreversible
deactivation by Ni sintering, but the catalyst reaches a pseudo-stable state beyond the

fourth cycle, reproducing its behaviour in subsequent cycles.
Keywords: biomass; pyrolysis; reforming; hydrogen; deactivation; regeneration
1. Introduction

H; production from renewable sources is a pressing need for meeting the growing
demand for ammonia and methanol production in the chemical industry and oil refining,
as well as for its future use as a clean energy carrier [1]. Accordingly, the processes of
H> production from lignocellulosic biomass have received great attention in order to
partially replace the current processes based on non-renewable sources, such as natural

gas, oil derivates and coal [2].

Biomass pyrolysis is one of the most promising thermochemical routes for biomass
valorization, given that all pyrolysis products (bio-oil, gases and char) may be converted
into fuels and chemicals [3]. Recently, the production of H> from biomass has been

proposed through a two in-line reactor system, the former for biomass pyrolysis and the
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latter for the reforming of nascent volatiles [4-8]. This strategy is as an alternative to
other biomass valorization routes, such as steam gasification [9-12] and bio-oil
reforming [13-18], and avoids the problems related to tar formation and bio-oil
handling, respectively [19]. Previous studies by the research group reported the good
performance of the conical spouted bed reactor (CSBR)-fluidized bed reactor (FBR)
system for pyrolysis and in-line reforming of the pyrolysis volatiles derived from

biomass [5,20,21], plastics [22-25] and biomass/plastic mixtures [26].

Although noble metals, such as Pt, Pd and Rh, have a higher activity for reforming
processes [27-30], Ni-based catalysts are the most common ones for the reforming of
oxygenated compounds [31-33] and hydrocarbons [34-36], whose use is motivated
mainly by its low cost and availability. Nevertheless, the deactivation of the catalyst due
to coking is more severe on Ni-based catalysts than on noble metal ones [37]. Ochoa et
al. [38] studied the deactivation of a Ni commercial catalyst in the pyrolysis and in-line
catalytic steam reforming of high density polyethylene (HDPE) and reported that Ni
sintering and coke deposition are the main deactivating causes. Furthermore,
deactivation is faster in the reforming of biomass pyrolysis volatiles than in the
reforming of plastic pyrolysis volatiles because phenolic oxygenates produce
amorphous coke, which encapsulates Ni active sites [37,39]. Consequently, the main
challenge in the reforming of biomass pyrolysis volatiles should focus the attenuation of
Ni catalyst deactivation and its regeneration. Although studies of coke deposition and its
characterization have been approached in the pyrolysis and in-line catalytic steam
reforming of biomass [40-42] and plastics [36,43], those involving catalyst regeneration
are rather scarce and deal exclusively with the reforming of hydrocarbons, such as
methane [44,45], and pure oxygenate compounds, such as ethanol [46-50], dimethyl
ether [51,52] or glycerol [53,54]. Li et al. [55] studied the steam reforming of biomass
tar on a Ni-Fe/Mg/Al catalyst, which shows better regenerability than that of Ni-Fe/a-
ALOs3. Montero et al. [49] regenerated a Ni/La,03-aAl>O3 by coke combustion at 550
°C for 2 h and performed successive ethanol reforming-regeneration cycles subsequent
to a catalyst equilibration step consisting in a slight deactivation of the catalyst by

partial Ni sintering.

Based on this background, this paper aims at regenerating a commercial Ni reforming
catalyst by coke combustion with air in order to ascertain its behaviour in successive
reforming-regeneration cycles. Thus, the evolution of conversion, product yields and
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gas composition under reforming-regeneration cycles has been monitored. Moreover, in
order to explain the results obtained, the deactivated and regenerated catalysts have

been characterized by different techniques.
2. Experimental
2.1. Biomass and catalyst properties

The biomass used is forest pine wood waste (pinus insignis), whose main properties are
summarized in Table 1. The ultimate and proximate analyses have been determined in a
LECO CHNS-932 elemental analyzer and 7GA Q5000IR thermogravimetric analyzer,
respectively, and the higher heating value (HHV) has been measured in a Parr 1356
isoperibolic bomb calorimeter. The biomass has been crushed, ground and sieved to a
particle size between 1 and 2 mm. This particle size allows continuously feeding low

flow rates and providing the heat transfer required for the pyrolysis step.

Table 1.  Properties of the pine wood sawdust.

Ultimate analysis (wt %)

Carbon 49.33
Hydrogen 6.06
Nitrogen 0.04
Oxygen 44.57

Proximate analysis (wt %)

Volatile matter 734
Fixed carbon 16.7
Ash 0.5
Moisture 94
HHV (MJ kg™) 19.8

A Ni reforming catalyst (NiO content 14 wt %), commercialized for CH4 reforming has
been used. The catalyst (G90OLDP, provided by Siid Chemie) has been crushed and
sieved to a particle size in the 0.4-0.8 mm range in order to obtain a suitable fluidization
regime. The superficial properties of the catalyst (determined by N» adsorption-
desorption in a Micromeritics ASAP 2012 equipment) are as follows: BET surface area,

19 m? g''; pore volume, 0.04 cm?® g, and; average pore diameter, 122 A.
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The coke content deposited on the deactivated catalyst has been determined at the end
of each reaction step by temperature programmed oxidation (TPO) in a thermobalance
TA Instruments TGA Q5000 connected to a Balzers Instruments Thermostar mass
spectrometer in order to measure the concentration of CO; at the reactor outlet. In
addition, the nature of the coke deposited has been analyzed by transmission electron

microscopy (TEM) images (Philips CM200).

The catalyst regenerated at the end of each cycle has been analyzed by X-ray diffraction
(XRD) technique in a Philips X'PERT PRO diffractometer. The average Ni’ particle
size has been determined by applying the Debye-Scherrer approach at 20 = 52 ©,
corresponding to Ni’ (2 0 0) plane. Moreover, the different reducible metallic species of
the fresh and regenerated catalysts have been determined by temperature programmed

reduction (TPR) in a Micromeritics AutoChem 2920).
2.2. Reaction equipment

The reaction system has been described in previous studies [5,20] and consists of the
following elements: a conical spouted bed reactor (CSBR) for the steam pyrolysis and a
fluidized bed reactor (FBR) for the reforming step. Both reactors are located inside a
forced convection oven in order to maintain the box temperature at 300 °C and avoid the
condensation of heavy compounds in the pipes. The main dimensions of the CSBR are
as follows: height of the conical section, 73 mm, diameter of the cylindrical section,
60.3 mm, angle of the conical section, 30 °, diameter of the bed bottom, 12.5 mm, and
diameter of the gas inlet, 7.6 mm. Moreover, a gas preheater was located below the
CSBR, which consists of a stainless steel cylindrical shell, filled with stainless steel
pipes in order to increase the surface area for heat transfer and heat the gases to the
reaction temperature. The gas preheater and CSBR are located inside an oven consisting
of a stainless steel shell with the walls filled with ceramic fibre. The oven is 52 cm long,
with 1250 W power, and provides the heat required to reach the reaction temperature
and preheat the gaseous stream to the reaction temperature. The char formed has been
continuously removed by means of a lateral outlet pipe to avoid its accumulation in the
bed. This separation has been achieved based on the different trajectories described by

char particles in the CSBR [56,57].
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The FBR is a cylindrical steel reactor, with a length of 440 mm and an internal diameter
of 38.1 mm. It is located inside an oven consisting of a stainless steel shell with the
walls filled with ceramic fibre, which is 305 mm long and 550 W power. This oven
provides the heat required to maintain the reaction temperature, which is controlled by

means of a thermocouple placed inside the catalyst bed.

The pilot plant is provided with systems for feeding solid, water and gas. The system for
feeding the biomass into the pyrolysis reactor consists of a dosage cylinder with 20 mm
in internal diameter, provided with 40 cm stroke piston, which pushes the solid towards
the top of the feeding system. By ascending the piston, the biomass falls into the reactor
through a tube, which is cooled with tap water. A very small flow rate of an inert gas
(N2) is fed to ease the solid flow into the reactor and avoid the condensation of pyrolysis
volatiles and steam in the dispenser. Moreover, the water required for generating the
steam for the reforming step and for the fluidization of both reactors (spouted and
fluidized beds) has been driven by a high pressure pump Gilson 307. Moreover, the
product separation system consists of a gas-solid separation system provided with a
cyclone and a filter, and a gas-liquid separation system consisting of a condenser and a

coalescence filter.

The on-line analysis of the volatiles from the reforming step has been carried out by
means of a GC Agilent 6890 provided with a HP-Pona column and a flame ionization
detector (FID). The sample has been injected into the gas chromatograph through a line
thermostated at 280 °C. Furthermore, the non-condensable gases have been analyzed
on-line in a micro GC Varian 4900, once the water and non-reacted liquid products

have been removed by condensation.
2.3. Experimental conditions

The pyrolysis step has been carried out at 500 °C, which is the suitable temperature in
order to maximize bio-oil production [58]. The biomass and water have been fed into
the CSBR in a continuous regime by feeding 0.75 g min'! and 3 mL min™!, respectively,
which corresponds to a steam/biomass ratio (S/B) of 4. In order to guarantee a vigorous
movement of the bed and avoid its defluidization, 50 g of sand have been used with a
particle diameter in the 0.30-0.35 mm range. Under these pyrolysis conditions, 75.3 wt

% of bio-oil, 7.3 wt % of gases and 17.3 wt % of char are produced in the CSBR [5],
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with their detailed composition being shown in Table 2. The char has been recovered
from the CSBR by a lateral outlet, and may be used for the production of adsorbents
[59,60], catalyst support [61,62], fertilizers [63] or soil amender [64]. Therefore, the
bio-oil and the gases were the volatiles fed into the reforming step together with the

steam required.

Table 2. Yields of biomass pyrolysis products (wt %) at 500 °C.
Compound Yield (wt %)
Gas 7.33
CO 3.38
CO, 3.27
Hydrocarbons (Ci-Cas) 0.68
Bio-oil 75.33
Acids 2.73
Aldehydes 1.93
Alcohols 2.00
Ketones 6.37
Phenols 16.49
Furans 3.32
Saccharides 4.46
Water 25.36
Char 17.34

The reforming step has been carried out under the following operating conditions: 600
°C; space time, 20 gear Min Zyolatiles '; S/B ratio, 4. It should be noted that, using this
space time, operation is under kinetic regime and the deactivation is fast, which eases
the comparison of the deactivation in successive reaction-regeneration cycles. In order
to obtain a suitable fluidization of the bed, 25 g of a mixture of catalyst and sand has
been used, with their particle sizes ranging being 0.4-0.8 mm and 0.30-0.35 mm,
respectively. These experimental conditions were selected according to the results
obtained in previous studies dealing with the analysis of the influence of operating
conditions [5,20]. Once conversion decreased considerably, the reaction was stopped

and a sample of the deactivated catalyst was taken for analysis.

After each reaction step, coke combustion has been performed in situ in the reforming

reactor, with temperature and air concentration ramp being as follows: 1) 600 °C for 90
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min, with air (in N2) concentration increasing every 15 min from 10 to 100 vol % in
order to avoid hot spots causing Ni sintering, and; ii) temperature increasing from 600
to 700 °C in 60 min, and maintained this temperature for another 60 min. As coke was
being removed, the concentration of CO> has been monitored at the reactor outlet, and a

sample of the catalyst has been taken after the coke combustion step.

Once the combustion of coke has been finished, the catalyst has been reduced again at
710 °C with a stream of 10 vol % of Hz in Na. At this point, another sample of the
reduced catalyst has been analyzed. This process was repeated for six consecutive

reforming-regeneration cycles.
2.4. Reaction indices

The process results have been quantified according to the following reaction indices:
conversion, yields of C containing compounds, and H; yield and production. The
reforming conversion has been calculated as the ratio between the C units in the gaseous
product stream (Fgqs) and those contained in the pyrolysis volatiles fed into the
reforming step (Fvolatiles), Without considering the C contained in the char, which was

continuously removed from the CSBR.

Fgas
X(%) = 100 (1)

volatiles

The yield of each C containing compound in the product stream of the reforming step

has been calculated based on the volatiles derived from biomass pyrolysis:

Y.(%) = —1 100 @)

volatiles
where F; is the molar flow rate of C in each product i.

H; yield is given as a percentage of the maximum allowable by stoichiometry:

Fy

=100 3)

H,

YH2 (%) =
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where Fu» and Fu® are the actual molar flow rate of H, and the maximum

corresponding to stoichiometry (following eq. (4)), respectively.
C,H,0, +(2n—k)H,O - nCOy +(2n+m/2—k)H, 4)

H: production has been defined by mass unit of the biomass in the feed:

Py (wt %)= 112100 5
Hy w 0)_ ()
my

where mu2 is the mass flow rate of the H> produced and my is the mass flow rate of the

biomass fed into the CSBR, respectively.
3. Results
3.1. Recovery of catalyst activity

In order to explain the product distribution obtained in the reforming step, the following
reactions have been considered: steam reforming of oxygenated compounds (eq. (6)),
CHs4 (eq. (7)) and C2-C4 hydrocarbons (eq. (8)), water gas shift (WGS) reaction (eq. (9))
and cracking of oxygenated compounds (eq. (10)).

C.H, O +(n—k)H,O—>nCO+(n+m/2-k)H, (6)
CH,+H,0—->CO+3H, (7
CH, +rH,O—>rCO+(r+s/2)H, ®)
CO+H,0<-CO,+H, 9)
¢,H,0, -CHO +CH,+CH,+CO+CO,+C (10)

First, the product distribution obtained at zero time on stream in different reforming-
regeneration cycles has been analyzed. Figure 1 displays the conversion (graph a) and
yields of Hz (graph b), CO2 (graph ¢), CO (graph d), CH4 (graph e), C>-C4 hydrocarbons
(graph f) and non-reacted oxygenates (graph g), at zero time on stream for the
successive reaction-regeneration steps. As observed, the catalyst recovers only partially

its reforming activity after the regeneration step. Although initial conversion is almost
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full in the first and second cycles, it decreases slightly from the second to the fifth cycle,
obtaining a value of 90.1 % in the last cycle (Figure 1a). It should be pointed out that
the irreversible loss of catalyst activity attenuates progressively and is negligible in the
fifth and sixth cycles. The cause of this irreversible deactivation is the sintering of Ni
crystallites (as proven afterwards), whose effect on product distribution at zero time on

stream is similar to that aforementioned for conversion.

As observed, H, and CO> yields decrease from 93.5 to 72.4 % (Figure 1b) and from
88.6 to 69.5 % (Figure lc), respectively, from the first to the sixth cycle, with a
progressively less pronounced trend in subsequent reaction-regeneration cycles.
Consequently, H production (eq (5)) decreases from 11.2 to 7.8 % from the first to the
sixth cycle. On the other hand, CO, CH4 and C»-C4 hydrocarbon yields (Figures 1d, le
and 1f, respectively) increase with reforming-regeneration cycles, from 10.6 to 17.5 %,
0.6 to 2.6 % and 0 to 0.6 %, respectively. This increase in by-product yields as catalyst
deactivation progresses is due to the attenuation in the reaction rates of CHs and C>-Cs4
hydrocarbon reforming and CO conversion by WGS reaction. Moreover, the yield of
non-converted oxygenates (Figure 1g) also increases from 0.3 to 9.9 %, whose
decomposition reactions also contribute to the formation of by-products enhanced by
catalyst deactivation [65-68]. It is noteworthy that the difference in the results is
progressively smaller as more successive reaction-regeneration cycles are carried out,
with this difference being insignificant when the results for the fifth and sixth reactions

are compared.
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Figure 1. Values at zero time on stream for the conversion (a) and yields of H» (b),

COz (c), CO (d), CHs (e), Co-C4 hydrocarbons (f), and non-converted

oxygenates (g) for six consecutive reaction-regeneration cycles.

In order to evaluate the effect irreversible deactivation has on catalyst deactivation, the
evolution with time on stream of conversion and products yields throughout consecutive
reaction-regeneration cycles is shown in Figure 2. It should be noted that the total

duration of the cycle has a significant decreasing trend until the 3rd cycle, which is
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explained by the decay in catalyst activity as the number of cycles is increased.
Nevertheless, subsequent to the 3™ cycle the total duration is maintained at around 40
min on stream. As observed, the conversion (Figure 2a) and the yields of Ha, CO; and
CO (Figures 2b) decrease with time on stream due to the catalyst deactivation for
reforming and WGS reactions. Moreover, following the trend mentioned above for the
deterioration of catalyst activity (Figure 1), the decrease in the initial cycles is faster as
the number of cycles is increased, and similar in the last cycles. This trend is
characteristic of deactivation mechanisms by coke deposition, which is enhanced by the
following causes: 1) sintering of Ni crystallites, which favor coke deposition [69,70],
and; ii) the higher concentration of oxygenates in the reaction medium, in particular the
phenolic compounds derived from the pyrolysis of biomass lignin, which are the main
coke precursors [71,72]. Furthermore, the yield of on-converted oxygenates increases
with time on stream, as observed in Figure 2b, due to the attenuation of oxygenate

reforming and WGS reaction.
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Figure 2. Evolution of conversion (a) and product yields (b) with time on stream for 6

consecutive reaction-regeneration cycles.

Figure 3 shows the evolution of gaseous product composition with time on stream. The
concentration of H» at zero time on stream decreases as the number of reaction-

regeneration cycles is increased, whereas the concentration of CO, CH4 and C>-Cs4

12
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hydrocarbons increases, given that catalyst activity for reforming and WGS reactions
decreases due to Ni sintering. Moreover, the rate of decrease in H» concentration and the
rate of increase in CO, CHs and C,-C4 concentrations with time on stream in each cycle
is higher as the number of cycles is increased. These results are qualitatively similar to

those obtained in the literature in the reforming of bio-oil [73-75].
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Figure 3. Evolution of the gaseous product composition with time on stream for 6

consecutive reforming-regeneration cycles.
3.2. Deactivated catalyst characterization

The fast catalyst deactivation in each reaction step is attributable to coke deposition.
Consequently, the deactivated catalysts have been analyzed by TPO in order to study
the content and nature of the coke deposited. Moreover, the TEM analysis has allowed

determining the type of coke and the evolution of Ni crystallites size.

The TPO profiles for the catalysts deactivated after each reaction cycle have been
plotted in Figure 4. The TPO profile of the catalyst deactivated in the first reaction
shows two well-differentiated peaks, with their maxima being at 430 °C and 560 °C.
Based on the literature about the analysis of the coke formed in the reforming of bio-oil

and pure oxygenates, these peaks correspond to the combustion of two coke fractions: 1)
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an amorphous coke (coke I) encapsulating Ni metallic sites, which burns at low
temperatures and, and; ii) a more structured coke (coke II) detached from Ni metallic
sites, which burns at higher temperatures. It should also be pointed out that the
structured coke increases with time on stream, given that it presumably comes from the
evolution of encapsulating coke towards more graphitized structures. Thus, the high
peak obtained for coke II in the first cycle is mainly attributable to the high duration of
the reaction (106 min), whereas in the second cycle this peak is significantly lower due
to the lower duration (64 min) of the reaction. From the third to the sixth cycle, the
duration of the reactions is short (around 40 min in all the reactions), and so the
structured coke is not evolved and the deposited coke is exclusively amorphous. Table 3
shows the coke content in the deactivated catalyst for different reforming-regeneration
cycles and, as observed, coke content is mainly related to the duration of each reaction.

It should be pointed out that coke content is similar from the third to the sixth cycle.

The TEM images of the deactivated catalysts (Figure 5) show the presence of non-
structured coke, but no carbon filaments are observed. This absence of carbon filaments
is characteristic of the coke deposited in the reforming of bio-oil [68,76], as opposed to
the reforming of CH4 and hydrocarbons and volatiles from plastic pyrolysis, in which

the presence of structured coke is considerable [25,36,43,77].

14



295

296
297

298
299

Figure 4.
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TPO profiles of the catalysts deactivated for 6 consecutive reaction-

regeneration cycles.

Coke content (wt %) of the catalysts deactivated for 6 consecutive

reforming- regeneration cycles.

Cycle Cc, wt %
1 9.9
2 3.8
3 23
4 3.0
5 29
6 29
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301

302 FigureS. TEM images of the catalysts deactivated in successive reaction-regeneration
303 cycles, corresponding to the 1% (a), 2" (b), 3™ (c), 4™ (d), 5" (e) and 6 (f)

304 reactions.
305  3.3. Regenerated catalyst characterization

306 The sintering of Ni sites is presumably the cause of irreversible deactivation in
307  successive reaction-regeneration cycles. The TEM images in Figure 5 reveal an increase
308 in Ni crystallite size in the deactivated catalysts. This increase has been quantified by X-

309 ray diffraction (XRD) analysis of the catalysts regenerated in successive reaction-
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regeneration cycles. Table 4 shows the Ni crystallite sizes calculated applying the
equation by Debye-Scherrer. As observed, the size increases considerably as the number
of reforming-regeneration cycles is higher, which is evidence of Ni sintering.
Nevertheless, the reaction temperature (600 °C) is barely above the Tamman
temperature, [78] and therefore Ni sintering probably occurs during the reduction (prior
to the reforming reaction) and regeneration steps carried out at 700 °C. Table 4 also
shows that the increase in the average Ni crystallite size is progressively lower as more
successive reaction-regeneration cycles are conducted, with the trend being a value of
55 nm after the fourth and fifth cycles. This result is in line with the trend of irreversible
deactivation (Figure 2), which attenuates progressively as the number of successive

reaction-regeneration cycles is increased.

Table 4. Evolution of average Ni crystallite size for 6 consecutive reaction-

regeneration cycles.

Cycle Crystallite size, nm
Fresh 25

1 40

2 48

3 50

4 55

5 55

The regenerated catalysts have also been characterized by temperature programmed
reduction (TPR). The TPR profiles in Figure 6 correspond to the fresh catalyst, and
those regenerated after the first, third and fifth cycles. The fresh catalyst shows a very
wide main peak, with the maximum being at around 450-470 °C, attributed to the
reduction of NiO species with different interaction degree with a-Al>O3 support, and
another peak at 680 °C, which corresponds to the reduction of NiAl>O4 spinel [79,80]. It
is evident that the reducibility of Ni species is lower once the coke has been burnt in the
first cycle. Moreover, a lower temperature is required to reduce these species as the

number of cycles is increased. This trend is explained by the lower dispersion of Ni
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particles due to the higher Ni crystallite size, thereby decreasing the intensity of the
metal-support interaction and easing its reduction [81]. Furthermore, it is also observed
that the peak corresponding to the NiAlO4 spinel has almost disappeared in the first
regeneration step, which is evidence that the regeneration temperature is not enough for

the reconstruction of the spinel (reaction of NiO species with a-Al,O3 support).

Fresh

—— 1% cycle
™
&
‘& ——3"cycle
()]
o
|—

——5" cycle

L 1 L 1 " 1 1 1 1
0 200 400 600 800 1000

Temperature (°C)

Figure 6. TPR profiles for the fresh catalyst and catalysts regenerated in consecutive

reaction-regeneration cycles.

The aforementioned results concerning the analyses of the catalysts deactivated and
regenerated in successive reaction-regeneration cycles allow establishing that Ni
sintering is the cause of irreversible deactivation, presumably during the regeneration
step carried out by coke combustion at a maximum temperature of 700 °C. Zhao and Lu

[50] carried out ethanol reforming and they also reported that Ni species are sintered in
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the regeneration step due to the heat produced in the combustion of the coke, leading to
a sudden increase in catalyst surface. This irreversible deactivation is a drawback for
use of this catalyst in industry. Nevertheless, the results obtained in this work have
proven that Ni sintering progressively attenuates in the successive cycles and the
catalyst reaches a stable structure with reproducible results after the fourth regeneration
step. Different strategies for attenuating Ni sintering may also be suitable as an
alternative for catalyst stabilization, such as coke combustion at lower temperature. Ni
sintering also attenuates with a previous equilibration step of the catalyst consisting in a
high temperature treatment in order to increase the presence of Ni in the NiAl>O4 spinel
phase. However, these treatments do not guarantee the reproducibility of the results in

reaction-regeneration cycles, or they may cause a decrease in catalyst activity.
4. Conclusions

The commercial catalyst used in the reforming of biomass pyrolysis volatiles is active
and selective for H> production. However, consecutive reaction-regeneration cycles
show that it is only partially regenerated by coke combustion. Thus, conversion and H>
yield at zero time on stream decrease from the first to the sixth cycle, from 99.7 to 90.1
% and from 93.5 to 72.4 %, respectively. Due to this irreversible deactivation, the
deactivation in each reaction step is faster as the number of successive cycles is

increased.

The analysis of deactivated and regenerated catalysts allows establishing that sintering
of Ni species is the cause of irreversible deactivation, which presumably occurs in the
regeneration step. Ni crystallite size increases as the number of reforming-regeneration
cycles is higher, thereby decreasing dispersion and catalyst activity for reforming and
WGS reactions. The increase in Ni crystallite size leads to the formation of exclusively

amorphous coke, without the presence of filamentous carbon.

Consequently, the results obtained throughout six consecutive reforming-regeneration
cycles reveal catalyst activity decay occurs presumably in the regeneration step
(performed at 700 °C). Nevertheless, the phenomenon of Ni sintering attenuates in
successive regeneration steps, in which the catalyst reaches a pseudo-stable state.

Accordingly, conversion and product yields attain a stable evolution with time on

19



376
377

378

379
380
381
382
383

384

385
386
387

388

389
390
391

392
393

394
395

396
397

398

399
400

401

stream (reproducible results) beyond the fourth cycle, which is a relevant fact for use of

this catalyst in industry.
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